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Abstract

Different operational modes, various scales and complex phenomena make the design of a chemical process
a challenging task. Besides conducting basic lab experiments and deriving fundamental kinetic and
thermodynamic models, a crucial task within the entire process design is the synthesis of an optimal reactor-
network constituting the core of a chemical process. However, instead of directly up-scaling the process to
large devices, it is wise to investigate process characteristics on miniplant-scale.

For an existing miniplant for the hydroformylation of 1-dodecene using a rhodium catalyst and a
thermomorphic solvent system for catalyst recovery, two optimized reactor designs are derived. Suitable
reactor-networks were synthesized by applying the Flux Profile Analysis approach introduced in Kaiser et al.
(2017). The combination of a first reactor with dynamic/distributed control options and a subsequent back-
mixed CSTR arose to be the most promising configurations. The technical design under miniplant conditions
were carried out for two possible realizations of this network, namely (i) a continuous flow reactor and (ii) a
periodically operated semibatch reactor, both followed by the existing CSTR which was originally operated in

the miniplant. An optimization of the two optimal reactor configurations within an overall process including a
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liquid-liquid phase separation for catalyst recovery and a distillation column for separating the solvents and
reactant evinced a selectivity w.r.t. the linear aldehyde around 94 % and a conversion around 98 %. This is a
large improvement of the process performance of 24 % linear aldehyde selectivity and 40 % conversion when

using the existing CSTR.

Keywords: Reactor-network synthesis, Reactor design, Optimization, Hydroformylation, Miniplant,

Thermomorphic Solvent Systems

1. Introduction

Process systems development is a very challenging task owing to physico-chemical phenomena on different
time and length scales. It is important to create an effective synergy of computational and experimental methods
that incorporate all these scales. However, in practice these methods are often used apart from each other. To
establish an interdisciplinary multi-scale process development, the Collaborative Research Centre TRR63
InPROMPT of the German Research Foundation was founded. In this transregional cooperation the design of
an optimal reactor concept, the development of optimal separation techniques, and the assembly and
experimental investigation in a miniplant-scale experimental setup is carried out for the hydroformylation of
1-dodecene in innovative solvent systems. A special feature within this project is the focus on miniplant-scale
experiments which allow for consideration of recycle effects, effects by continuous operation and scale-up
effects. In contrast to a pilot-scale, it is not a downsized copy of the later production plant, but a highly flexible,
experimental setup including various possible scenarios of the future process’.

The hydroformylation is a large-volume homogeneously catalyzed reaction which functionalizes olefins by
insertion of hydrogen and carbon monoxide to form aldehydes, which are produced as a mixture of linear (n)
and branched (iso) forms. The demand of linear aldehydes is much higher due to their higher biodegradability.
The process is catalyzed by active transition metals in combination with ligands which provide a much higher
stereo- and chemo-selectivity w.r.t. the desired linear aldehyde. The high activity and selectivity of rhodium-

based catalysts enables the hydroformylation reaction to be conducted at more moderate operating conditions
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than with other transition metals such as cobalt. However, rhodium and the associated ligands are very
expensive and a very high catalyst recovery is indispensable for an economically profitable process. Several
new solvent systems are under investigation in order to enable an efficient catalyst and ligand separation, e.g.
thermomorphic solvent systems (TMS)?, micellar solvent systems®, gas-expanded liquids*, and ionic liquids’.

The presented process development is carried out for the hydroformylation of 1-dodecene in a
thermomorphic solvent system of n-decane and n-,n-dimethylformamide®. Thermomorphic solvent systems
consist of a polar and an apolar solvent. Under reaction conditions they build a homogeneous phase. For the
separation after the reaction is complete, a phase split is induced by reducing the temperature. The polar solvent
dissolves the catalyst and is recycled to the reactor inlet, whereby the apolar phase dissolves products and
remaining reactants and is further separated downstream. Several studies on this process are published and
provide a very good basis for a process design procedure. Kiedorf et al.” and Hentschel et al.® determined a
reaction network and corresponding reaction rates for the aforementioned process catalyzed by a

1.19 conducted overall

rhodium(acac)(CO)2/Biphephos catalyst complex. Hentschel et al.” and McBride et a
process cost optimizations focusing on the design of an optimal reaction section and the design of the optimal
separation configuration, respectively. Within the latter work a Kriging surrogate model for the liquid-liquid
phase separation of the TMS system is developed as well, which is used in this work. The development of a
miniplant process and its experimental investigation is done for a configuration of a single CSTR and a liquid-
liquid phase separation with closed catalyst recycle in Dreimann et al.!!, and with a subsequent distillation
column and additional recycle of byproducts and remaining reactants in Dreimann et al.'2.

The target of the present work is the design of an optimal reactor concept for the existing miniplant described
in Dreimann et al.'?. Therefore, all technical limitations and requirements of the miniplant are taken into
account. The optimal reactor concept is synthesized using the Flux Profile Analysis (FPA), introduced in Kaiser
et al.'®, which allows for synthesizing reactor-networks based on a dynamic optimization framework. This
approach has its origin in the methodology of Elementary Process Functions (EPF) developed by Freund and

Sundmacher!®. Its key concept is the optimal control of mass and energy fluxes imposed on a Lagrangian

element in its thermodynamic state space. The FPA uses this concept to identify characteristic control sections
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based on optimal control fluxes along the reaction progress which can be translated on the one hand into back-
mixed, back-mixing free and distributed controlled reactor types, and on the other hand be classified regarding
their optimal heating/cooling policies. In addition benefits from recycling are revealed.

In Section 2 the FPA is carried out step by step for the synthesis of suitable reactor-network candidates for
the aforementioned hydroformylation process. The resulting reactor-network candidates are compared and the
most promising one is designed in detail using the miniplant conditions in Section 3. In Section 4 the resulting
optimal reactor designs are embedded in a model of the miniplant including a Kriging surrogate model for the
liquid-liquid phase separation and a short-cut model for the distillation column considering both catalyst
recycle and byproduct recycle to be closed. Thereby, the performance of the optimal reactor designs can be
compared to the performance of the existing setup with a single CSTR. Finally, the results are discussed and

concluded in Sections 5 and 6, respectively.
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2. Reactor Network Synthesis

2.1 Choice of Desired Process Indices

The derivation of an optimal reactor network for the aforementioned hydroformylation of 1-dodecene in a
thermomorphic solvent system is done via the Flux Profile Analysis'. In general, a process unit can only be
designed using given requirements and/or performance windows. Therefore, some reasonable assumptions for
the desired reactor performance have to be made in advance. A closer look at previous work on this
hydroformylation process shows that the maximization of the chemo-selectivity w.r.t. to the linear aldehyde
tridecanal is a suitable objective function, since the process underlies a classical selectivity problem for the
desired product’. Moreover, a stereo-selectivity problem arises due to the formation of linear and branched
aldehyde tridecanal and 2-methyl-dodecanal, respectively. Hentschel et al.” came to the conclusion that a high
ratio of linear to branched aldehydes (n/iso ratio) is important to reduce the separation effort and to avoid an
additional distillation column for the separation of those isomers. From these insights it is concluded that the
maximization of the selectivity towards tridecanal S,,13,; should be chosen as the objective function and to
impose a constraint for the n/iso ratio ratio ensuring it remains at least 95 %. In addition to the selectivity,
the conversion is an important performance measure for the process. A high conversion has the advantage of

1."* showed in

smaller recycle streams of the remaining reactant to the reactor inlet. However, as Kaiser et a
their uncertainty quantification, the uncertainty of the predicted reactor performance increases drastically for
conversions higher than 99 %. To ensure a good trade-off between high conversion and small loss in predictive
power of the reactor design, the reactor network synthesis is carried out for conversions of 1-dodecene

Xnc12en between 90 % and 99 %. Summarizing the aforementioned requirements, the optimization goal is

given as:

max Syci3a1

s.t. 90% < XnClZen < 999%

n/iso ratio = 95%.
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2.2 Flux Profile Analysis for Reactor-Network Synthesis

For these desired performance indices the reactor-network synthesis is carried out. The Flux Profile Analysis
approach follows a three-step procedure. The first step consists of solving a dynamic optimization problem to
determine the optimal dosing and temperature control profiles. In the second step these profiles are subdivided
in specific sections. Finally, the newly defined sections are associated to ideal reactor types in order to allow

for the construction of candidate reactor networks.

2.2.1 Step 1: Dynamic Optimization

The dynamic optimization is based on the idea of a batch reactor combined with an ideal separator and storage
tanks for all components a. From these storage tanks, specific components can be optimally dosed into the
batch reactor along the reaction time. The mass balances of the batch reactor and the storage tanks are given in
Eq. (A1) and Eq. (A2), respectively. The kinetics and thermodynamic relations for solubilities and densities
are adopted from Hentschel et al.® and are also given in the Appendix (Egs. (A3) — (A16)). As Kaiser et al.!3
stated, the Flux Profile Analysis requires additional constraints on reactant use and product dosing, see Eqgs.

(A17) - (A18).

The resulting dynamic optimization problem (DOP) reads:

max S t DOP
ja(t),T(t),pco(t),sz(t)'tf{ nC13al( f)} ( )

s.t. Component mass balances: Eq. (Al)
Storage mass balances: Eq. (A2)

Reaction kinetics: Egs. (A3) — (A12)
Constitutive equations: Egs. (A13) - (A14)
Gas solubilities: Egs. (A15) - (A16)
Dosing constraints: Egs. (A17) — (A18)

Inequality path constraints: j,(t) = 0,n,(t) = 0,n,4(t) =0,
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10 bar < piotar = Pco + Pu, < 20 bar,
363.15K < T < 388.15K,
Terminal constraints: nalst(tf) <ng =0, n,(0) =0,
Va e CH,
Ngst(0) = 1,Va e CH,

tr < 300 min,

NncC1zen (tZO)_nncmen(tf)
Npcizen(t=0)

90 % < Xncizen =

99 %,

. . n t
n/iso ratio = ncigal(ty) > 95%.
nnC13al(tf)+niC13az(tf)

max

The final reaction time is restricted to a maximum value of tr = 300 min to avoid oversized reactor

28 concepts and to stay within the miniplant-scale. The temperature T and the total pressure p;,¢q; have lower and

upper bounds due to the valid ranges in which the kinetics have been determined.

34 The Flux Profile Analysis can be performed considering the dosing of reactants and products independently

36 of each other or simultaneously. In the first case only the effect of reactant concentration is investigated

38 ignoring the impact of recycle. If the product dosing is included, the benefit of recycles and/or back-mixing is

a1 also considered. Since the target of the present reactor design study is to find an optimal reactor concept which

43 leads to high performance with and without closed product recycle, both cases are investigated. The DOP is

carried out for the minimum and maximum of the desired conversion range of 1-dodecene to check the

48 influence of conversion on the optimal reactor concept. The four resulting cases are:

Case 2.1: Only reactant dosing, X = 90 %
Case 2.2: Only reactant dosing, X = 99 %
Case 2.3: Reactant and product dosing, X = 90 %

Case 2.4: Reactant and product dosing, X = 99 %.
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Figure 1: Flux Profile Analysis for case 2.1 (a) and case 2.2 (b): Molar-holdups n,, dosing streams j,,

control profiles T and p, differential reaction flux d¢/dt.
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2.2.2 Step 2: Subdivision in Specific Sections

The results of the four dynamic optimization cases are shown in Fig. 1 and Fig. 2. For each case the reaction
progress in the batch reactor, the dosing streams, the control profiles of temperature and partial pressures, and
the differential reaction flux along the reaction time is illustrated. Although CO and H: are also reactants and
their partial pressures are affected by dosing, they are treated as control variables and not as dosing of reactants.
This is because their dosing does not provide information for the analysis of the mixing and back-mixing

characteristics of the process.

2.2.3 Step 3: Association to Ideal Reactor Types

For each of the optimization cases the identified subsections are analyzed individually and mapped to reactor

types which are able to realize the characteristics of the corresponding section.

. Case 2.1: Only reactant dosing, X = 90 %

As one can see in Fig. 1 (a) the dosing of reactant occurs only in the beginning of the reaction and
the temperature and partial pressures remains almost constant. The differential reaction flux shows two
sections: the first is of negative order and the second of positive order. The latter identifies a benefit of
back-mixing for this section of the reaction. Suitable reactor units for the two identified sections are
derived from the FPA look-up table of Kaiser et al.". The reactant dosing in S; ; can be easily realized
by a plug flow reactor (PFR). However, to maintain the constant partial pressures a side dosing of gas
is necessary and, thus, a distributed sidestream reactor (DSR) is indispensable. S , is due to its back-
mixing benefit best realized by a continuous stirred tank reactor (CSTR). The resulting reactor-network
candidate is illustrated in Fig. 3 (a).

e  Case 2.2: Only reactant dosing, X = 99 %

The optimization results in Fig. 1 (b) indicate again only an initial reactant dosing and, due to the

assumption of this case, no product dosing. The control profiles of temperature and partial pressures
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are constant at the beginning (S, ;) followed by a section of dynamic adaptation of partial pressures
(S2,2). After that, two sections of constant control profile occur (S, 3, S, 4). The differential reaction
flux is of negative order in the first two control sections, of positive order in the third section, and again
negative in the final, fourth control section. The complete initial dosing of reactant and the negative
gradient of the differential reaction flux indicates a PFR behavior. Again, the dosing of gas is necessary
and hence a DSR is chosen. The first and second control sections (S, 1, S;,) are rather small in
comparison to sections three and four. Thus, they are merged into one section with dynamic control of
temperature and partial pressure. Section S, 3 has no reactant dosing, constant control profiles and a
differential reaction flux of positive order pointing towards a CSTR configuration. Following the same
reasoning behind reaction section 1, the last section S, is also realized in a DSR. The resulting reactor-
network candidate is depicted in Fig. 3 (b).

e  (ase 2.3: Reactant and product dosing, X = 90 %

As Fig. 2 (a) shows, the reactant is dosed initially and the product is dosed intermittently within the
first section. In the second section no dosing occurs. The temperature control remains almost constant
along the entire reaction time which is in contrast to the partial pressures which change in the first
reaction section and then remain almost constant in the second reaction section. The gradient of
differential reaction flux is negative in the beginning and positive at the end of the reaction time. The
first reaction section, S ;, with its distributed dosing, dynamic control of partial pressures, and negative
gradient of the differential reaction flux, can be merged with the second section S3 , which shows the
same characteristics except of there is dosing of the reactant. This newly merged reaction section is
realized in a DSR. The remaining third reaction section, S3 3, is again best suited as a CSTR due to its
constant control and positive order of differential reaction flux. This results in the same reactor-network

candidate determined for case 2.1 which was illustrated in Fig. 3 (a).

e  (ase 2.4: Reactant and product dosing, X = 99 %
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Again, the reactant and product are dosed initially, see Fig. 2 (b). The temperature and partial pressure
profiles show that dynamic control is required in the first section followed by two sections requiring
constant control. The change of differential reaction flux is negative in the relatively small first section
and positive in the second, longer section. This suggests that there are overall four different reaction
sections. The first of these, S, ;, has the initial dosing of the reactant and products, a dynamic change
in temperature and partial pressures, and a negative order of the differential reaction flux. This is then
best realized in a DSR. The second section, S, ,, has a positive gradient of the differential reaction flux,
indicating that back-mixing would be beneficial, but requires a slightly dynamic control of the partial
pressures. The latter is approximated as being constant so that this section can be realized in a CSTR.
Sections S, 3 and S, 4 are also realized in CSTRs with different pressure levels. Hence, the four sections

are associated with a DSR and 3 CSTRs leading to the reactor-network candidate illustrated in Fig. 3

().

(a)

LLLLLLL N

(b)

!
0
0

!

e\ T

(c)
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Figure 3: (a) DSR+CSTR reactor-network resulting from case 2.1; (b) DSR+CSTR+DSR reactor-network

resulting from case 2.2; (¢) DSR+CSTR+CSTR+CSTR reactor-network resulting from case 2.4.

The Flux Profile Analysis leads to three reactor-network candidates depicted in Fig. 3. Furthermore, it is
possible to realize the process with only one DSR corresponding to the optimized batch reactor with
intermediate dosing. This is analogous to the application of the EPF method in e.g. Hentschel et al.’. In the
next step, these four options have to be analyzed to identify the most promising network and the expected

trade-off between performance and network size.

0.95 /
0.9 i

Product and reactant dosing

0.85
s | e DSR+CSTR
S .8l DSR+CSTR+DSR
w% T DSR+CSTR+CSTR+CSTR
....... DSR
0.75

0.7 J/
0.65 T

Only reactant dosing

0.6 0.65 0.7 0.75 0.8 0.85 0.9 0.95 1
nC12en

Figure 4: Selectivity w.r.t. tridecanal (nC13al) over conversion of 1-dodecene (nC12en) for the case of

only reactant dosing (bottom) and with product and reactant dosing (top).

2.2.4 Comparison of Reactor-Network Candidates

To compare the four reactor-network candidates defined in the previous section, a typical illustration in

reactor engineering is chosen: the selectivity w.r.t. to the desired product is plotted against the conversion of
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the main reactant. This S/X diagram allows one to identify the candidate which has the highest product yield
for the entire range of conversion or at least a reasonable subsection thereof (see Fig. 4).

The dotted lines at the bottom of Fig. 4 correspond to cases 2.1 and 2.2 where only reactant dosing occurs,
whereas the dotted lines at the top of the figure correspond to cases 2.3 and 2.4 with both reactant and product

dosing. The network candidate with only one DSR (blue) has the worst potential for both assumptions. In the

conversion range between 90 % < X, c12en < 99 % all other candidates show higher selectivities w.r.t. the
linear aldehyde S,c134;- The realization with a DSR and a subsequent CSTR (cyan) shows much higher
selectivities in the aforementioned conversion range due to the back-mixing in the second reactor. The same is
valid for the DSR+CSTR+DSR network (pink), whereby the gain in selectivity in comparison to the candidate
with one CSTR at the end is very small. The green line illustrates the result for the case of a DSR and 3 CSTRs.
Here, some suboptimal solutions are found, since this network has the same potential as the DSR+CSTR
network, but does not perform as well at all conversions. Moreover, it has a slightly higher potential for high
conversions of 1-dodecene X,,c12en = 99 %. The results indicate that the two larger candidates, namely the
DSR+CSTR+DSR and the DSR+CSTR+CSTR+CSTR networks, have only a very small benefit when
compared to the shorter DSR+CSTR network. Therefore both candidates are not suitable choices. The reason
might be, on the one hand, that the higher back-mixing effect with only one CSTR is much more beneficial
than the different partial pressure levels in three different CSTRs and, on the other hand, that the DSR at the
end of the process only covers a very small part of the entire conversion and thus has almost no effect. In
contrast to these, the DSR+CSTR network has an unambiguous benefit in comparison to using a single DSR
or, in discontinuous terms, a single semibatch reactor. Due to these results the DSR+CSTR network illustrated

in Fig. 3 (a) is designed in more detail in the following section.
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1 3. Reactor Design
2
2 After determining the most suitable reactor-network the next step is its technical realization for the operating
5 ... .. .
6 conditions of the miniplant where the reactor concept is to be embedded.
2
8
9
ig 3.1 Miniplant Conditions
12
ﬁ The miniplant running the hydroformylation of 1-dodecene in a thermomorphic solvent system consisting of
15 . . . o . . . .
16  DMF and n-decane is described in detail in Zagajewski et al.'® and Dreimann et al.'"-'>. The operating
17
18 conditions such as feed stream composition, amount of catalyst, solvent composition, reactor volume etc. are
19
;2 adopted from Dreimann et al.!> and summarized in Tab. 1.
22
23
24
25 Table 1: Operational conditions of hydroformylation miniplant
26
27 Tq 90°C
28 Wi-dodecene 0.16
29 Wn-decane 0.42
31 Piotal 21 bar
32 CO/H, 1:1
33 ndodecene/nRh 4000/1
34 nbiphephos/nRh 5/1
35 T 5°C
g? V_l—dodecene 32 ml/h
38 Vn—decane 88 ml/h
o V make—up 2.5 ml/h
make—u

40 WI;CMF P 0.9893

make—u,
41 Rh(acac)p(CO)z 0.0001
42 make—up 0.0107
43 ?iphephos
a1 column 120 ml/h
45
46 The CSTR operated in the miniplant has a volume of Vi = 11 with a liquid hold-up of &;, = 0.3. The
47
48 . . . . . . . . .
49 corresponding residence time for the given volume and volumetric inlet streams is approximately a third of the
50

ol maximum reaction time (7 = 100 min). This is also the value set for the dynamic optimization in Section 2.
54 Thus, it is recommendable to use the embedded CSTR already in use in the miniplant as the second reactor in
56 the optimal reactor-network. The volume and liquid hold-up of this CSTR are given as constraint for the

following reactor design study.
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3.2 Model Basis for Reactor Design Study

For the dynamic optimizations discussed in Section 2, the concept of a semibatch reactor with ideal separation
and storage tanks was considered corresponding to the Lagrangian view of the EPF'>. The following reactor
design study considers a different and extended model in which the gas phase is balanced and the mass transfer
between the gas phase and liquid phase is taken into account. Thus, gas dosing fluxes for H, and CO are added
as control variables. For the cases with optimal initial product dosing, what corresponds to an ideal recycle of
products and byproducts, an additional constraint is included (Eq. 1) ensuring that the initial product dosing

does not exceed the corresponding product amount in the reactor outlet:

ju(z=0) <7, ae{CH\nC12en} (1)

The balance equations for the different reactor types PFR, DSR, SBR, and CSTR are given in Egs. (A19) —

(A24), Egs. (A19) — (A25), Egs. (A26) — (A31), and Eqgs. (A32) — (A34), respectively.

3.3 Possible Technical Approximations

The technical realization of the reactor-network proposed in Fig. 3 (a) is non-trivial. In the case where a
completely continuously operated process is to be realized, the optimal control profiles for the DSR cannot be
perfectly realized. This is because the optimally calculated control profiles are continuous but their realizations

in a real reactor have to be discretely approximated. Therefore the following approximations are investigated:

e  (ase 3.1: PFR+CSTR with gas dosing only at the inlet of the PFR;
e  C(Case 3.2: PFR+CSTR with gas dosing at the inlet of both reactors;
. Case 3.3: PFR+CSTR with one additional gas dosing along the PFR leading to a

PFR+PFR+CSTR network.
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A DSR section within a reactor-network can also be realized in a semibatch reactor (SBR) allowing for a
continuous realization of the control profiles in time'®. Thus, a forth, mixed batch-conti(nuous) realization is
investigated:

e  C(Case 3.4: SBR+CSTR corresponding to the optimal DSR+CSTR concept in a batch-conti
process.

The results are illustrated in Fig. 5, again comparing the S/X behavior of the different cases for both instances
(a) without product dosing and (b) with product dosing. The cyan lines correspond to case 3.1 and are obviously
suffering from the missing gas control of the CSTR in the reactor-network. All other cases show increased
selectivity over conversion for increased number of gas dosing points. Although cases 3.3 (pink) and 3.4 (blue)
provide slightly better performances than case 3.2 (green), their realizations in a continuous operation would
require substantially more effort. Thus, in case of a continuous operation case 3.2 (green) is sufficient enough
to improve the process, especially for large conversions when compared to the use of a single CSTR. This is

valid in the case of only reactant dosing and when byproduct is recycled.

085 I I [ I I I [ [ [
(a) 08 —Case 3.1
| ==Case 3.2
—Case 3.3
0.75 —Case 3.4

XnC12en
(b) 1 I I [ I I I

s 09 \

“;’ —Case 3.1 \ \

o 0.85 —Case 3.2 \\

08 —Case 3.3
| —Case 3.4 \
[ [ [ [ [ [ [

I I
0'78.9 0.91 0.92 0.93 0.94 0.95 0.96 0.97 0.98 0.99 1
XnC1Zen
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Figure 5: Selectivity w.r.t. tridecanal (nC13al) over conversion of 1-dodecene (nCl2en) for the four
realization cases (case 3.1 — cyan, case 3.2 — green, case 3.3 — pink, case 3.4 — blue) without product recycling

(a), and with product recycling (b).

However, considering the batch-conti realization of the reactor, case 3.4 seems to be realizable with
acceptable effort as well. To further investigate the differences of these two technical realizations, both are
designed in more detail and optimized later within the complete miniplant operation discussed in Section 4.

As one can see in Fig. 5 the best conversion for reactor operation is at a conversion around X, c12.n = 99 %.
At this point, the recycled system is at its maximum and the non-recycled is very close. Hence, the detailed

reactor design is carried out for this conversion.

3.4 Detailed Design of Derived Technical Realizations

The design of case 3.2 and case 3.4 of the previous study face very different challenges. Case 3.2 consists of
a plug flow reactor and a CSTR while case 3.4 consists of a semibatch reactor and a CSTR, whereby the CSTR
in both cases has a predetermined size. In case 3.2 the focus is then to design a continuous flow reactor that
approaches plug flow behavior. In contrast, case 3.4 has the challenge to combine the discontinuous first reactor
with the continuously operated second reactor. As the temperature changes are rather moderate in a small range
0of 363.15 K < T < 388.15 K with the process being only slightly endothermic for both realizations, the heat
transfer is not challenging. Since the hydroformylation is a gas-liquid multiphase process, it is important for
both cases to investigate the mass transfer requirements in order to ensure that sufficient gas reactant is supplied
as the reaction progresses. However, in case 3.4 this can be easily adjusted or controlled by the nature of the
gas dispersion in the tank reactor. In case 3.2 this is more difficult, since it depends mainly on the flow regime

and the characteristics of the resulting mixing.

3.4.1 Continuous Realization
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The determination of a suitable flow regime is carried out based on predetermined minimum mixing
conditions, i.e. a minimum volumetric mass transfer coefficient k;a and a minimum Péclet number (Pé)
characterizing the axial dispersion. Aiming at identifying these measures, simulations of the reaction in a
(equally sized) CSTR cascade model are carried out. This model allows for scanning the impact of different

Pé numbers on the reactor performance using the relations

Pé

L*xv

2
Dax

Pé =

3)
whereby N is the number of CSTRs in the cascade, [ is the reactor length, v is the fluid velocity and D, is
the axial dispersion coefficient. The simulations are carried out for both the case of product recycling and the
case of no product recycling.
To identify the impact of the mass transfer rates on the performance of the PFR+CSTR network, the k;a
value is set to different values between 0.3 ... 30 min~holding the Pé number constant at 100. Based on the

1

results given in Fig. A1 (a), the minimum k; a value is set to (k;a),,;, = 6 min™*, since for lower values the

loss of selectivity w.r.t. tridecanal is higher than AS = 1 %.

For the identification of the minimum Pé number the k;a value is set to 100 min~! and the Pé number is
varied between 4 ... 40. The result shown in Fig. A1 (b) indicates a selectivity loss higher than AS = 1 % for
Pé numbers smaller than 10. Thus, the minimum value is set to Pé,,;, = 10.

The search for a suitable flow regime in the continuous flow reactor that satisfies the above requirements is
strongly dependent on the range of dimensions, in particular the tube diameter. The previous optimization of
the different technical realizations resulted in a residence time of 7z = 300 min for the chosen cases 3.2 and
34 at X, c12en = 99 %. Due to the given flow rate conditions (see Tab. 1) the residence time in the final CSTR
is 75°TR ~ 90 min. This corresponds to a residence time in the PFR of TR ~ 210 min. Taking this residence
time and the miniplant data in Tab. 1 into account and assuming a liquid hold-up of sﬁgR = 0.33, the reactor

volume of the PFR has to be VIR ~ 2200 ml.
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Based on the miniplant conditions shown in Tab. 1 the overall volumetric flow rate of the liquid phase is
Vlii’; ~ 200 ml/h. With the given liquid hold-up the gas volumetric flow rate is I'{gi(?s ~ 400 ml/h. To achieve

the required k;a value and ensure small axial dispersion, an intermittent flow regime is used. It has the
advantageous properties that (i) the axial dispersion within the phases is reduced significantly by the separation
of the liquid bulks'® and (ii) an internal recirculation within the liquid bulks is induced by the friction forces at
the wall which strongly enhances the mass transfer!®. The realization of this flow regime needs a small tube
diameter guaranteeing a high ratio of surface tension forces to gravitational forces. Preliminary experimental
investigations (see Appendix for detailed information) indicate that a tube with a diameter d;y,. = 3 mm
provides a stable intermittent flow regime with a pressure drop of Ap = 0.0017 bar m™1. This leads to a final
reactor length of lpggr ® 311 m and a pressure drop of Ap = 0.5287 bar for the PFR. To allow for a
manageable construction of the long tube reactor and its replacement within the miniplant setup, a bending of
the tube to helices is favored. In addition to its compact construction, such a reactor configuration has the
additional advantage of a uniform pressure loss due to the regular bending. The resulting setup is illustrated in
Fig. 6 (b). The continuous reactor-network of the helically coiled tube reactor and the CSTR has no special
operational conditions. The continuous flow reactor is heated by heating tapes and is well isolated. This allows

for realizing various temperature zones.
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34 Figure 6: (a) SBR+CSTR network for batch-conti realization with two buffer tanks for maintaining a
35

36 continuous operation; (b) Helically coiled tube reactor + CSTR network for pure continuous operation.

37

38

39

40 . ..

41 3.4.2 Batch-Continuous Realization

42

43 . . . . . .

a4 The realization of the hydroformylation process with the reactor-network given in case 2.4 of Section 2,
45

46 namely the SBR+CSTR network, is of a different nature. The connection of a discontinuous and continuous

jg reactor requires a buffer tank between the reactors, and in case of recycle also in front of the SBR. The SBR
50 . . . . . . . .

51 itself is already free of axial dispersion and its mass transfer can be adjusted by the stirrer type and speed. For
52

53 the present realization, a gassing stirrer is used. In the existing CSTR of the miniplant a blade stirrer is installed
which allows only smaller liquid hold-ups. Due to the use of a gassing stirrer the liquid hold-up can be increased

58 toeg, =0.66 .
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The recycle streams are collected continuously in the heated upstream buffer tank and mixed with a
continuous make-up stream of solvents and catalyst. This vessel has to be pressurized with synthesis gas to
prevent catalyst deactivation. The reactant is fed into the SBR from an additional vessel, to prevent reaction
taking place in the upstream buffer tank. The SBR is then fed batch-wise. After the final batch time has been
reached, the reaction mixture is led into the second buffer tank which is still pressurized and heated to prevent
phase separation of the TMS system. At a lower temperature the solvent system would separate. This would
inhibit the continuous transfer from the second buffer tank to the subsequent CSTR. Hence, the second buffer
tank has to be considered as additional, small reaction zone in the detailed process optimization at miniplant
conditions and with recycles. Following the CSTR, the reaction mixture is fed to downstream processing. The
temperatures inside the SBR and CSTR are controlled by heating jackets and corresponding thermostats,
whereas the two buffer vessels are heated by electrical heating tapes. The SBR+CSTR configuration is
illustrated in Fig. 6 (a). The downstream and upstream buffer tanks require the same volume as the SBR to
ensure same residence times. The reaction times in the SBR and the downstream buffer tank are summed up
to the desired reaction time, corresponding to the residence time in the PFR designed before. Therefore, the

SBR and the downstream buffer tank each have a volume of VzZR ~ 550 ml.

4. Process Optimization

In order to assess the new reactor configurations, especially in comparison to the existing single CSTR setup,
an optimization problem is developed that is based on the conditions in the miniplant. All of the previous
optimizations in this work assume an ideal separation and recycle of pure substances such as introduced for
the FPA in Section 2. In the following optimizations, a liquid-liquid phase separation in a decanter and a
distillation column for product separation are included. The resulting flow sheet of the overall process is

depicted in Fig. 7.
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concepts.

31 4.1 Modeling

36 4.1.1 Decanter

39 For determining the liquid-liquid phase equilibria (LLE) a Kriging model, introduced in McBride et al.'?, is

41 considered. It uses a second order polynomial regression model with Gaussian correlation. As one can see from

Eq. (4), the output variables Br°l%" of the Krigin model, KR, are the molar fractions of n-,n-
44 q a ging

46 dimethylformamide, n-decane, 1-dodecene, tridecanal and Biphephos in the polar solvent phase. The input
47
jg variables Xz are n-,n-dimethylformamide, n-decane and tridecanal. Note, that 2-methyldodecanal is added to
50

51 the tridecanal fraction, n-dodecane to n-decane, and the iso-dodecenes to 1-dodecene for the input and output
molar fractions. The latter can be calculated from the summation rule of the mole fractions to unity and is, thus,

56 not given as particular input.

59 Lol = KR (%, T),

a
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a € {DMF,C10an,nC12en,nC13al, BPP}

B € {DMF,C10an nC13al} 4)

The Kriging model is valid for temperatures between —25°C and +25°C. The resulting output streams of the

decanter unit are calculated via Egs. (5) — (6):

REEC , orar = 0L «ndeC | € (CH,SOL}, (5)
. -~ l .
N2t apotar = (1 — 057 ) x 138 | a e {CH,SOL}. (6)

4.1.2 Flash

The flash unit is only considered for pressure and gas release and not modeled in detail. Thus, the molar flow
rates of the liquid components coming from the decanter are equal to the molar flow rates entering the

distillation column:

flg,eocut,apolar = T.lgz(,)iln' a € {CH,SOL}. (7)

4.1.3 Distillation Column

A short-cut model is embedded in the optimization for describing the distillation column. The Fenske-
Underwood correlations are used to determine the composition of the distillate and bottom streams, and the
number of trays. Since the products degrade at temperatures higher than 180°C, the distillation column is
operated at vacuum pressure. For the sake of simplicity no pressure loss is considered. Aiming at a quantitative
separation of the iso-dodecenes and the desired product tridecanal, the first is defined as light key (LK) and the
latter as heavy key (HK) with split fractions of {2 = 0.99 and {2 = 0.01. For the calculation of relative

volatilities with Eq. (A40), vapor pressure correlations are used given in Yaws?! (see Eq. (A38)). For the iso-

ACS Paragon Plus Environment



Page 25 of 53 Industrial & Engineering Chemistry Research

©CoO~NOUTA,WNPE

dodecenes as well as the iso-aldehydes, fitted correlations from Hentschel et al.’ are used (Eq. (A39)). The
corresponding parameters for Eqgs. (A38) — (A39) are provided in Tab. AS5. A mean relative volatility is
determined with Eq. (A41) and used for the calculation of the minimum number of stages with Eq. (A42). The
resulting bottoms stream is finally computed by Eq. (8), whereby the distillate can be determined using the

summation condition in Eq. (9).

o
ng = —p ®)
14— UK HE
(1-2Bi) i

Tigan = Mg + Mg ©)
4.2 Optimization Cases
The three process configurations to optimize are:
o Case 4.1: CSTR in overall process

o Case 4.2: SBR+CSTR in overall process

o Case 4.3: Helically coiled PFR+CSTR in overall process

Case 4.1 is depicted in Fig. 7. For cases 4.2 and 4.3 the reaction section (grey) in Fig. 7 is replaced by the
optimized reactor concepts in Fig. 6 (a) and Fig. 6 (b), respectively. In all optimization cases the amount of
reactant and solvents is kept constant using makeup-streams. This ensures that the mass fractions given in Tab.
1 are maintained in the reactor inlet. Based on these and the volumetric inlet flow rate given in Tab. 1, the

predefined inlet molar streams are determined (Tab. 2).

Table 2: Predefined molar inlet streams for process optimization

. init [mol

Components ngt [ - ]
nCl2en 0.1343
DMF 0.8116
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Cl0an 0.4170

V.reactor —
inmax

The volumetric flow rate at the inlet of the reaction section is limited to an upper value of
250 ml/h. This value is close to the flow rate used in the experiments reported by Dreimann et al.'?, see Tab.

1, and allows one to investigate additional recycling potential.

e  C(Case 4.1: The resulting optimization problem is given in the Appendix (DOP Al).

o Case 4.2: The SBR and the downstream buffer tank are modeled as one SBR with two control
zones. The first zone, corresponding to the real SBR, can be dynamically controlled and acts completely
in a discontinuous manner. The second zone, corresponding to the buffer tank, must have constant
conditions. It is batch-wise filled from the SBR and feeds continuously to the CSTR. Thus, the latter
stream is fluctuating. This fluctuation is handled by assuming a mean residence time in the buffer tank
and feeding the corresponding mean composition to the CSTR. The optimization problem follows is
stated in (DOP A2).

° Case 4.3: The modeling of the PFR (DSR) considers the spatial dimension z of the reactor and,

thus, includes a flow velocity, see (DOP A3).

All dynamic optimization problems mentioned in this section, as well as the FPA in Section 2 and the reactor
design study in Section 3, are discretized using orthogonal collocation, implemented as separate NLPs in
AMPL and solved using the solver IPOPT 3.11.9 with the linear solver ma27. All solutions are local optima
and, thus, depend on the initialization points which are mainly chosen by analysis of preliminary simulations

of the process.

4.3 Results and Discussion

The three optimization cases reveal the performances of the existing miniplant reactor (single CSTR) and the

two optimal reactor designs (see Fig. 6) operating with recycles from modeled separation units, replacing the
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54
55
56
57
58
59
60

ideal separation assumed in Sections 2 and 3. The results are illustrated in Fig. 8. For an appropriate
comparison, the S/X curves for the three cases are depicted as well, whereby the blue and green lines
correspond to the blue and green lines in Fig. 5 (b), respectively. In contrast to Fig. 5, the depicted conversion
range is very broad in order to allow for comparison with the existing CSTR performance to be made.
Remember, the lines give the maximum performance before the detailed design is carried out. Thus, the size
of the SBR and PFR are not fixed and the recycles are assumed to be ideally adjustable. As a result, the optimal
performance of the CSTR and the two optimized reactor-networks are equal for small conversions. This is
because the first reactor of both optimized reactor networks is neglected leading to a single CSTR
configuration. Evidently, both optimized reactor-networks have a much higher selectivity potential for
conversions higher than 0.4 than the single CSTR. This is caused by their longer residence times and the back-

mixing benefit in the second reaction section.

0.9
-
0.8
3
5 0.7
w2 | —CSTR
—Case 3.2 continuous
06 —Case 3.4
| ¢ optimal CSTR process
¢ optimal PFR+CSTR process continuous
¢ optimal SBR+CSTR process
0.5 \
O [ [ [ [ [ [ [
'6.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
X
nC12en

Figure 8: Comparison of performances of the existing (CSTR) and the two optimized reactor configurations

(SBR+CSTR, PFR+CSTR) with real recycles, and with their corresponding maximum potentials
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(corresponding color clines) under ideal recycle conditions and free dimensions of the first reactor for the

optimized configurations (see Fig. 5).

The existing single CSTR configuration under real recycle conditions has its optimal selectivity of S°Pr, =

70.8 % at a conversion of ngis a = 58.8 %, (the cyan diamond in Fig. 8). The higher selectivity potential in
the regime of small conversions cannot be exploited because there the amount of beneficial iso-dodecenes
recycled would decrease. Higher conversions, which would increase the iso-dodecene yield, cannot be
achieved under the same conditions due to the limited residence time. The loss of the CSTR performance under
real recycle conditions (AS = 11 %.) is caused, on the one hand, by the recycle of aldehydes in the polar
solvent recycled from the decanter, and on the other hand, by the recycle of useless n-dodecane from the
column distillate. If, instead, more iso-dodecenes could be recycled, it would be beneficial. Consequently, the
purge of the column recycle is set to €621 = 37 % in order to reduce the amount of n-dodecane recycled at the
expense of the reduced iso-dodecene recycle, and to enable the optimal ratio of iso-dodecenes to 1-dodecene
in the reactor inlet. The compositions of the streams in the corresponding overall process are illustrated in Fig.

9 (a).
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Figure 9: Sankey flow diagrams for (a) the CSTR embedded in the overall process and (b) the optimized
PFR+CSTR configuration embedded in the overall process. Note, that the mass streams of the solvents

(C10an, DMF) are downsized by a factor of 10 to allow for a better illustration.

The batch-conti realization in the optimized SBR+CSTR network has its optimal selectivity of 5122; a =

94.9 % at a conversion of ng; a = 98.3 %, (the blue diamond in Fig. 8). The optimal conversion is close to

the estimated optimal conversion point from the reactor design study in Section 3. Although the dynamic
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control is limited to only the first half of the reaction time of the SBR, due to the consideration of reaction time
in the buffer tank, the extension of the CSTR with an upstream SBR leads to a significant increase in both the
selectivity and conversion. Due to the different reaction conditions, the n-dodecane in the distillate recycle is
useful and desirable in the reactor feed. Its presence leads to less n-dodecane formation from the reactant, since
they are closer to chemical equilibrium (comparable to advantage of iso-dodecene recycle, see Fig. 2). Thus,
the purge of the column distillate recycle can be set to €2 = 0 % and no reactant and byproduct is wasted.
Aldehydes are not recycled. The loss of selectivity in comparison to the case of ideal recycle is at AS = 4 %.

The optimal continuous reactor-network consisting of the helically coiled tube reactor and the CSTR has its

Sopt

. opt
i3 = 94.7 % at a conversion of X5

optimal selectivity of nci3al

= 98.3 %, (the green diamond in Fig. 8).
Since the conversion and the residence times are equal, the same reasoning for the performance enhancement
and recycling benefit holds as for the SBR+CSTR network. The small difference in selectivity might arise from
the reduced gas phase control in the helically coiled tube reactor. Again, no purge of distillate recycle is
necessary £€9L = 0 % and the loss by real separation is at AS =~ 4 %. Note, when considering pressure drop in
the tube due to the consumption of the gas phase by the chemical reaction, the gas and liquid phase volume
will change along the reactor length. For a defined residence time this will certainly lead to a reduction of the
reactor length.

The clear advantage of the improved reactor design becomes further obvious when analyzing the
compositions of the streams in the corresponding overall process (Fig. 9 (b)). One can see that due to the higher
conversion much less reactant is recycled instead higher amounts of byproducts. This improves the process
performance as shown in the FPA in Section 2. The stream compositions of the SBR+CSTR configuration are
very similar to the ones depicted in Fig. 9 (b).

The stream compositions in both cases show impressively how the solvents are recycled as two phases. The

DMF containing the catalyst is recycled together with aldehydes from the decanter unit (DEC), and the n-

decane is recycled together with the remaining reactant and the byproducts from the distillation column (COL).
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5. Conclusion

For the hydroformylation of 1-dodecene using a rhodium catalyst and a thermomorphic solvent system for
catalyst recovery, the design for a miniplant-scale reactor is successfully carried out based on predictions from
dynamic optimizations. For identification of promising reactor-networks, the Flux Profile Analysis introduced
in Kaiser et al.'? is applied to this challenging, multiphase process. It turns out to be a powerful tool revealing
the advantages of different reactor-network candidates. From those candidates suitable for the
hydroformylation process, the configuration of a distributed sidestream reactor with initial product dosing and
a subsequent back-mixed CSTR seems to be most reasonable for technical realization. The design of this
reactor-network for an existing miniplant produces two promising realization options: (i) a continuous flow
reactor followed by a CSTR and (ii) a discontinuously operated semibatch reactor followed by a CSTR. The
first option shows to be sufficiently approximated by a PFR and CSTR, including individual dosing of gaseous
reactants to both reactors. The second option is more challenging the technical realization due to the
combination of batch and continuous reactors, but allows for a very accurate realization of dynamic control
actions. Both reactors are designed for the conditions of the miniplant, whereby the second reactor in each case
(CSTR) is considered to be the already existing CSTR currently used in the miniplant (see. Dreimann et al.!"»1?).
The different operational modes within the SBR+CSTR network and the overall process are merged by using
buffer tanks before and after the SBR. The PFR in the first realization is designed as a helically coiled tube
reactor providing a beneficial intermittent flow with high mass transfer rates and low axial dispersion. Both
designs are embedded in an overall process optimization considering both a liquid-liquid phase separation for
solvent and catalyst recovery and a distillation column for product separation and reactant/byproduct recycling.
The performance regarding selectivity w.r.t. the desired aldehyde and the conversion is drastically increased
by the two optimized reactor designs. Both have an optimal selectivity around 95 % at a conversion around 98
% which indicates an enhancement of 24 % and 40 % in comparison to the existing CSTR, respectively. The
comparison of the existing CSTR and both optimal reactor-networks to the case of ideal recycling reveals the

loss by technical approximation and non-ideal separations.
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This work shows how the application of model-based reactor-network synthesis can support and enhance the
reactor design for a miniplant-scale experimental setup. The experimental investigation of the actual impact of
recycling on the reactor performance will further advance the establishment of a hydroformylation process for

long-chain olefins using thermomorphic solvent systems for industrial application.

Associated Content:
A.1 Model equations, kinetics, thermodynamic relations, and all corresponding parameters:

Balance equations for the batch reactor in the Flux Profile Analysis

a .
e = (Z%=1Va,mrm)vliqccatMcat + Jjo(t), a e CH, (A1)
dt

and those for the storage tanks are

d‘l’la,_gt _ .

= —Ja(t), a€CH, (A2)

where n € R are the molar reactor holdups; j € R" are the dosing streams; 7 € RM are the reaction rates
with 7 = r(c, T) being a function of the component concentrations ¢ and the temperature 7; v, ,, are the
stoichiometric coefficients; and Vj;, is the liquid reaction volume; c.q; is the active catalyst concentration and
M., is its molar mass. The reaction rates (Egs. (A3) - (A9)) were determined in Kiedorf et al.” and refined in

Hentschel et al.®. The solvent system and the catalyst used are identical to the system described in Section 1.

kl,O(T)CTLCIZEnCHZCCO (A3)
1+Kj 1¢nc12entK1,26nc13a11K1,3CH2

=
I

¢
kz,o(T)(Cncnen— lKC:;Zn)
T, = : (A4)

1+K3 16nc12entK2,2Cic12en

C
ks,o(T)<Cnc12enCH2 —71}?:;:“)
3 = : (A5)

1+K3 1¢nc12entK3,26nc12antK3,3CH2

T4 = k4 o(T)Cic12enCh2 (A6)
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s = k5,0(T)Ci61ZenCH2CCO (A7)
Te = k6,0(T)Cn61ZenCH2CCO (AR)

_ Ccat,tot
Ccat - Kcat,s (A9)

Kcat,3 [
1+Kcata1Coog ~ tKcat,2

The temperature dependencies of the reaction constants k; ; are modeled via an Arrhenius equation

—-E

Aj l_ 1 .
- (T Tﬂf)) ,j € RCT , (A10)

ki (T) = ko exp(
with Ty, = 378.15 K. The equilibrium constants K, ; are calculated via
—ApG i
Ky, = exp (—22), (A1)
ArGj = agj + ay;T + ap;T? j € {2,3}. (A12)

The parameters for rate equations and reaction constants are given in Tab. Al and A2.

The batch reactor is assumed to be ideally mixed and its liquid volume and required densities are calculated

using Egs. (A13) — (A14), respectively. The corresponding parameters can be found in Tab. A3.

liqMa
Vig = Zaecom (A13)
Pa = Apoa Tt ap,l,aT (Al14)

The concentrations of the dissolved gases in the liquid phase are equal to their maximal solubilities, which
are calculated with their partial pressures and Henry coefficients expressed using an exponential expression

for temperature dependency.

cl = Z_Z ,a € {GAS} (A15)
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Ho = Hexp (—2ta) (A16)

The parameters used in Eq. (A16) have been previously fitted to the reaction system® and are given Tab. A4.

In addition to the balance equations, reaction kinetics, and thermodynamic properties, certain constraints on

reactant use (Eq. (A17)) and product dosing (Eq. (A18)) need to be satisfied'*:

fotfja (t) dt > n", a € {reactants}, (A17)

7 ja(®) dt + g s (t) = ngse(t = 0), a € {prod.}. (A18)

Table Al: Parameters for rate equations and catalyst equilibrium (Egs. (A3)-(A9))

. k] . ml ml ml
Variable Eq. Ea m_ol] ko Unit Ki [m_ol Ko [m_ol K3 m_ol]
13
r, (A3)  113.08  4904el6 —— 574876 3020413 11732838
g min mol?
ml
r (A4) 13689  4.878¢6 : 38632 223214 i
g min
12
ry (A5) 7611 27248 —— 26612 7100 1280
g min mol
12
r, (A6) 10226  2.958e4 —— ; ; i
g min mol
3
re (A7) 120.84  3.702e10 —— ; ] i
g min mol?
ml3
re (A8)  113.08  3.95lell —0 - - i
g min mol?
Cont (A9) - - - 3.041c4 0 0.644
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Table A2: Parameters for equilibrium constants (Eq.(A12))

Variable ao [i] ai [L] a L ]
mol mol K

mol K2

AG, -11.0034 0 0

©CoO~NOUTA,WNPE

AG; -126.275 0.1266 6.803e-6

Table A3: Parameters for density correlation (Eq. A14)

k k
Component 3, [m—i a; [me

22 Cl10an 981.60  -8.3536e-1
DMF 1256.52 -1.0306

29 nC12en 993.89  -7.8875e-1
32 nCl2an 977.04 -7.6743¢-1
35 nC13al 1068.12  -8.0180e-1
38 iC12en 993.89  -7.8875e-1

42 1C13al 1068.12  -8.0180e-1

48 Table A4: Parameters for the solubility coefficient calculation in Eq. (A16).

bar ml]
mol

52 Component  Ho [ Ean [mk—(])l]

55 H, 66400 -3.06
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Cco 73900 -0.84

Table AS5: Parameters for vapour pressure calculation in Eqgs. (A38) — (A39).

Component a a, a, as ay
Cl0an -26.51  -3.358¢3  -6.117  -3.323e-10 4.855e-7
DMF 47.99 -2.385¢3 28.80 -5.860e-2 3.139¢-5

nCl12en -8.59 -3.524e3 10.81 -2.816e-2 1.427e-5
nCl12an -5.653  -3.470e3 9.027 -2.319e-2 1.124e-5
nC13al 161.5 -9.766e3  -55.59 2.104e-2 5.550e-13
iC12en 75.79 -9.964e3  -8.965 4.940e-18 6
iC13al 10.42 -6.149¢3 0.197 -2e-4 1

A.2 Balance equations:

. Plug Flow Reactor (PFR):

anld _ T Ll
% = (Z%:lva,mrm)vliqu 1Ccat]wcat' ae {CH} with nalq(z = 0) = n(;,c(l) ,
(A19)
d .liq B . . B ) i
ZZ = kya Vyqv; 1(ca — c(l;q) + (Z%ﬂvmmrm)V”qu YeeatMeqr, @ € {GAS} with nfxlq (z=0) =
Mo, (A20)
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.gas

dr;"; = —kya Vyvst(cy — k), a e {GAS} withn)*(z = 0) = nJ¢,

(A21)
fl% _ r-l;nakeup n n;ec,dec n h;ec,col’ a € {CH,SOL}

(A22)

ned = 0,a € {GAS)

(A23)
ngo =ja ., ae{GAS}

(A24)

° Distributed Sidestream Reactor (DSR):
The balance equations and initial conditions for the PFR are extended by replacing Eq. (A21) with

Eq. (A25). Thus, the only difference is the distributed dosing of gaseous reactants H2 and CO.

and® . 1[0 ] oL .
';—Z = jI% — kya Viqvs *(cy — c};"), a e {GAS} withnl®(z=0)=nl7,
(A25)
. Semibatch Reactor (SBR):
dnqu_(M v M cH ith n49(¢ = 0) = nlid
T - Zm:lva,mrm) liqccat catr & E{ } wit Ny (t - ) - na,o ’
(A26)
dan'i . ) . i
Zt =kpa Vliq (Ca - Cclxlq) + (Z%:lVa,mrm)VlichatMcat' a € {GAS} with nfxlq (t=0)=
ned, (A27)
and® . . li .
’;—t = j3% —kpaVyg(ca — cz?), a € {GAS} withn®(t =0) =nJ¢,
(A28)
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lig _ .makeup
a0 ta

n tspr + N topr 4+ NHE9 tgpr, a € (CH,SOL}
nyd =0,a € {GAS}
n?% =0,a € {GAS}
e  Continuous Stirred Tank Reactor (CSTR):
l l
0= lq lq + (Z 1Va,mrm)VlichatMcatl ae {CH}

l * li
0= lq + (Zm 1Va mrm)VlichatMcat + kLa Vliq (Ca - Calq)r ae {GAS}

0 =n% — kyaVy(cs —c?), ae{GAS}

A.3 Details of reactor design and preliminary experiments:
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(A29)

(A30)

(A31)

(A32)

(A33)

(A34)

With the previously estimated flow rate, the restriction to a liquid hold-up of €, = 0.33 and the tube

the range 7.08 10~* m/s < v, < 0.0707 m/s.

diameter limitation of 1 mm < d < 10 mm, the resulting superficial velocity for the liquid and gas phase is in

Albeit the literature results already suggest the correct flow pattern for the given conditions, they are carried

conditions of the miniplant.

ACS Paragon Plus Environment

out for species with different surface tensions and for higher superficial velocities. To ensure the formation of

the desired flow pattern for the used solvent system and flow rates, experiments are carried out under the
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The experimental setup consists of a helically coiled tube made of silicon, PFA or PTFE, to enable visual
observation of the flow patterns, with diameters of d;yp, = 1.6 mm, 2.0 mm and 3.0 mm and a length
between 2 m < [ < 6 m. The coils have a diameter of d.,; = 10 cm and are coiled around a yellow PVC
cylinder. The liquid phase is fed to the helically coiled tube by a pump (Smartline 1050, KNAUER
Wissenschaftliche Gerdte GmbH) and the gas phase is fed using a rotameter (DK800, Krohne Messtechnik
GmbH). For determining the pressure loss two pressure transducers (CPT6200, Wika Alexander Wiegand SE

& Co. KG) are installed at the tube inlet and outlet. The pressure inside the tube is maintained on a level which

PFR

ensures the desired liquid hold-up of &j;,~ = 0.33. This is managed using a needle valve at the outlet and the

measurements obtained by the transducers. A scheme of the setup is shown in Fig. A2.

To simplify handling, the flow investigation experiments were carried out with the substitute species 2-
propanol which has a lower surface tension than the original solvent system (DMF, n-decane). Thus, if the
desired intermittent flow regime is stable for 2-propanol, it will a fortiori be stable for the original solvent
system. The synthesis gas was replaced with air.

Preliminary studies about the characteristic flow patterns of a helically coiled tube have shown that for low
volumetric flow rates a horizontal orientation suffers more from gravitational forces than a vertical orientation.
Furthermore, it was observed that a tube diameter larger than 6 mm no longer allows for an intermitted flow

regime.
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Figure Al: Selectivity w.r.t. tridecanal (nC13al) over the k;a value (a) and the Pé number (b) for the case

of product recycling (blue) and no product recycling (green).

The experimental results are visualized in Fig. A3. It can be seen that for all tube diameters and volumetric
liquid flow rates intermittent flow is maintained. The volumetric flow rate of Vliig ~ 200 ml/h is chosen as an
upper limit. For a tube diameter of d;,, = 3 mm a slight decomposition into a stratified flow and re-
composition to an intermittent flow was observed, but only for the lowest flow rate. As expected, the pressure
loss Ap/l increases with decreasing tube diameter and increasing volumetric flow rate. Thus, a trade-off has to
be found between a small tube diameter, which ensures intermittent flow but leads to a longer tube, and small
pressure drop. The appropriate tube diameter was chosen to be d;y,. = 3 mm due to the stable intermittent
flow regime at a volumetric flow rate of Vlii’; ~ 200 ml/h and the acceptable pressure drop observed. The
pressure drop for smaller tube diameters was significantly higher reducing their effectiveness. This leads to a
final reactor length of lppr = 311 m. Taking the experimentally determined pressure drop from Fig. A3 into

account, the reactor has a pressure drop of Ap = 0.5287 bar caused by flow induced friction.
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7
N\

©OO~NOOUDWNR
Off gas

14 H e{ —— |

?

20 Figure A2: Scheme of the experimental setup consisting of a helically coiled tube of different radii and
22 storage tank for the mixture of water and 2-propanol; air is dosed via rotameter to the helix and liquid phase

via pump from the storage tank; pressure transducers at the inlet and outlet for pressure drop registration.

29 d 1.6 mm 2.0mm 3.0mm
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Figure A3: Photographs of the flow regimes within the test setup (Fig. A2) for different flow regimes
Vliquid and tube diameters d; the transparent tubes are coiled around the yellow PVC cylinder and fixed with

the green cable tie.

A.4 Additional flow sheet equations:

AP — pinit o ¢ (nC12en, C10an, DMF}

(A35)

1 = i ur apotar fec @ € {CH,SOL}
(A36)

g = 1t apotar §fets @ € {CH, SOL)
(A37)

A.5 Vapor pressures, volatilities, and minimum tray number for distillation column:
vap ay 2
Pe =10 (ao + T + a,log,o(T) + a3T + a,T ) * 133.322e — 6,
a € {nC12en,nC13al,nC12an, DMF,C10an} (A38)
vap __ aq a . .
Do = = e€xp (ao +—ta In(T) + a3T 4) * 0.1, ae{iCl2en,iC13al} (A39)
_ P (D
Kep = s (140
ap = [Kap(To) * Kug (Ty) (A41)
10g<: BKZ BIK)

Ninin = — (A42)

log(%Lk, 1K)
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A.6 Reactor indices:
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Cc13al = o,

Industrial & Engineering Chemistry Research

. f .0
ncizal”"nc13al
-n
nCizen '"nCizen

.0 . f
Nncizen™Mncizen

-0
Nnpcizen

ﬂfc L
_ "nCi3a
STYnCl3al -

Vreactor

"hc13al

) f
Mhc1zat T ic1zal

20 A. 7 Dynamic Optimization Problems:

Reactor mass balances:

I?L%X{Sncmal(tf)}

Eq. (A32) — (A34)
Reaction kinetics: Egs. (A3) - (A12)
Constitutive equations: Egs. (A13) - (A14)
Gas solubilities: Egs. (A15) - (A16)
Decanter: Egs. (4) — (6)

Flash: Eq. (7)

Distillation column: Egs. (A38) — (A42), Egs. (8) — (9)
Flow sheet: Egs. (A35) — (A37)

Purges: dec = 1,1 =& >0,
Initial conditions: Eq. (A4) — (A6), Tab. 2

Reactor indices:

Stream constraints: jco, jy, = 0,74(t) =0,

Pressure: 10 bar < pioia; = péo'® + pis * < 21 bar,

Temperature:

ACS Paragon Plus Environment

363.15 K < Tegrr < 388.15K,
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(A44)

(A45)

(A46)

(DOP Al)
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Reactor volume: Vestr < 11 g7 = 0.3,
Controls: u= [TCSTRerOerZ]f p = [E555,&58L.
max Sncizai(tr)} (DOP A2)
s.t. Reactor mass balances: Eq. (A26) — (A28), Eq. (A32) — (A34)
Reaction kinetics: Egs. (A3) - (A12)

Constitutive equations: Egs. (A13) - (A14)

Gas solubilities: Egs. (A15) — (A16)
Decanter: Egs. (4) — (6)
Flash: Eq. (7)

Distillation column: Egs. (A38) — (A42), Egs. (8) — (9)

Flow sheet: Egs. (A35) - (A37)

Purges: dec = 1,1 >89 >0

Initial conditions: Egs. (A11) — (A13), Tab. 2

Reactor indices: Egs. (A25) — (A28), n/iso ratio = 95%,

Stream constraints: 2o~ (t), jit (), jéo it T = 0,1,(t) = 0,
Pressure: 10 bar < pi3iR = p&STR + p,ﬁ:jTR < 21 bar,
10 bar < pgoiey (£) = p26~ (8) + pZR () < 21 bar,
peBR(t) = const. for t > ts%,
pitR(t) = const. for t > ts%,
Temperature: 363.15 K < Tegrr < 388.15 K,
363.15 K < Typp(t) < 388.15 K,

Tsgr(t) = const.for t > ts%,
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Reactor volume:  Vesrg < 115" % = 0.3, Vg = 1.11, 507 = 0.66,

Controls: u(t) = [Tpr(0), jEER (©), ji" ®),

— CSTR ;CSTR rdec ¢col
b= [TCSTR»]CO ’]Hz :frecrfrec]a

©CoO~NOUTA,WNPE

. . CSTR __ tsBry (USBR .. SBR
Buffer tank: Ngin =1/ (—2 ) ftSBR T

17 max {Snc1sar(7r)) (DOP A3)

s.t. Reactor mass balances: Eq. (A19) — (A21), Eq. (A32) — (A34)

23 Reaction kinetics: Egs. (A3) - (A12)

25 Constitutive equations: Egs. (A13) - (A14)

28 Gas solubilities: Egs. (A15) — (A16)

30 Decanter: Egs. (4) — (6)

a2 Flash: Eq. (7)

35 Distillation column: Egs. (A38) — (A42), Egs. (8) — (9)

37 Flow sheet: Egs. (A35) — (A37)

Purges: gdec = 1,1 = ¢89L >0,

42 Initial conditions: Egs. (A11) — (A13), Tab. 2

44 Reactor indices: Eqs. (A25) — (A28), n/iso ratio > 95%,
47 Stream constraints: j&5"(2), jit R (2),jéo N jim 2 0,114(2) = 0,1,(2) =
49 0,

52 Pressure: 10 bar < pi3iR = p&STR + p,ﬁ:jTR < 21 bar,

o 10 bar < pfy,(2) = pE5" (2) + phL" (2) < 21 bar,
57 Temperature: 363.15K < Tegrr < 388.15 K,

59 363.15 K < Tppr(z) < 388.15K,
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Reactor volume: Vestr < 11,655 = 0.3, Vppg = 2.21,f5R =

©CoO~NOUTA,WNPE

lig lig
0.33,
Controls: u(t) = [Tprr(2), jé6% (2), jFER (2)],
p = [Tesrr, jESTR, jESTR gdec geol)
A.8 Nomenclature:
Latin symbols
a parameters various
C concentration mol/ml
d diameter (of reactor tube) m, mm
D dispersion coefficient m?/s
ARG Gibbs energy of reaction J/mol
Ap pressure drop bar/m
AS selectivity difference -
Ea activation energy J/mol
H Henry coefficient bar/ml/mol
j molar flux mol/min
kK chemical reaction coefficient various
ki a volumetric mass transfer coefficient 1/s,1/min
1 length (of reactor tube) m
M Molar mass kg/mol
n amount of moles mol
N number of CSTRs in cascade -
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n/iso ratio of linear and branched aldehydes -
p pressure, optimization parameter vector bar, -
r reaction rate mol
/(8carmin)
R universal gas constant J/mol/K
S section, selectivity -
t time S
T temperature K
u control vector -
\ velocity m/min, m/s
\% volume m3
\Y volumetric flow rate ml/min
w mass fraction -
p'e input states of Kriging model -
X conversion -
Greek symbols
€ hold-up -
4 split factor of distillation column -
0 fitted Kriging model parameters -
\Y, stoichiometric coefficient -
© differential selectivity -
1S purge factors -
p mass density kg/m?
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T residence time
Abbreviations
AMPL a mathematical programming language
CcoO carbon monoxide
COL distillation column
CSTR continuous stirred tank reactor
Cl0an n-decane
DEC decanter
DMF n-,n-dimethylformamide
DSR distributed/differential sidestream reactor
EPF elementary process functions
FPA flux profile analysis
H> hydrogen
HK heavy key
iCl12en iso-dodecenes
iC13al 2-methyl-dodecanal, iso-aldehydes
IPOPT interior point optimizer (software name)
KR Kriging model
LK light key
nCl12an n-dodecane
nCl2en 1-dodecene
nC13al tridecanal
NLP nonlinear programming

ACS Paragon Plus Environment

Page 48 of 53



Page 49 of 53

©CoO~NOUTA,WNPE

Industrial & Engineering Chemistry Research

Pé

PFR

Rh

SBR

STY

T™MS

Péclet number
plug flow reactor
rhodium
semibatch reactor
space-time yield

thermomorphic solvent system

Subscripts & Superscripts

a,p
apolar
ax

B

cat

col

dec

distr.

eq

gas
HK
in
init.

lig

chemical components
stream of apolar solvent
axial

bottom

catalyst

column

distillate

decanter

distributed
equilibrium

final

gas

heavy key

inlet

initial

liquid
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LK light key
max maximal
min minimal
out outlet
P product
polar stream of polar solvent
R reactant, reactor
ref reference value
s superficial
S separation
st storage
t total
0 initial
Sets
CH hydrocarbons
GAS gas components
RCT reactions
SOL solvents
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