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Abstract 

The experimental study of novel reactor concepts is financially expensive and time con-
suming. In order to optimize the reactor and process development, model based optimiza-
tion strategies are becoming more popular. Basic requirement of these strategies are gen-
eral reaction kinetics in a broad temperature and concentration range. Quite often simple 
empirical rate expressions, e.g. power laws, are in good agreement with available experi-
mental data. However, there are several limits of such rate equations with respect to ex-
trapolation. For this reason, the present work focuses on mechanistic reaction kinetic anal-
ysis and the corresponding parameter estimation in homogeneous and heterogeneous ca-
talysis and their model application in innovative dynamic reactor concepts. The efficient 
and phase independent “General Catalytic Cycle Kinetics (GCCK)” approach (or Christi-
ansen methodology) is used to derive mechanistic kinetic rate approaches based on cat-
alytic cycles. Due to high number of unknown kinetic parameters included in the mecha-
nistically based GCCK approach, suitable model reduction techniques, such as the subset 
selection method or additional independent specific dynamic experimental data, support 
parameter estimation. Sensitive parameters can be identified and determined for the re-
duced kinetic models. In the presented case studies, the GCCK approach is successfully 
applied for the homogeneously catalyzed hydroformylation and the heterogeneously cata-
lyzed total oxidation. 

In a first part, the homogeneously catalyzed hydroformylation of 1-dodecene was stud-
ied using a rhodium-biphephos catalyst complex exploiting a thermomorphic multicompo-
nent solvent system. In order to describe the kinetics of the main and the most relevant 
side reactions the experiments were performed in a batch reactor. The formation of the 
active catalyst was studied in individual experiments. Based on a postulated catalytic cycle 
mechanistic kinetic models were developed considering isomerization, hydrogenation and 
hydroformylation reactions as well as the formation of not catalytically active Rh-species. 
The complex overall network was decomposed to support parameter estimation. The main 
and side reactions were investigated as a function of temperature, total pressure and par-
tial pressures of carbon monoxide and hydrogen, respectively. Four sub-networks of in-
creasing size and the total network were analyzed sequentially in order to identify kinetic 
models and to estimate the corresponding parameters applying the subset selection tech-
nique. Based on this quantified reaction model advanced reactor concepts were experi-
mentally validated applying various operation modes, such as batch, semi-batch, per-
turbed batch and continuous operation. On the extended experimental data basis, the ki-
netic models were adjusted by an additional carbon monoxide order and the parameters 
of the reaction kinetics were refined to give reliable model predictions. Finally, a recycling 
strategy is theoretically studied to maximize the selectivity towards the desired linear alde-
hyde. 

In a second part, the reaction kinetics of the heterogeneously catalyzed partial and 
total oxidation of C2H4, C3H6 separately and in mixtures and CO on a CrOx/γ-Al2O3 catalyst 
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were studied. Based on well-established reaction simplified mechanisms, mechanistic ki-
netic models of all reactions were derived. In order to support the parameter estimation 
and to describe the adsorption behavior of the components involved, Langmuir adsorption 
isotherm models were applied. Using these models, the single component adsorption be-
havior could be characterized quite well. By means of the Multi-Langmuir model, based 
exclusively on the parameters of the single component isotherms, the competitive adsorp-
tion behavior of ethylene and propylene mixtures could be predicted. Using these sepa-
rately determined adsorption parameters within the kinetic analysis, a more profound de-
scription of the reaction rates was feasible by separating kinetic and thermodynamic ef-
fects. The subsequent kinetic analysis of the total oxidation reaction network occurred con-
sidering three different sub-networks and the total network. The kinetic parameters of each 
sub-network were transferred to the progressively larger sub-network and finally to the total 
network. All sub-networks and the total reaction network could be well described by using 
one set of kinetic parameters. 

The determined total oxidation reaction kinetics were validated using the periodic op-
eration of the challenging multi fixed-bed Loop Reactor (LR) concept. As general charac-
terization of the LR concept, a simulation study for single component and multi-component 
feeds was performed using simplified reaction kinetic models adopted from literature. To 
understand the reaction and temperature front velocities as well as the maximum temper-
ature within the reactor cascade, the most relevant operating and reactor parameters were 
varied in a wide range. Based on these theoretical results, an experimental study was 
performed. Systematic experiments of the LR operation using closed loop control revealed 
the domain of ignited reactor states as function of the reactant inlet concentrations and the 
total volumetric fluxes. Additionally, step experiments altering reactant inlet concentrations 
demonstrated the applicability of the LR concept for the purification of industrial volatile 
organic compound exhaust streams. Simulation results using an extended reactor model 
and the mechanistic kinetic models of the total oxidation reactions determined via the 
GCCK approach gave a relative good qualitative agreement with respect to the tempera-
ture profiles. 

The methods and tools developed and used in this work for the derivation of mecha-
nistic kinetic rate models are suitable for homogeneous as well as for heterogeneous ca-
talysis and provide the basis for the development of new reactor concepts. 
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Kurzfassung 

Experimentelle Studien neuartiger innovativer Reaktorkonzepte, welche ein effizientes und 
ressourcenschonendes Arbeiten ermöglichen, sind finanziell und zeitlich sehr aufwendig. 
Um diese Reaktor- aber auch Prozessentwicklung zu beschleunigen, existiert eine Reihe 
von modellbasierten Optimierungsstrategien um oft eingeschränkte Betriebsfenster zu be-
stimmen. Diese erfordern jedoch eine allgemeingültige Reaktionskinetik für einen großen 
Anwendungsbereich. Häufig genutzte empirische und semi-empirische Modelle beschrei-
ben aber nur kleine Betriebsfenster. Eine Extrapolation dieser Reaktionskinetiken in Kon-
zentrations- oder Temperaturbereiche außerhalb des Messregimes ist somit nicht möglich. 
Aus diesem Grund liegt der Fokus dieser Arbeit auf der Ableitung mechanistischer Reak-
tionsmodelle für die homogene und heterogene Katalyse, der Abschätzung der jeweiligen 
kinetischen Parameter und der Anwendung der quantifizierten Reaktionsmodelle für die 
Untersuchung von innovativen Reaktorkonzepten. Eine effiziente und phasenunabhängige 
Methode zur Ableitung mechanistischer Modelle anhand katalytischer Zyklen ist der „Ge-
neral Catalytic Cycle Kinetics“ Ansatz (auch Christiansen Methode genannt). Diese wurde 
für alle präsentierten Fallbeispiele angewendet. Um die physikalische Bedeutung der ki-
netischen Parameter zu gewährleisten, müssen diese überparametrierten Reaktionsmo-
delle für gewöhnlich reduziert werden. Hierfür existierten mathematische Parametersensi-
tivitätsanalysen, mit der Parameterkorrelationen während der Abschätzung identifiziert 
werden können. Aber auch zusätzliche individuelle Messungen, wie z.B. von thermodyna-
mischen Phasengleichgewichten der Reaktanten oder Produkte konnten in die reaktions-
kinetischen Analysen integriert werden und somit die Parameterschätzung vereinfachen. 
Diese beiden Vorgehensweisen sind innerhalb dieser Arbeit erfolgreich zum Einsatz ge-
kommen. 

Das erste betrachtete Reaktionssystem ist die homogene Rhodium-biphephos kataly-
sierte Hydroformylierung von 1-Dodecen in einem temperaturgesteuerten Multikomponen-
ten Lösungsmittelsystem. Die reaktionskinetische Netzwerkanalyse zur Beschreibung der 
wichtigsten Haupt- und Nebenreaktionen erfolgte experimentell in einem Batch-Reaktor-
system. Mechanistische Reaktionsmodelle wurden für die Isomerisierung, Hydrierung und 
Hydroformylierung von 1-Dodecen anhand des allgemeingültigen Wilkinson Katalysezyk-
lus aufgestellt. Die hierfür notwendige aktive Katalysatorspezies wurde durch einen Gleich-
gewichtsansatz beschrieben, welches auch inaktive Rhodiumdimere berücksichtigt. Die 
Parameterschätzung erfolgte an vier Subnetzwerken mit steigender Größe und Komplexi-
tät sowie am Gesamtreaktionsnetzwerk in einem breiten Temperatur-, Druck- und Kon-
zentrationsbereich. Existierende Parameterkorrelationen wurden mittels Sensitivitätsana-
lyse identifiziert und durch geschickte Modellreduktion beseitigt. Mit Hilfe des mechanisti-
schen Reaktionsmodells wurden verschiedene Operationsweisen wie Batch, Semi-Batch, 
Perturbationsexperimente und kontinuierlicher Betrieb eines Rührkessels experimentell 
validiert. Auf Basis einer sensitiven Versuchsmatrix wurde das kinetische Modell nochmals 
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verbessert und erweitert, wodurch es nun möglich war, die verschiedenen Operationswei-
sen in einem großen Temperatur-, Druck-, und Konzentrationsbereich über die experimen-
tell untersuchten Bereiche hinaus zu beschreiben. Zum Abschluss ist eine Modellstudie 
für eine Recyclingstrategie von 1-Dodecen und dessen Isomere aufgezeigt, womit die Se-
lektivität des gewünschten linearen Aldehyds Tridecanal maximiert werden konnte. 

Als zweites Beispiel ist die heterogen katalysierte Totaloxidation von kurzkettigen Koh-
lenwasserstoffen einzeln und in Mischung sowie von Kohlenstoffmonoxid an einem 
CrOx/γ-Al2O3 Katalysator untersucht wurden. Basierend auf einfachen etablierten Reakti-
onsmechanismen konnten mechanistische reaktionskinetische Modelle für alle betrachte-
ten Reaktionen abgeleitet werden. Zur Vereinfachung der Parameterschätzung kamen zu-
sätzliche individuelle Messungen von Einzelstoff- und Gemischadsorptionsisothermen der 
verschiedenen Reaktanten und Produkte zur Parametrierung von Adsorptionskonstanten 
innerhalb der kinetischen Modelle zum Einsatz. Mit der individuellen Beschreibung der 
Adsorptionskonstanten wurde eine fundierte Beschreibung der Reaktionskinetik durch 
Trennung kinetischer und thermodynamischer Effekte erst ermöglicht und die Konfiden-
zintervalle reduziert. Zusätzlich zu dieser Vorgehensweise der Modellreduktion wurde das 
Reaktionsnetzwerk in drei verschiedene Subnetzwerke zerlegt. Somit konnten die kineti-
schen Parameter quantifiziert und validiert werden. 

Basierend auf der erarbeiteten Reaktionskinetik wurde die Funktionalität des Loop 
Reaktor Konzepts demonstriert. Hierfür wurde zuerst mit einer Modellkinetik eine Simula-
tionsstudie durchgeführt um die verschiedenen Aspekte des zyklisch stationären Betriebs 
zu analysieren. Auf Grund der vereinfachten Rechnung konnten sehr schnell die verschie-
denen Einflussmöglichkeiten auf die Frontengeschwindigkeiten, die maximal erreichte 
Temperatur und die Schaltzeit der einzelnen Takte für Gemische mit unterschiedlichen 
Zündtemperaturen untersucht werden. Die einzelnen Experimente zum Loop Reaktor wur-
den in einer Versuchsanlage im Pilotmaßstab durchgeführt. Ein stabiler gezündeter Be-
trieb konnte für ein breites Spektrum an Eintrittskonzentrationen und Volumenströmen ge-
zeigt werden. Zusätzliche Perturbationsexperimente für schrittweise Konzentrations- und 
Volumenstromänderungen für Ethen und Propen im Reaktionsgemisch konnten die Funk-
tionalität unter Beweis stellen. Modellierungsergebnisse unter Verwendung eines detail-
lierten Reaktormodells und der abgeleiteten vollständigen Reaktionskinetik für das To-
taloxidationsnetzwerk ergaben gute Qualitative Übereinstimmungen von zu erwartenden 
Temperaturprofilen. 

Die in dieser Arbeit entwickelten und genutzten Methoden und Werkzeuge zur Herlei-
tung mechanistischer, extrapolierbarer Kinetikmodelle sind sowohl für die homogene, als 
auch für die heterogene Katalyse geeignet und bilden somit die Grundlage für die Entwick-
lung neuer Reaktorkonzepte. 
 



 

ix 

Table of Contents 

I Challenges in Homogeneous and Heterogeneous Catalysis ........ 1 
 
1 Introduction ............................................................................................................ 3 
 
2 Theoretical Basics ................................................................................................. 7 
 2.1 Mechanistic kinetic rate models ........................................................................ 8 
 2.1.1 Application of the GCCK approach in homogeneous catalysis ............... 9 
 2.1.2 Application of the GCCK approach in heterogeneous catalysis ............ 10 
 2.2 Parameter estimation, statistical evaluation and model reduction techniques 13 
 2.2.1 Objective functions ................................................................................ 14 
 2.2.2 Optimization methods and procedure .................................................... 15 
 2.2.3 Model reduction techniques ................................................................... 16 
 2.2.4 Statistical evaluation of estimated parameters ...................................... 19 
 2.3 Reactor models ............................................................................................... 19 
 2.3.1 Stirred tank reactor models ................................................................... 20 
 2.3.2 Model of single tubular reactor .............................................................. 21 
 2.3.3 Models of reactor cascade (Loop Reactor) ........................................... 22 
 2.4 Conclusions .................................................................................................... 24 
 
II Analysis of a Homogeneously Catalyzed Reaction ...................... 25 
 
3 Reaction Network and Kinetics of the Hydroformylation of 1-Dodecene ....... 27 
 3.1 Solvent system, ligand and reaction network .................................................. 29 
 3.2 Catalytic cycle and mechanistic models ......................................................... 30 
 3.2.1 Catalytic cycle and the resting state of the catalyst species .................. 30 
 3.2.2 Mechanistic approach to describe the rates in a network of reactions .. 34 
 3.2.3 Reduced models with a single rate determining step ............................ 34 
 3.2.4 Reduced empirical models based on formal kinetics ............................ 34 
 3.2.5 Summary of considered kinetic models ................................................. 35 
 3.3 Experimental equipment and procedures ....................................................... 36 
 3.3.1 Reactor type .......................................................................................... 36 
 3.3.2 Kinetic experiments ............................................................................... 36 
 3.3.3 Concentration analysis .......................................................................... 37 
 3.4 Results of preliminary experiments ................................................................. 38 
 3.4.1Initial investigation of gas solubilities ...................................................... 38 
 3.4.2 Formation of active catalyst species ...................................................... 39 
 3.5 Network analysis ............................................................................................. 40 
 3.5.1 Free parameters and estimation strategy .............................................. 41 



Table of Contents 

x 

 3.5.2 Isomerization of 1-dodecene: sub–network I ......................................... 42 
 3.5.3 Hydrogenation of iso-dodecene: sub–network II .................................... 46 
 3.5.4 Hydrogenation of 1-dodecene: sub–network III ..................................... 47 
 3.5.5 Hydroformylation of iso-dodecene: sub–network IV .............................. 49 
 3.5.6 Hydroformylation of 1-dodecene: total network ..................................... 50 
 3.5.7 Evaluation of the overall approach followed and the kinetic parameters es-

timated ................................................................................................... 54 
 3.6 Conclusions ..................................................................................................... 55 
 
4 Application of Kinetic Models: Different Reactor Operations ......................... 57 
 4.1 Experimental equipment and procedures ....................................................... 57 
 4.2 Preliminary experiments .................................................................................. 58 
 4.3 Evaluation of different operation modes .......................................................... 60 
 4.3.1 Batch operation mode ............................................................................ 62 
 4.3.2 Semi-batch operation mode ................................................................... 62 
 4.3.3 Dynamic operation mode (perturbation experiments) ............................ 63 
 4.3.4 Continuous operation mode ................................................................... 64 
 4.4 Parametric study of feed variation ................................................................... 66 
 4.5 Conclusions ..................................................................................................... 68 
 
III Analysis of Heterogeneously Catalyzed Reactions ..................... 71 
 
5 Kinetics of the Total Oxidation of Short-Chain Hydrocarbons ........................ 73 
 5.1 Catalyst characterization and reaction network .............................................. 75 
 5.1.1 Catalyst preparation and characterization ............................................. 75 
 5.1.2 Reaction network ................................................................................... 76 
 5.2 Catalytic cycle and mechanistic models .......................................................... 77 
 5.3 Experimental equipment and procedures ....................................................... 78 
 5.4 Preliminary determination of gas/solid adsorption equilibria ........................... 80 
 5.4.1 Determination of single component adsorption isotherms ..................... 81 
 5.4.2 Determination of mixture adsorption isotherms ..................................... 83 
 5.4.3 Experimental equipment and methods for adsorption isotherms ........... 84 
 5.4.4 Single component adsorption measurements ........................................ 85 
 5.4.5 Prediction and validation of mixture adsorption isotherms ..................... 90 
 5.4.6 Conclusions regarding additional adsorption investigation .................... 92 
 5.5 Kinetic investigation and network analysis ...................................................... 93 
 5.5.1 Carbon monoxide oxidation: sub–network I ........................................... 93 
 5.5.2 Ethylene oxidation: sub–network II ........................................................ 96 
 5.5.3 Propylene oxidation: sub–network III ..................................................... 99 
 5.5.4 Evaluation of the total oxidation reaction network ................................ 102 
 5.6 Conclusions ................................................................................................... 104 
  



 

xi 

6 Application of Kinetic Models: Multi Fixed-Bed Loop Reactor ..................... 107 
 6.1 Principle and history of the Loop Reactor ..................................................... 107 
 6.2 Characterization of the Loop Reactor ........................................................... 109 
 6.2.1 Definition of switching times ................................................................ 110 
 6.2.2 Definition of control concepts .............................................................. 111 
 6.3 Simulation studies using simplified kinetics .................................................. 111 
 6.3.1 Simplified kinetics and reactor model .................................................. 112 
 6.3.2 Single reactant simulation study .......................................................... 112 
 6.3.3 Multi reactant simulation study ............................................................ 122 
 6.4 Experimental results of hydrocarbon total oxidation using LR concept ........ 125 
 6.4.1 Experimental Loop Reactor equipment ............................................... 125 
 6.4.2 Experimental observed periodic operation .......................................... 128 
 6.4.3 Single component feed gas: ethylene or propylene ............................ 131 
 6.4.4 Mixture feed gas: ethylene and propylene ........................................... 133 
 6.5 Validation of detailed kinetic model using single feed propylene .................. 135 
 6.6 Conclusions .................................................................................................. 137 
 
IV Summary ......................................................................................... 139 
 
7 Overall Conclusions and Outlook .................................................................... 141 
 7.1 Overall conclusions ....................................................................................... 141 
 7.2 Suggestions for further activities ................................................................... 145 
 
 References ......................................................................................................... 147 
 Nomenclature ..................................................................................................... 163 
 
A Derivation of Mechanistic Models .................................................................... 167 
 A.1 Homogeneous catalysis ................................................................................ 167 
 A.2 Heterogeneous catalysis: Langmuir/Hinshelwood approach ........................ 169 
 A.3 Biological catalysis ........................................................................................ 171 
 A.4 Equilibrium constant...................................................................................... 173 
B Reactor Models .................................................................................................. 175 
 B.1 Mass balance ................................................................................................ 175 
 B.2 Energy balance ............................................................................................. 176 
 B.3 Two phase mass transfer model ................................................................... 177 
 B.4 Loop reactor model for experimental data prediction .................................... 178 
 B.5 Simulation study for improved Loop Reactor operation ................................ 182 
 B.6 Estimation of ignition temperature ................................................................ 184 
 B.7 Determination of traveling front velocities ..................................................... 184 
C Single Component Adsorption Isotherms ....................................................... 187 
D Schematic Illustrations of the Loop Reactor Plant ......................................... 189 
 





 

1 

 

Part I 
Challenges in Homogeneous and 

Heterogeneous Catalysis 
 





 

3 

1 Introduction 
Based on exhaustible raw materials and an enhanced demand for clean technologies, 
advances in chemical industries are aimed to intensify processes to increase product se-
lectivity and for optimal resource utilization. The general chemical process design is based 
on reactant pretreatment followed by the reaction unit and product separation. Accordingly, 
for overall process optimization, several options are available. For an efficient process 
performance, specific reactor types were developed and optimized in regard to process 
conditions. Further strategies are based on process design, single unit operation improve-
ments or process unit coupling in an integrative manner. The latter allows enhancements 
in productivity, selectivity and energy efficiency (Sundmacher et al., 2005). However, inte-
grative reactor concepts require superposition of reaction, separation and material perfor-
mance, which increases complexity regarding reactor design, process control and de-
creasing degrees of freedom. 

In chemical reaction engineering, reactors will be classified in regard to the phases 
involved (Levenspiel, 1999; Baerns, 2006; Beller et al., 2012). If the reactants, products 
and if required the chemical catalyst are in a single phase, the system is called as homo-
geneous reaction system. In contrast, a heterogeneously catalyzed system is defined by 
different phases of the reactants and the catalyst, respectively. As an example, can be 
mentioned two gaseous components react on a solid catalyst surface. In this regard, in-
terphase mass transport of the reactants and products affects the reaction performance 
significantly and have to be taken into account (Helfferich, 2004). 

A further classification of chemical reactors can be done by the operation mode. Batch 
and continuous operation provide the boundary conditions. Between these cases semi or 
perturbed batch operation can be mentioned. Accordingly if a highly exothermal chemical 
reaction occurs or a high productivity is required, the optimal reactor operation concept 
must be selected (Agar and Ruppel, 1988; Levenspiel, 1999). 

For selection, design and optimization of chemical reactors for specialty as well as 
bulk chemicals, basic information about the reaction network and reaction rates are re-
quired. The main branches of the reaction network including the main, side and consecu-
tive reactions have to be identified and quantified. The main chemical pathway within a 
complex reaction network is mostly affected by chemical catalyst design. Hence, product 
selectivity improvements are based on the optimal catalyst design studies to obtain the 
defined requirements (Ertl et al., 2008). The definition of a catalyst is given by Ostwald in 
1923 (Ostwald, 1924; Freund et al., 2014): 

“A catalyst is a substance that accelerates the rate of a  
chemical reaction without being part of its final products.” 

However, according to Hamel (Hamel, 2016) and Salmi (Zheng et al., 2016) optimization 
potential for desired product selectivity is given by process structure developments such 
as advanced reactor concepts or simple recycle streams as well. In general, innovative 
novel reactor and process optimization strategies are model based (Freund and 
Sundmacher, 2008; Steimel and Engell, 2016). These strategies requires quantitative 
knowledge about the kinetics of the reactions involved (Levenspiel, 1999) and reactor 
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models describing the laboratory reactors used to generate the experimental data basis 
(Froment and Bischoff, 1990; Baerns, 2006). Suitable kinetic expressions can be deter-
mined by several concepts in order to achieve the degree of detail and the precision re-
quired. Due to the complexity of the kinetics of simultaneously occurring reactions fre-
quently simple empirical rate expressions are applied, as e.g. power laws. They can cap-
ture main features of the reaction kinetics and are in some cases in good agreement with 
available experimental data. However, due to their simplicity there are clear limitations of 
such non-mechanistic rate equations. Consequently, extrapolations beyond the range of 
measurements are highly uncertain. 

For this purpose, this thesis applied a widely applicable strategy to determine and 
quantify mechanistic reaction kinetics for both homogeneously and heterogeneously cat-
alyzed reactions. Subsequently, these quantified kinetics will be used to investigate chal-
lenging innovative dynamic reactor concepts. The aim of this thesis is to study the reactor 
concepts and to validate the determined mechanistic reaction kinetics. 
 
Catalytic cycles To obtain universal reaction kinetics, mechanistic rate ap-
proaches are required. The basis of an adequate mechanistic rate approach is an estab-
lished catalytic cycle, which is often unknown or only partly. In homogeneous catalysis the 
identification of catalytic cycles occurs using spectroscopic methods such as UV/VIS, high-
pressure infrared spectroscopy, nuclear magnetic resonance spectroscopy, mass spec-
troscopy, extended X-ray absorption fine structure analysis or inductively coupled plasma 
emission spectroscopy (Behr, 2008; Beller et al., 2012). In contrast, in heterogeneous ca-
talysis detailed molecular studies often have to limit themselves to the investigation of 
single elementary steps of the overall catalytic cycle (Beller et al., 2012). For example 
Sattler et al. (Sattler et al., 2014) reveals several active sites on a CrOx/γ-Al2O3 catalyst. 
Using Raman and UV-VIS technique four different active oxidation states and chromium 
centers were observed. Thus, several catalytic cycles for one reaction are present. The 
experimental and model based catalytic cycle investigation is a challenging task. Never-
theless, transient and isotope-labeled kinetic studies as well as sophisticated ex situ and 
in situ spectroscopy measurements such as far-infrared spectroscopy in combination with 
density functional theory calculations (Koch and Holthausen, 2001) are global trends to 
reveal catalytic cycles (Baerns, 2004; Freund et al., 2011; Beller et al., 2012). In-situ spec-
troscopic analytic systems and quantum chemistry methods are improved all the time. 
Accordingly, detailed catalytic cycles are the basis of mechanistic kinetic rate approaches. 

In this work, the determination of catalytic cycles is beyond the scope. Rather well-
established chemical reaction mechanisms will be used in this thesis to derive kinetic rate 
approaches. 
 
Mechanistic models By means of a postulated catalytic cycle, global kinetic rate 
approaches for homogeneous and heterogeneous catalysis can be determined. There-
fore, the formalized “General Catalytic Cycle Kinetics (GCCK)” approach first suggested 
by Christiansen is used (Christiansen, 1931, 1935, 1953; Helfferich, 2004; Murzin and 
Salmi, 2005; Marin and Yablonsky, 2011). Based on the general catalytic cycle (Insertion 
↔ Reaction ↔ Elimination) the structure of several rate approaches is similar (Behr, 2008). 
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The generally admitted model basics for mechanistic rate law determination will be pre-
sented in section 2.1. The differences occurred only from variable cycle steps. Basic re-
quirement of this method is the pseudo-first order rate assumption of all elementary reac-
tion steps in the catalytic cycle considered. In addition, no step involves more than one 
intermediate active catalyst species. Using this methodology without any assumptions an 
equilibrium limited rate approach without rate determining step (rds) is obtained. However, 
justified chemical reaction mechanism assumptions reduce these usually overparameter-
ized rate approaches to a minimum (Körkel, 2002; Marin and Yablonsky, 2011). In addi-
tion, based on the rate law determination identified kinetic parameters and inhibition con-
stants can be directly related to certain cyclic steps. Thus, the corresponding parameter 
estimation and kinetic analysis reveal additional information about the reaction mecha-
nism. Furthermore, the development of advanced experimental measurements in order to 
identify the reactant concentration or temperature effect on specific cycle steps increases 
the mechanism knowledge. If these additional measurements are nonexistent, mathemat-
ical model reduction techniques are suitable. These methods allow the identification of ill-
conditioned parameter subsets in order to exclude the parameters from the estimation 
task. As a result, a reduced model with estimable parameters and small confidence inter-
vals can be suggested (Kiedorf et al., 2014; Kiedorf et al., 2016b). 
 
Structure of the thesis As aforementioned, the present thesis deals with the deter-
mination and quantification of mechanistic rate approaches for complex reaction networks 
in homogeneous and heterogeneous catalysis. Further, based on these reaction kinetics 
novel dynamic reactor concepts will be studied both model based and experimentally. The 
required model basics such as the GCCK approach (or Christiansen methodology), reac-
tion parameter estimation algorithm and reactor models independent from phases involved 
will be introduced in section 2. 

As reaction model cases are selected for the mechanistic reaction kinetic analysis in 
homogeneous and heterogeneous catalysis the hydroformylation of 1-dodecene (section 
3) and the total oxidation of ethylene and propylene (section 5), respectively. 

The hydroformylation reaction is one step in the production of synthetic material, dis-
solvers or dyestuffs. Until now the reaction is limited on short-chain olefins due to the lim-
ited solubility of long chain olefins in the aqueous catalyst phase (Behr, 2008). To establish 
renewable raw material as feedstock in hydroformylation process novel catalyst-ligand 
complexes and solvent systems were investigated by several researchers (Börner and 
Franke, 2016). In this work a thermomorphic solvent system in combination with a 
Rh/biphephos catalyst is applied (Brunsch and Behr, 2013). Parameter estimation is sup-
ported by reaction network decomposition and selectivity analysis. Using the determined 
and quantified reaction kinetic of the hydroformylation network, several dynamic continu-
ous operated process applications can be predicted and consequently optimal reaction 
properties identified (section 4). 

The total oxidation of volatile organic compounds in exhaust streams requires special 
attention in order to meet emission standards. The idea to purify these gases more energy-
efficient was studied several times (Silveston and Hudgins, 2012). Inspired by well-known 
countercurrent movement separation processes a promising innovative concept is the 
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Loop Reactor. The investigation of this novel reactor concept requires reliable reaction 
kinetic data in a broader concentration and temperature range. Based on this, the partial 
and total oxidation of ethylene, propylene separately and in mixtures, and carbon monox-
ide on a CrOx/γ-Al2O3 catalyst will be studied to describe the reaction kinetics in section 5. 
Using catalytic cycles, mechanistic kinetic models of all reactions will be derived. For re-
duction of adjustable parameters individually measured adsorption isotherms will be used 
to parameterize adsorption constants in the kinetic models. The complex reaction network 
will be decomposed in three sub-networks to support parameter estimation, to quantify 
and validate kinetic rate approaches. 

Based on the estimated reaction kinetics, the Loop Reactor concept suggested in 
1994 by Haynes and Caram (Haynes and Caram, 1994) will be introduced and studied 
model based in section 6. To reduce the computational effort the general model-study will 
be performed using a power law kinetic taken from (Haynes and Caram, 1994) for single 
and multi-component inlet conditions. Subsequently, an experimental evaluation of the 
Loop Reactor concept using an ethylene/propylene/air mixture will be shown on a special 
designed pilot plant. Selected experimental data will be validated using the complex reac-
tion kinetics for the total oxidation determined in section 5. 

General aspects and results of the concept applied to quantify reaction kinetics and 
their application in innovative reactor concepts will be summarized in the concluding sec-
tion 7. 
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2 Theoretical Basics 
The design and optimization of chemical reactors requires quantitative knowledge about 
the kinetics of the reactions involved (Levenspiel, 1999). The challenge in reaction kinetic 
investigation is the derivation of suitable mathematical expressions quantifying the impact 
of concentrations and temperature. There are several concepts to derive suitable rate 
equations. Hereby, the degree of detail depends on the precision required in order to 
achieve certain objective. Quite often simple empirical rate expressions, e.g. power laws, 
were found to be in good agreement with available experimental data. However, there are 
severe limits of such rate equations with respect to extrapolation (Helfferich, 2004). More 
realistic formulations of rate expressions evaluate in more detail subsets of the catalytic 
cycles formulated and exploited in homogeneous catalysis (Behr, 2008). Well-known com-
parable kinetic concepts in heterogeneous catalysis are the Langmuir/Hinshelwood/ 
Hougen/Watson or the Mars/van Krevelen mechanism (Helfferich, 2004; Baerns, 2006). 

The analysis performed in this thesis is based on a very general approach originally 
suggested by Christiansen already in the 1930’s (Christiansen, 1931, 1935, 1953). The 
approach quantifies in a very general way catalytic cycles and provides explicit expres-
sions in a generic way. The concept will be designated in this thesis as the “General Cat-
alytic Cycle Kinetics (GCCK)” approach. This GCCK approach was a long time ignored in 
the literature. The fact that it contains many widely used kinetic approaches as subsets 
was only recently elucidated and summarized (Helfferich, 2004; Murzin and Salmi, 2005; 
Marin and Yablonsky, 2011). These authors have demonstrated the potential of the GCCK 
approach investigating various reaction systems. The GCCK approach will be the unifying 
basis of this thesis. It will be applied to quantify the kinetics of selected reaction systems 
originating both from homogeneous and from heterogeneous catalysis. Due to a large 
number of unknown kinetic parameters arising from the mechanistically based GCCK ap-
proach, suitable model reduction techniques and statistical parameter evaluation methods 
are needed, which will be also evaluated and applied in this thesis. 

Parts of the theoretical work presented in section 2 are already published in the fol-
lowing two papers: 

1) G. Kiedorf, D.M. Hoang, A. Müller, A. Jörke, J. Markert, H. Arellano-Garcia, A. 
Seidel-Morgenstern and C. Hamel, Kinetics of 1-dodecene hydroformylation in a 
thermomorphic solvent system using a rhodium-biphephos catalyst. Chemical En-
gineering Science 115, 31–48, 2014 

2) G. Kiedorf, T. Wolff, A. Seidel-Morgenstern and C. Hamel, Kinetic analysis of the 
hydrocarbon total oxidation using individual measured adsorption isotherms, 
Chemie Ingenieur Technik 88 (11), 1746–1760, 2016 

In both papers the author of this thesis contributed as the first author essentially to the 
results presented. In paper 1 the contributions include the deviation of the mechanistic rate 
model for the isomerization of 1-dodecene and the derivation of the subset selection 
method. In paper 2 the contributions include the deviation of the Eley/Rideal and the 
Mars/van Krevelen rate laws originating from the GCCK approach. 
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2.1 Mechanistic kinetic rate models 
The mathematical fundamentals of an uniform derivation of mechanistic reaction rate ap-
proaches were introduced by Christiansen in the 1930’s (Christiansen, 1931, 1935, 1953) 
and recently “rediscovered”, reviewed and evaluated by several authors (Helfferich, 2004; 
Murzin and Salmi, 2005; Marin and Yablonsky, 2011). The “General Catalytic Cycle Kinet-
ics (GCCK)” approach assumes pseudo-first order rate laws for all elementary steps and 
includes explicitly one catalyst species. More than one catalyst species involved in the 
reaction mechanism cannot be handled by this GCCK approach. The general reaction rate 
formula of a Nstep catalytic cycle is given by eq. 2.1 (Helfferich, 2004; Murzin and Salmi, 
2005). 

� �� �

� �

� �
�� 	� 	


 ��
�


 

step step

ω ω
ω ω

cat
1 1

N N

j j
j j

c
r  (2.1) 

By means of using the individual forward (+) and backward (-) cycle step frequencies ωjω 
the pseudo-first order rate for an elementary reaction step assumption is achieved. The 
total catalyst concentration ccat yields from the sum of the concentration of the catalyst in 
resting state and all intermediate steps as well as sub and parallel reactions. The denom-
inator Ω corresponds to the Christiansen matrix and consider each intermediate catalyst 
concentration. The composition of the matrix for a general three step catalytic cycle follows 
eq. 2.2. The rigorous derivation of the Christiansen matrix will be omitted. 

2 3 1 3 1 2

1 3 1 2 2 3

1 2 2 3 1 3

restingstate
intermediate1
intermediate2
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� � � � � �
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� � � � � �

� � � � � �

� � �
� �� � �� �
� � �� �

 (2.2) 

Each row of the Christiansen matrix corresponds to 
the concentration of one catalyst species in the cycle 
involved (fig. 2.1). Accordingly, one row balances one 
catalyst species. 

In reaction networks, several reactions are cata-
lyzed by the same catalyst. Thus, the reaction rate can 
be inhibiting by one another if significant catalyst 
amounts are contained in other catalytic cycles. To 
avoid such behavior the catalyst amount has to be in 
excess (Helfferich, 2004; Murzin and Salmi, 2005). 

However, the method is not able to handle catalytic cycles with more than one catalyst 
species involved. Thus, the derivation of the Langmuir/Hinshelwood/Hougen/Watson 
(LHHW) rate model failed by the GCCK approach. Such rate approach has to be deter-
mined via the classical way (Helfferich, 2004; Murzin and Salmi, 2005; Baerns, 2006). 

To illustrate the application of the GCCK approach several mechanistic rate equations 
will be derived for selected examples in homogeneous and heterogeneous catalysis. As a 
model example in homogeneous catalysis the rhodium complex catalyzed isomerization 
of 1-dodecene will be presented in section 2.1.1. With respect to heterogeneous catalysis 
the total oxidation of short-chain hydrocarbons diluted in air on a CrOx/γ-Al2O3 catalyst will 
be considered and discussed in section 2.1.2. 

Catalyst

(resting state)

Catalyst

(intermediate 1)

Catalyst

(intermediate 2)

„arbitrary“

Figure 2.1: General three step 
catalytic cycle
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2.1.1 Application of the GCCK approach in homogeneous catalysis 
The hydroformylation of terminal olefins with carbon monoxide and hydrogen to the asso-
ciated aldehyde are a well-known example of successfully applying homogeneous cataly-
sis. Detailed information about this single reaction and the corresponding reaction network 
can be gleaned from section 3. As a selective and instructive example of the GCCK ap-
proach application in homogeneous catalysis the isomerization (iso) from the terminal 
(nOL) to branched olefins (iOL) will be presented in the following. 

In fig. 2.2 the respective catalytic cycle of the isomerization of long-chain olefins, ac-
cording to the Wilkinson catalytic cycle, is presented (Markert et al., 2013; Kiedorf et al., 
2014). Based on the catalyst in resting state the first step (ωiso,1) describes the olefin co-
ordination at the catalyst-ligand-complex. Afterwards this π-complex formed the alkyl-com-
plex in the second step (ωiso,2). Subsequently, a β-H-elimination (ωiso,3) is followed by the 
reductive elimination (ωiso,4) of the branched olefin, which completes the isomerization cat-
alytic cycle. By means of this reaction mechanism the overall reaction rate is expressed 
by the individual step frequencies ωjω and the sum of all involved catalyst species ccat. The 
resultant rate equation is shown in eq. 2.3. 

� �+ + + + - - - -
iso.1 iso.2 iso.3 iso.4 iso.1 iso.2 iso.3 iso.4 cat

iso + + + - + + - - + - - -
iso.2 iso.3 iso.4 iso.1 iso.3 iso.4 iso.1 iso.2 iso.4 iso.1 iso.2 iso.3
+ + + + - +
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c
r
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�

� � � �

� � � � - - -
.1 iso.2 iso.4� �

� �
� 	
� 	
� 	
� 	
� 	

 �

 (2.3) 

By substitution of all individual forward and backward step frequencies by the associated 
reaction step constants and the terminal and branched olefin concentration (e.g. ω+iso,1 = 
k+iso,1·cnOL), respectively, the eq. 2.3 can be replaced. 
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 (2.4) 

If the step reaction constants from step 2, 3 and 4 are excluded and rearranged, the eq. 
2.4 results in eq. 2.5. 
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Figure 2.2: Postulated catalytic cycle for the isomerization of long-chain olefins at a rhodium catalyst sup-

ported by a biphephos ligand based on a Wilkinson reaction mechanism (Markert et al., 2013; 
Kiedorf et al., 2014) 

If no further assumptions are considered (i.e. a rate determining step) and a lumped rate 
constant kiso, a lumped equilibrium constant Keq,iso and three lumped inhibition parameters 
Kα,…,γ,iso are used, eq. 2.5 can be finally written simpler: 
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1
iso nOL iOL eq,iso cat

iso
α,iso nOL β,iso iOL γ,iso1

k T c c K c
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 (2.6) 

The application of the overall isomerization kinetic equation determined by the GCCK ap-
proach within the hydroformylation reaction network analysis will be presented in section 
3. The derivation of corresponding overall kinetic rate equation for the other sub-cycles in 
the hydroformylation network, shown in fig. 3.2, describing the hydrogenation and hydro-
formylation can be performed in an analogous manner. The final set of kinetic equations 
will be shown in section 3.2.5. Details regarding the derivation of these expressions will be 
provided in the appendix A.1. 

In the following, the GCCK approach will be applied to quantify the rates of heteroge-
neously catalyzed reactions. 

2.1.2 Application of the GCCK approach in heterogeneous catalysis 
Studying heterogeneously catalyzed systems additional phase equilibria data of the com-
ponents involved have to be considered in kinetic modeling. Moreover, the identification 
of catalytic cycles is hindered by missing in-situ spectroscopic techniques. Therefore, the 
GCCK approach was applied so far rarely for heterogeneously catalyzed reactions. In or-
der to demonstrate its corresponding potential, the total oxidations of gaseous short-chain 
hydrocarbons (ethylene and propylene) and carbon monoxide diluted in air on a solid cat-
alyst (CrOx/γ-Al2O3) will be studied. 

In this thesis, detailed information regarding the total oxidation reaction mechanisms 
are not available. Therefore, the formulation of mechanistic kinetic rate approaches via the 
GCCK approach is based on well-established simplified reaction mechanisms such as e.g. 
the Mars/van Krevelen and Eley/Rideal mechanisms. Irrespective of the chemical equation 
two established major reaction mechanisms exist. The selection depends on the oxygen 
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storage capacity of the active catalyst species. If no or only slightly lattice oxygen capaci-
ties available, adsorption–desorption mechanisms are often validated (Helfferich, 2004; 
Baerns, 2006). If the catalyst species provide lattice oxygen as well, an oxidation–reduc-
tion mechanism can be observed (Mars and van Krevelen, 1954; Murzin, 2013). However, 
oxidation reactions consume lattice, adsorbed and gas phase oxygen, respectively (Yao, 
1973; Heynderickx et al., 2010a; Gómez et al., 2014), which complicates the catalytic cycle 
identification even more. 

For demonstration of the derivation of mechanistic rate laws in heterogeneous catal-
ysis the adsorption based Eley/Rideal and the oxidation–reduction mechanism (Mars/van 
Krevelen) will be shown in this section. A schematic illustration of the ER mechanism for 
the hydrocarbon total oxidation is presented in fig. 2.3. In this figure, oxygen O2 adsorbs 
at the active catalyst species first. Afterwards the short-chain hydrocarbon CnH2n (HC) re-
acts with the adsorbed oxygen from gas phase. The reaction products (carbon dioxide 
CO2 and water H2O) can adsorb at the catalyst surface and limit the free adsorption sites 
as well. This mechanism results in a three steps catalytic cycle. Moreover, two competitive 
inhibition steps for the carbon dioxide and water adsorption at the active catalyst species 
in resting state occur, respectively. The resultant mechanistic kinetic reaction rate de-
scribed by the forward and backward single step frequencies without the dissociation step 
of the adsorbed oxygen can be written in general as follows (eq. 2.7): 

� �
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c
r
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 (2.7) 

Working from the assumption of a rate determining step (ω2+  ω1+ and ω2+  ω1-) and 
irreversible reaction step (ω2- = 0) the kinetic rate law can be reduced to: 
 

 
Figure 2.3: Schematic illustration of an adsorption reaction mechanism where adsorbed oxygen react with 

a hydrocarbon molecule from the gas phase (Eley/Rideal mechanism) and the corresponding 
catalytic cycle of the total oxidation of an olefin in gas phase and dissociated oxygen to carbon 
dioxide and water (Kiedorf et al., 2016b) 
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By inserting the individual step constants and the corresponding partial pressures (i.e. ω+2 
= k+2·pHC) and exclude the desorption constant of oxygen in the denominator, the reaction 
rate becomes to: 
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 (2.9) 

Using the adsorption equilibrium constant of oxygen (KO2 = k1+/k1-) the reaction rate ap-
proach of the ER mechanism follows eq. 2.10: 

� �
� �

ER O2 O2 HC cat
ER

O2 O2 CO2 CO2 H2O H2O1
k T K p p c

r
K p K p K p

�
� � �

 (2.10) 

This approach corresponds to the general ER equation. If oxygen dissociation is consid-
ered, eq. 2.10 can be reformed to the universal eq. 2.11. 
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The description of the phase equilibria as well as the quantification of the single component 
and mixture adsorption constants Kjc can be realized by adsorption isotherm measure-
ments. Typical adsorption isotherm models will be presented in section 5.4.1. 

As a second case study for the GCCK approach in heterogeneous catalysis, the oxi-
dation of carbon monoxide to carbon dioxide (CO + 0.5 O2 ↔ CO2) is investigated. Using 
a chromium catalyst (CrOx/γ-Al2O3), a MvK mechanism can be often validated (Murzin and 
Salmi, 2005). A schematic illustration of the carbon monoxide oxidation via the MvK mech-
anism is shown in fig. 2.4. The oxygen is provided directly from the active species via a 
catalyst reduction. Consequently, the catalyst species have to re-oxidize by gas phase 
oxygen. The resulting catalytic cycle is illustrated in fig. 2.4 as well. For a two-step catalytic 
cycle, the mechanistic rate approach follows eq. 2.12. 
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MvK + +
red ox red ox
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� �

� �
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�

� � �
 (2.12) 

Insertion of several step kinetics (e.g. ω+1 = k+1·pCO) yields in eq. 2.13. 

� �
+ + - -
red CO ox O2 red CO2 ox

MvK + + - -
red CO ox O2 red CO2 ox

k p k p k p kr
k p k p k p k

�
�

� � �
 (2.13) 

Assuming an irreversible catalytic cycle, eq. 2.13 can be reduced to the general MvK re-
action kinetic equation (eq. 2.14). 
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Considering the assumptions used in deriving the ER and MvK reaction mechanisms, it 
can be shown that the resulting rate expressions form subsets of the general rate equa-
tions obtained from the GCCK approach. However, this applied reaction mechanism re-
duction approach by assuming rate determining steps or irreversible catalytic cycle steps  
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Figure 2.4: Schematic illustration of a reduction–oxidation reaction mechanism using the example of the 

carbon monoxide oxidation on a CrOx/γ-Al2O3 catalyst and the resulting catalytic cycle (Mars/van 
Krevelen mechanism) (Kiedorf et al., 2016b) 

 
illustrates the flexibility of the GCCK approach. Accordingly, using these two instructive 
examples the GCCK approach could be successfully demonstrated. 

However, especially in heterogeneous catalysis reaction mechanisms where an ad-
sorbed species react with one another are in common practice. But this general approach 
is not able to handle more than one active catalytic site in a cycle, which limits this meth-
odology (Helfferich, 2004). 

The rate laws derived in section 2.1 postulate ideal gas or liquid phase behavior of the 
reactants and products. If no ideal behavior is assumed the concentration of liquid phase 
components can be described by the activity coefficient and gas phase components by 
the fugacity coefficient (Atkins and Paula, 2006). 
 

2.2 Parameter estimation, statistical evaluation and model reduction 
techniques 

The section 2.1 presented the mechanistic rate models derivation. Dependent on the num-
ber of single reaction steps, a multiplicity of kinetic parameters is available. To quantify 
such models, an appropriate parameter estimation is required. In chemical engineering 
the model structure of material and energy balances with respect to the kinetic parameters 
is mostly nonlinear. The basic algebraic nonlinear equation is defined by eq. 2.15. The 
observed model response vector yobsmod depends on the model input yin and the free opti-
mization parameter vector Θopt. 

� �mod in
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The nonlinear model equation system is presented by the material and thermal energy 
reactor balances, which will be explained in detail in section 2.3. In order to obtain the 
reactor or process optimum the model response varied between final concentrations and 
the integral performance parameters. The most established performance parameters are 
the reactant conversion Xreactant (eq. 2.16) as well as the product selectivity Sproduct (eq. 
2.17) and the yield Yproduct (eq. 2.18), respectively. 
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The integral reactant conversion is defined as the ratio of converted reactant to the 
feed substance. Generally, the conversion is stated to the limiting or valuable reactant. In 
case of continuous operated reactors, the conversion is calculated using the molar flux. 
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reactant 0
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n nX
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�
�

0
reactant reactantn n0
reactant

0
reactantn  (2.16) 

The integral selectivity describes the ratio of the formed product to the consumed reactant 
in consideration of the stoichiometric factors of the components νjc. Thus, the selectivity is 
a characteristic for the reaction pathway in a complex reaction network. 
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The product yield is the ratio of the formed product to the reactant feed in consideration of 
the stoichiometric factors as well. A further possibility to describe the product yield is given 
by the product of the conversion and selectivity. 
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2.2.1 Objective functions 
To quantity the model agreement with observed experimental data, the sum of squares of 
residuals SSR is used. In general, the iterative minimization procedure of the objective 
function requires an initial optimization parameter set. By means of these values, an opti-
mization technique and a suitable objective function, the SSR minimum can be found. 
Unfortunately, the improved parameter outcome is significantly affected by these influenc-
ing factors (Joshi, 2007). 

If no information of measurement errors is available the ordinary least square (OLS) 
method (eq. 2.19) is commonly used (Bates and Watts, 2007). Therefore, an inde-
pendently and identically measurement error distribution is assumed. This type of objective 
function will be applied in kinetic parameter estimation in sections 3.5 and 5.5. 
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The advanced weighted least square (WLS) method (eq. 2.20) is used to weight all terms 
to the corresponding experimental value. Thus, differences in size can be compensated, 
which supports parameter estimation. Here, too, no experimental measurement error in-
formation is included. This type of objective function will be applied in section 5.4. 
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More sophisticated SSR approaches including experimental data error distribution are pre-
sented in (Joshi, 2007). 



2.2 Parameter estimation, statistical evaluation and model reduction techniques 

15 

2.2.2 Optimization methods and procedure 
As aforementioned in section 2.2.1, the numerical kinetic parameter estimation can be 
explained as an optimization problem (Joshi, 2007). In this iterative process, the SSR will 
be minimized to obtain the estimated parameter vector. The selection of the optimizer af-
fects the estimation results significantly. The used optimizer methods are the Levenberg-
Marquardt and the trust-region-reflective algorithms, which are already implemented in the 
modeling software MatLab®. Therefore, the introduction of the algorithms will be given 
shortly below. 

The Levenberg-Marquardt algorithm is a combination of the Gauss-Newton method 
and the Steepest-Gradient algorithm. Because of using the sequential quadratic program-
ming divergent oscillations can be avoided. Thus, the algorithm converges to a solution 
with a high probability. Simply the calculating time increase for initial values close to solu-
tion (Levenberg, 1944; Marquardt, 1963; Joshi, 2007). 

The trust-region-reflective algorithm based on the Levenberg-Marquardt method. This 
optimizer uses an approximation of the real objective function by a simpler function, which 
reasonable reflects the SSR close to the initial point. Standardly a quadratic approximation 
by the first two terms of the Taylor series is given (Moré and Sorensen, 1983). The actual 
computing occurs at the trust region sub-problem. However, the maximum step size de-
pends on the quality of the approximate function and is limited deterministically (Papageor-
giou, 2006). 

However, if there are no suitable initial optimization values available, the identification 
of kinetic parameters is difficult. For that reason, the estimation procedure was carried out 
in two steps (Toch et al., 2015). At first, initial values were generated using an isothermal 
regression at each of the experimental investigated temperatures. The second step in-
cludes a non-isothermal regression based on the initial values of the first regression. The 
modeling of the thermal effect in reaction engineering is considered in the rate constant 
(see eqs. 2.6, 2.11 and 2.14) by the classical Arrhenius approach (eq. 2.21). 
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However, to minimize parameter correlations special formulations of the Arrhenius ap-
proach were developed. In this work, a transformation introduced by (Schwaab and Pinto, 
2007) is used that allows to estimate the activation energy EA and the frequency factor k∞ 
independently (eq. 2.22). 
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In this approach, a reference temperature Tref is used to estimate on the one hand the ratio 
of the activation energy, universal gas constant and the reference temperature (Θopt,2) and 
on the other hand the sum of the first parameter and the logarithm of the frequency factor 
(Θopt,1). Subsequent, the reference temperature can be canceled out within the final for-
mulation. Thus, finally the general Arrhenius approach (eq. 2.21) can be applied. An alter-
native Arrhenius equation formulation is defined in eq. 2.23. 
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This transformation of the Arrhenius approach is used to reduce the parameter correlation 
between the frequency factor k∞,jR and the activation energy EA, which improves the kinetic 
parameter estimation. An example will be given for the hydroformylation of 1-dodecene in 
sections 3 and 4. 

2.2.3 Model reduction techniques 
After introducing the general framework, below concepts will be introduced and discussed 
devoted to reduce the sizes of the models originating from the GCCK approach. The diffi-
cult inverse parameter estimation problems will be treated in this thesis by means of reac-
tion network decomposition and mathematical model reduction techniques. 

The general problem in quantifying kinetics within complex reaction networks is the 
large number of difficult to estimate and often correlated parameters (Körkel, 2002; Marin 
and Yablonsky, 2011). As a consequence, the analysis of experimental data causes ill-
posed inverse parameter estimation problems and tends to give parameter values with 
huge confidence intervals. Research in this field was focused on answering questions of 
identifiability, correlation and predictability of model parameters, initially mainly in the field 
of linear systems and control theory. (Bellman and Åström, 1970) defined the concept of 
structural identifiability and (Reid, 1977) developed a method for linear systems based on 
sensitivity identifiability, which takes the sensitivity of states with respect to the parameters 
into account. More recently, (Brun et al., 2001) considered nonlinear systems and the ei-
genvalues of sub-matrices of the Fisher-Information matrix FIM, to determine identifiability 
of parameters. These efforts inspired the development of the concept of parameter subset 
selection exploiting singular value decomposition and rank revealing QR factorization tech-
niques (Saad, 2003; Fink et al., 2007; Cintrón-Arias et al., 2009), which will be described 
below. 

Further model reduction techniques are referred to additional experimental or reaction 
mechanistic information. Using additional experimental data, thermodynamic and kinetic 
effects can be separated strictly in parameter estimation. Using additional chemical reac-
tion mechanistic assumptions, complex reaction kinetic rate laws can be simplified and the 
number of estimation parameters can be reduced considerably. Examples leading to 
model reduction are the assumption of rate determining steps or irreversible reactions. 

Mathematical model reduction technique Assuming, that the objective function 
SSR of the parameter estimation task is of some least square type of the model errors (eq. 
2.19), the Newton algorithm can be used as the standard optimizer method to solve the 
problem with a quadratic approximation (eq. 2.24) in order to obtain the minimum (eq. 
2.25). 
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Thus, the optimization parameter vector for the next iterative step is possible (eq. 2.25) if 
the inverse of the Hessian matrix exists. 
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Moreover, the Hessian matrix can be approximated with the Jacobian matrix for small cur-
vature as follows: 
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Therefore, a relaxed conclusion is that optimal parameter values can be found if the Jaco-
bian matrix of the objective function is invertible. Since S is the inner derivation of the 
Jacobian matrix with respect to the optimization parameter vector Θopt, it is sufficient to 
test only the invertibility of S. The sensitivity parameter S is dependent on the related initial 
settings and the control profiles of each observed data. Therefore, by knowing all per-
formed and planned experiments and first guesses of the whole parameter set, it can be 
concluded that all parameters are estimable if S is invertible. The parameter sensitivities 
can be defined by the derivatives of the observed model with respect to the optimization 
parameters (eq. 2.28 or in matrix from in eq. 2.29). 
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The inner derivatives of the Jacobian matrix can be solved using the analytical solutions 
or approximated numerically for instances by applying one-sided (eq. 2.30) or symmetric 
difference equations (eq. 2.31). 
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For the determination of the difference ΔΘopt,jΘ several approximations are commonly. 
Mostly conventional the product of the machine accuracy and the estimation parameter is 
used. 

If experimental observations are not available for steady state conditions, parameter 
sensitivities could be time dependent. Dynamic operations offer the possibility to increase 
parameter sensitivities and estimability. The first derivative of the parameter sensitivity (eq. 
2.28 or eq. 2.29) with respect to time can be defined as follows: 
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Based on parameter independent initial conditions, the initial condition of the sensitivity 
can be set zero (S(t=0) = 0). The identification of the well-conditioned parameter set pro-
ceeds in two steps. Hereby the number of well-conditioned parameters can be found with 
the singular value decomposition (SVD). For the first step, the Fisher-Information matrix 
(eq. 2.27) is decomposed by the SVD into a product of three matrices: 

SVD
FIM U V� !  (2.33) 

with the diagonal-matrix Ε which is formed by the singular values j : 
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Useful quantities are the condition number κj , which evaluate the ratios of the maximum 
singular value max to any other singular values j  (eq. 2.35). 
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A matrix is well-conditioned or non-singular if an inequality is fulfilled for all singular values 
(Saad, 2003; Grah, 2004). Therefore, several empirical (Saad, 2003; Grah, 2004; Joshi, 
2007; Barz et al., 2013; Kiedorf et al., 2014; Jörke et al., 2015b) criteria are introduced. 
The number of well-conditioned parameters can be concluded from the number of those 
κj  fulfilling the tolerance condition tol (eq. 2.35). 

Subsequently the parameters can be sorted by their decreasing sensitivities by a rank 
revealing QR-decomposition (QRD) algorithm (Hong and Pan, 1992). 
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QRD

FIM QR FIM P  (2.36) 
The most important information from the QR-decomposition is the feat that the permutation 
matrix P sorts the columns of the FIM in a way that the corresponding singular values j  
decrease sequentially (Hong and Pan, 1992). If the sorted sensitivity matrix FIM·P is re-
duced by taking only the first columns of the matrix product, the corresponding well-con-
ditioned parameters can be identified and the parameter estimation problem becomes 
well-conditioned regarding the selected parameter subset. Accordingly, the subset selec-
tion method described above, allows reducing complex model, like the GCCK approaches 
introduced in section 2.1, in order to get in a rational way reduced models. The method 
was several times successful applied (Fink et al., 2007; Barz et al., 2013; Kiedorf et al., 
2014; Jörke et al., 2015b). 

Further methods to reduce complexity In contrast to the above, the applica-
tion of mechanistically model reduction techniques is also possible. In many reaction 
cases, a rate determining reaction step, irreversible reactions or quasi steady state ap-
proximations are available. With such assumptions the number of unknown kinetic param-
eters can be reduced (Helfferich, 2004; Murzin and Salmi, 2005). This kind of model re- 
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duction was already illustrated in section 2.1. 
Additionally, adsorption and desorption steps of reactants and products in heteroge-

neous catalytic cycles can be included, too. Such additional “up- and downstream” reaction 
steps can be eventually measured separately. Thus, kinetic parameter estimation can be 
simplified and the physical meaning of model parameters is conserved by strictly separa-
tion of kinetic and thermodynamic effects (see also section 5.4) (Pöpken et al., 2000; 
Kiedorf et al., 2016a, 2016b). 

Another bottom-up approach as model reduction technique is to evaluate sequentially 
data sets of increasing complexity, starting with the smallest sub-network and ending with 
the complete network, as presented e.g. by (Hu et al., 2011) and applied below in the 
sections 3.5 and 5.5 (Kiedorf et al., 2014; Kiedorf et al., 2016b). 
 

2.2.4 Statistical evaluation of estimated parameters 
The application of the parameter sensitivity is widely used to analyze the statistical signif-
icance of estimated parameters. The Fisher-Information matrix (FIM) with dimension 
NΘ × NΘ was already introduced in connection with the subset selection method (eq. 2.27). 
The confidence interval according to the Cramer-Rao inequality is defined by eq. 2.37 
(Ljung, 1999; Joshi, 2007). 

� ��& � ��

�
#

12
ˆ

j j jFIM  (2.37) 

The variance σ2 of all observations (eq. 2.38) is based on the ordinary SSR (eq. 2.33) di-
vided by the degree of freedom (df = Nobs – NΘ). A weighted SSR (eq.2.20) can be applied 
as well. 
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Using the quantile of the Student-t distribution, the lower and upper confidence interval of 
an optimization parameter Θopt,jΘ is defined in eq. 2.39. 
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Using the Student-t distribution, the confidence interval of the estimated parameter is a 
function of the level of significance α (e.g. 99.9 %, 97.5 % or 95 %). Often the relative 
notation of the parameter uncertainties is preferred. 
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Using the eqs. 2.27-2.31 and 2.37-2.40, the confidence interval of an estimated parameter 
can be identified. However, the Cramer-Rao inequality (eq. 2.37) calculates correctly only 
the lower confidence interval. Nevertheless, mostly the upper bound as described by this 
method is considered as well (Joshi, 2007). 
 

2.3 Reactor models 
To accomplish an identification and quantification of mechanistic kinetic rate equations, 
also suitable models are needed describing the laboratory reactors used to generate the 
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experimental data basis. Therefore, in this section various reactor models valid for different 
types of reactors and operation modes will be shortly presented. In chemical reaction en-
gineering, reactors are first classified in regard to the phases involved (Levenspiel, 1999; 
Baerns, 2006; Beller et al., 2012). Homogeneously catalyzed liquid reaction systems are 
often realized using stirred tank reactors (fig. 2.5a). Using such ideal mixed system, large 
specific interphases (i.e. gaseous/liquid) can be achieved. Thus, no mass transport limita-
tions exist (Behr, 2008). Heterogeneously catalyzed systems (i.e. gaseous reactants/solid 
catalyst) are often performed using tubular reactors (fig. 2.5b). Modeling heterogeneously 
catalyzed systems, phase characteristics and transport phenomena are relevant and have 
to be considered in reactor modeling (see void fraction ε in fig. 2.5b) (Helfferich, 2004; 
Baerns, 2006). In gaseous/solid systems the coupling between the solid and fluid phases 
is typically established by adsorption equilibria. These equilibria relate the partial pres-
sures pjc in the fluid phase to the loading in the solid phase qjc, typically in a nonlinear 
manner (i.e. Langmuir adsorption model). Detailed information on adsorption isotherm 
models will be given in section 5.4. 

In this thesis three different types of reactor models will be used. The homogeneously 
catalyzed reactions will be investigated using a stirred tank reactor applying batch, semi-
batch and continuous operation mode (section 2.3.1). The heterogeneously catalyzed sys-
tem will be studied using a continuously operated tubular reactor (section 2.3.2). Finally, 
a challenging innovative multi fixed-bed Loop Reactor concept will be studied, for which 
two different reactor models will be introduced in section 2.3.3. 

2.3.1 Stirred tank reactor models 
Stirred tank reactors (fig. 2.5a) are mainly applied to carry out liquid phase reactions. Var-
ious operation modes are conceivable. In industry, the continuous mode is mainly used. 
In lab scale or to increase flexibility and control batch and semi-batch experiments are 
useful (Helfferich, 2004). For kinetic parameter investigation, dynamic (perturbed batch) 
experiments are suitable as well. In such experiments one or more reactants are dosed 
additionally after a certain reaction time. The resulting transient reactor dynamics can be 
used to estimate the kinetic parameters more precisely. The evaluation of the concentra-
tion profiles versus time can be performed considering the applied tank reactors as per-
fectly mixed and the gas phases as ideal. Frequently, it can be assumed that the reactions 
take place exclusively in the liquid phase. Coupled component material balances in the 
gas (partial pressure pjc) and liquid phase (concentration cjc) are presented in eq. 2.41 and 
eq. 2.42, respectively (Baerns, 2006; Kiedorf et al., 2014). 
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In eq. 2.42 there are NR reactions assumed taking place in the liquid phase. The rates are 
proportional to the concentration of the active catalyst in resting state ccat,rs. Besides the 
reaction rate models rjR, the solution of eqs. 2.41 and 2.42 requires knowledge regarding 
the phase equilibrium (pjc*, cjc*) and the mass transfer coefficients keff,jc. Further parame- 
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Figure 2.5: Schematic principle of (a) continuous stirred tank reactor (CSTR) and (b) a single tubular tank 

reactor including catalyst particles (packed bed reactor) 
 
ters are the residence time τ, molar catalyst mass M̃cat and the stoichiometric coefficient 
νjRjc. Further for solving the system of ordinary differential equations (eqs. 2.41 and 2.42) 
the closure condition of the fluxes between the gas and the liquid phase (Jgas = Jli) and the 
appropriate initial conditions are required (appendix B.3). 
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To avoid parameter correlations in kinetic investigations, isothermal experiments are pref-
erable (Helfferich, 2004). In case of non-isothermal experimental conditions, the energy 
balance is needed (eq. 2.44). The energy balance of the applied continuous stirred tank 
reactor (CSTR) model includes the accumulation, convection, reaction term and the heat 
transfer through the reactor-shell. For calculations the following parameters are required: 
total concentration ctot, heat capacity cp, total volumetric flux V̇tot, reaction enthalpy ΔhR,jR, 
heat transfer coefficient kW, reactor circumference Useg and surface AB. 
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The determined reactor model for stirred tank reactors (eqs. 2.41–2.44) is valid for batch, 
semi-batch and perturbation operation modes. To distinguish these operation modes dif-
ferent boundary conditions, have to be applied as listed in tab. 2.1. 
 
Table 2.1: Boundary conditions for different operation modes of the applied stirred tank reactor model (eqs. 

2.41-2.44) 

 Batch Semi-Batch Dynamic (Perturbation) 

Inlet 
pjcin = 0 
cjcin = 0 

pjcin ≠ 0 
cjcin ≠ 0 

pjcin(t<tper) = 0 pjcin(t=tper) ≠ 0 pjcin(t>tper) = 0 
cjcin(t<tper) = 0 cjcin(t=tper) ≠ 0 cjcin(t>tper) = 0 

Outlet 
pjcout = 0 
cjcout = 0 

pjcout = 0 
cjcout = 0 

pjcout = 0 
cjcout = 0 

 

2.3.2 Model of single tubular reactor 
Tubular reactor models are more complex than perfectly mixed tank models. Froment and 
Bischoff (1990) classified continuum models of tubular reactors according to the phases 
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involved. In heterogeneous catalysis models will be distinguished between pseudo-homo-
geneous and heterogeneous phases consideration (Baerns, 2006). 

Below, the material balances were formulated considering a pseudo-homogeneous 
ideal plug flow tubular reactor (PFTR) model, neglecting interphase transport limitations 
and radial gradients corresponding to the experimental equipment used. The correspond-
ing balance of each component in the fluid phase (eq. 2.45) contains an accumulation, 
axial convection and the reaction term. If no transient behavior needs to be considered in 
kinetic modeling the accumulation can be neglected. 
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The initial and boundary conditions are defined by: 
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The pressure drop and the gas phase velocity across the catalyst bed can be correlated 
using the semi-empirical Ergun–equation (eq. 2.47) which includes the dynamic viscosity 
ηtot, the catalyst particle diameter dP, the total gas density ρtot and the gas velocity ugas. 
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More detailed information for the Ergun–equation can be found in (Ergun and Orning, 
1949; Ergun, 1952; Giese et al., 1998). 

Based on the individual adjustable volume-surface-ratio of a reactor tube the heat 
transfer through the reactor shell can be improved. Thus, various thermal operation modes 
are useable. As aforementioned kinetic experiments should be organized isothermal to 
avoid superposed heat transport phenomena (Helfferich, 2004). If an isothermal operation 
mode in kinetic experiments is not realistic because of e.g. high exothermicity, a tempera-
ture profile calculation along the length of the catalytic fixed-bed is required based on an 
energy balance (see next section). 

2.3.3 Models of reactor cascade (Loop Reactor) 
The Loop Reactor (LR) concept exploits a tubular reactor cascade with time variable in- 
and outlet ports (fig. 2.6a). The design and working principle will be explained in detail in 
section 6. Based on the (single) tubular reactor model (eq. 2.45), the mass balance can 
be defined for each reactor segment in an analogues manner. In addition to the simplified 
tubular tank reactor model, axial dispersion is included leading to the following mass bal-
ance: 
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The initial and boundary conditions according to eq. 2.46 will be extended to (Danckwerts, 
1953):
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Figure 2.6: (a) Principle of the Loop Reactor exploiting a periodic operated reactor cascade of Nseg catalytic 

fixed beds based on periodically switching in- and outlet positions in the gas flow direction and 
(b) the corresponding true moving bed reactor model for an infinite number of segments (Zahn 
et al., 2011) 

 
The individual specific diffusion component coefficients Djc are substituted by effective dif-
fusion coefficients Deff available for all components (appendix B.4) (Froment and Bischoff, 
1990). 

The Loop Reactor concept is based on the recycling the heat of the exothermal reac-
tion to heat up the gas phase at the reactor entrance (see also section 6). To guarantee a 
stable ignited state the energy loss across and between the catalytic fixed beds have to 
be marginal. Adiabatic reactor behavior is most desirable. 

The corresponding adiabatic pseudo-homogeneous energy balance for the fluid 
phase is shown in eq. 2.50. 
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With the initial and boundary conditions: 
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The effective axial heat dispersion will be described by the heat conductivity coefficient 
λeff, which depends on the system properties and gas phase velocity (Verein Deutscher 
Ingenieure, 2006). 

The numerical solution of the catalytic steady state of the transient pseudo-homoge-
neous LR model (eqs. 2.48 and 2.50) is quite time-consuming (Nieken et al., 1995; Shein-
tuch and Nekhamkina, 2005; Zahn, 2012). To decrease the simulation efforts for paramet-
ric studies the use of reduced models is desirable. For that reason, several concepts for 
model reduction of periodic operation of multi-bed processes were introduced. First the 
use of just mean internal profiles are suitable (Zahn, 2012). A second approach is based 
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on assuming an infinitely fast switching asymptote which results in a true countercurrent 
process (Nieken et al., 1995; Sheintuch and Nekhamkina, 2005; Zahn, 2012). 

As a useful simulation model to describe the LR concept the true moving bed coun-
tercurrent reactor (TMBR) process model is used in this work. In the chromatography com-
munity, this model approach is well-established and widely applied (Ruthven and Ching, 
1989; Haus et al., 2007; Rajendran et al., 2009; Schmidt-Traub et al., 2012). Also in reac-
tion engineering to model the LR concept the TMBR model has been successfully used 
(Zahn, 2012). The schematic principle of the TMBR model is shown in fig. 2.6b. Additional 
to the switched LR model a continuous movement of the solid catalyst phase us is consid-
ered. The material balance of the periodically operated LR concept (eq. 2.48) is also valid 
for the TMBR model. 

The corresponding continuous model thermal energy balance equation is eq. 2.52. 
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It needs to respect the corresponding initial and boundary conditions (Danckwerts, 1953): 
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More details of the LR model used later will be given in section 6 and appendix B.4. 
 

2.4 Conclusions 
The mechanistic kinetic rate analysis described above was based on postulated catalytic 
cycles. Both for homogeneous and heterogeneous catalysis, a powerful tool for providing 
mechanism based rate models is provided by the “General Catalytic Cycle Kinetics 
(GCCK)” approach originally suggested by Christiansen. Using this approach, complex 
reaction rate models can be derived for different phase situation (Helfferich, 2004; Murzin 
and Salmi, 2005). However, the derived mechanistic rate approaches generate a multitude 
of unknown kinetic and thermodynamic parameters. To estimate these parameters from 
experimental data, an adequate experimental design is required. Regarding homogene-
ous catalysis several spectroscopic methods are suitable to identify and quantify single 
elementary cycle steps. In heterogeneous catalysis detailed molecular studies are more 
difficult and face often limits. After parameter estimation, frequently correlations are ob-
served. Then, mathematical model reduction techniques, as e.g. the subset selection 
method, or dedicated additional measurements are necessary. 

By means of the described GCCK approach and the introduced reactor models, the 
kinetic parameter estimation as well as parametric studies will be possible for stirred tank 
reactors and single tubular and multi fixed-bed tubular reactors. Two different reaction 
system examples will be studied in detail in Part II and Part III, respectively. 
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Part II 
Analysis of a Homogeneously 

Catalyzed Reaction 
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3 Reaction Network and Kinetics of the Hydroformyla-
tion of 1-Dodecene 

This section describes results of studying a challenging example of a homogeneously cat-
alyzed reaction, namely the hydroformylation of the long-chain olefin 1-dodecene. Several 
sub-networks and the total reaction network were studied separately performing numerous 
batch runs (section 3). Analyzing the acquired experimental data kinetic parameters for 
the main and most important side reactions were estimated sequentially. Subsequently, 
the determined reaction kinetics were applied for analyzing other operation modes beyond 
batch operation (section 4). Finally, additional perturbation experiments were carried out 
to validate and improve the reaction kinetics, respectively. 

The results presented in this section regarding the reaction kinetic analysis were ac-
quired within in a DFG-funded larger project (SFB-TR 63). Parts of them were already 
published in: 

G. Kiedorf, D.M. Hoang, A. Müller, A. Jörke, J. Markert, H. Arellano-Garcia, A. 
Seidel-Morgenstern and C. Hamel, Kinetics of 1-dodecene hydroformylation in a 
thermomorphic solvent system using a rhodium-biphephos catalyst. Chemical En-
gineering Science 115, 31–48, 2014 

The author of this thesis contributed essentially to the results presented in this paper. His 
contribution was the reaction network analysis of the sub- and overall network and the 
determination of the mechanistic rate models for the isomerization, hydrogenation and hy-
droformylation of 1-dodecene. 
 
The hydroformylation of olefins, also designated as oxo synthesis, is a reaction where 
alkenes react with hydrogen and carbon monoxide in the presence of transition metal cat-
alysts (e.g. cobalt or rhodium and suitable ligands) to form terminal and branched alde-
hydes. The general scheme is illustrated for the hydroformylation of a terminal olefin. 

 
Hydroformylation is an important building block synthesis and a well-known example of 
successfully applying homogeneous catalysis. A large amount of complexes between tran-
sition metals and various ligands were investigated in the last decades (Behr, 2008). 

The major industrial application of hydroformylation converts short-chain olefins using 
the Ruhrchemie/Rhône-Poulenc process. This process exploits an aqueous biphasic cat-
alytic system, wherein the catalyst is soluble in the aqueous phase and the reactants and 
products are present essentially in the organic phase, respectively (Beller et al., 1995; 
Wachsen et al., 1998; Desset and Cole-Hamilton, 2009). The separation of the formed 
aldehydes and the precious rhodium is a critical issue in industrial scale (Fang et al., 2007; 
Janssen et al., 2010; Fang et al., 2011). The formed desired terminal aldehyde is used as 
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raw material for a broad range of products, e.g. synthetic materials, dissolvers or dyestuffs. 
The current industrial application of the hydroformylation reaction is limited to the conver-
sion of short-chain olefins (<C8) due to the limited solubility of long-chain olefins in the 
aqueous catalyst phase (Haumann et al., 2002; Dwars et al., 2005; Desset et al., 2009). 
Therefore, in the last few years considerable efforts were made to develop novel catalyst-
ligand complexes and solvent systems. It could be shown that high aldehyde yields at 
simultaneously high olefin conversions could be achieved e.g. with non-aqueous ionic liq-
uids (Webb et al., 2003; Deshpande et al., 2011; Jakuttis et al., 2011), supercritical carbon 
dioxide (Guha et al., 2007; Subramaniam, 2010; Koeken et al., 2011b; Subramaniam and 
Akien, 2012; Ye et al., 2012) and combinations of those solvents (Haji and Erkey, 2002; 
Hintermair et al., 2007; Mokhadinyana et al., 2012). As a very promising alternative was 
demonstrated the application of thermomorphic multicomponent solvent (TMS) systems 
allowing to perform the reaction under homogeneous conditions at elevated temperature 
and to recover the catalyst in the polar phase formed after reaction by spontaneous phase 
separation at lower temperature (Brunsch and Behr, 2013). The potential has been re-
cently shown for the isomerizing hydroformylation of trans-4-octene (Behr et al., 2005a; 
Behr et al., 2005b), the hydroaminomethylation (Behr and Roll, 2005; Neubert et al., 2016) 
and the hydroformylation of 1-dodecene (Brunsch and Behr, 2013; Markert et al., 2013). 

For further development of such innovative reaction and solvent systems knowledge 
regarding the reaction mechanisms and the kinetics of hydroformylation is mandatory 
(Chaudhari et al., 2001; van Leeuwen and Claver, 2001; Murzin and Salmi, 2005). For this 
reason, various theoretical kinetic and mechanistic studies were carried out in the past for 
different solvent and catalyst-ligand systems. Empirical or semi-empirical reaction rate 
equations were derived and studied for the hydroformylation of 1-octene (Purwanto and 
Delmas, 1995; Deshpande et al., 1996; Shaharun et al., 2010) and 1-dodecene (Bhanage 
et al., 1997; Haumann et al., 2002; Yang et al., 2002; Zhang et al., 2002). Some recent 
publications provide mechanistic equations to quantify the hydroformylation rates of short-
chain olefins (Murzin et al., 2010; Murzin et al., 2012) and long-chain olefins like 1-octene 
(Deshpande et al., 2011; Koeken et al., 2011a) and 1-decene (Divekar et al., 1994). How-
ever, focus was set in these studies primarily on the target reaction. Consecutive and side 
reactions were not described in depth. Furthermore, the well-known fact that such cata-
lysts change their state as a function of the operating conditions (Behr, 2008) was not 
considered quantitatively. 

Goal of this section is the development and validation of kinetic models for the hydro-
formylation of 1-dodecene performed in a thermomorphic solvent system using a rhodium 
catalyst with a suitable ligand. Following the catalytic cycle suggested recently (Markert et 
al., 2013) and well established GCCK approach (Helfferich, 2004; Murzin and Salmi, 2005; 
Marin and Yablonsky, 2011), the relevant side reactions (isomerization and hydrogena-
tions) had to be also quantified as well as the existence of different states of the applied 
Rh-catalyst. To achieve this goal a large amount of systematic batch experiments was 
carried out in a wide parameter range. Hereby different reactants were fed to the reactor 
in order to decouple the complex network. Advanced subset selection methods were ap-
plied to tackle the challenging model reduction and parameter estimation problems (sec-
tion 2). 
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Preliminary the concrete reaction and solvent systems will be introduced in section 
3.2. Then the catalytic cycle and the corresponding mechanistic models as well as the 
reduced model versions will be presented in section 3.2. Additionally, the test equipment 
and experimental procedures will be described in the section 3.3. The mathematical tools 
applied for model reduction and parameter estimation as well as the reactor model were 
already explained in section 2. Finally, for all key reactions of the network rate equations 
and corresponding parameters are provided and discussed in section 3.5. 
 

3.1 Solvent system, ligand and reaction network 
In order to allow an efficient recycling of the precious catalyst-ligand-complex the thermo-
morphic multicomponent solvent (TMS) system described in (Brunsch and Behr, 2013; 
Markert et al., 2013) was used. It consists of 20 wt.-% of the reactant 1-dodecene, 32 wt.-
% of the polar solvent dimethylformamide (DMF) and 48 wt.-% of the additional non-polar 
component decane. The ternary-phase diagram, in particular the temperature dependence 
of the miscibility gap between DMF and decane, is reported in (Schäfer et al., 2012). This 
TMS system can be characterized as follows: At a reaction temperature above 85 °C a 
homogenous phase exists, whereas a cooling after the reaction causes a separation into 
two phases. Then the rhodium-ligand complex can be isolated in the polar DMF containing 
phase and recycled. 

Based on results of (Markert et al., 2013) catalyst-ligand complexes consisting of the 
pre-catalyst Rh(acac)(CO)2, and the ligand biphephos were applied. This catalyst provided 
the desired high n/iso ratios of the formed aldehydes at simultaneously high olefin conver-
sions. It has been observed in extensive preliminary experiments (Markert et al., 2013) 
that the hydroformylation reactions are accompanied in a complex reaction network by 
isomerization and hydrogenation reactions. The product mixtures contained besides the 
desired linear aldehyde tridecanal, alkanes and also various isomers of dodecene and 
aldehydes. A simplification of the network was performed in (Markert et al., 2013) leading 
to the suggestion of two types of lumped isomers into the pseudo-components designated 
as “iso-dodecene” and “iso-aldehyde”, respectively. The six key reactions identified are 
summarized in fig. 3.1. The desired n-aldehyde (nAD) tridecanal is formed with a rate rhf,b. 
The undesired alkane (AL) dodecane is formed with rates rhg,a and rhg,b. The pseudo-com-
ponents “iso-dodecene (iOL)” and “iso-aldehyde (iAD)” are formed with rates riso, rhf,a and 
rhf,c respectively. These six reactions form the following four sub-networks (I-IV) of increas-
ing complexity and the total network Vtotal: 
 

Sub-network Name 
Abbreviation of involved 

reaction rates 
- I Isomerization of 1-dodecene riso 
- II Hydrogenation of iso-dodecene riso, rhg,a 
- III Hydrogenation of 1-dodecene riso, rhg,a, rhg,b 
- IV Hydroformylation of iso-dodecene riso, rhg,a, rhg,b, rhf,a 

Total network (all 6 reactions)  
- Vtotal Hydroformylation of 1-dodecene riso, rhg,a, rhg,b, rhf,a, rhf,b, rhf,c 
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Figure 3.1: Reaction network of the hydroformylation of 1-dodecene considering isomerization (riso), two 

hydrogenation (rhg,a, rhg,b) and three hydroformylation reactions (rhf,a, rhf,b, rhf,c) forming five sub-
sets of reactions I-Vtotal as postulated in (Markert et al., 2013; Kiedorf et al., 2014) 

 
Following (Hu et al., 2011) a bottom-up approach to evaluate sequentially results of in-
creasing complexity, starting with the smallest sub-network and ending with the complete 
network, was applied in this work to determine and validate reaction kinetic equations and 
corresponding parameters for all six reactions. 

Based on a postulated catalytic cycle in a first stage mechanistic rate equations were 
derived for the hydroformylation, hydrogenation and isomerization reactions using tech-
niques as already described in the section 2.1. 
 

3.2 Catalytic cycle and mechanistic models 
3.2.1 Catalytic cycle and the resting state of the catalyst species 
Most of the few publications devoted to model the kinetics of the hydroformylation of long-
chain olefins are based on applying semi-empirical or empirical rate expressions (Zhang 
et al., 2002) and side reactions like isomerization or hydrogenation are typically neglected 
(Divekar et al., 1994; Purwanto and Delmas, 1995; Deshpande et al., 1996; Purwanto et 
al., 1996; Bhanage et al., 1997; Deshpande et al., 1997; Yang et al., 2002; Zhang et al., 
2002). Only a few recently published articles discuss the hydroformylation by means of 
mechanistic kinetic models (Murzin et al., 2010; Shaharun et al., 2010; Deshpande et al., 
2011; Koeken et al., 2011a) (Murzin et al., 2012). These models are based on assuming 
a catalytic cycle, which describes the steps of the homogeneously catalyzed reactions 
including the involved specific catalyst species. Typically, and also in this work, catalytic 
cycles of the Wilkinson type are applied (Evans et al., 1968; van Leeuwen and Claver, 
2001). The extended Wilkinson catalytic cycle analyzed in this work is depicted in fig. 3.2. 
It includes, besides the hydroformylation of the long-chain 1-olefin (nOL), as the essential 
side reactions isomerization to iso-dodecene (iOL) (already shown in fig. 2.2) and hydro-
genation to alkanes (AL). 

Common starting point for transforming the 1-olefin in the three different reaction cy-
cles is the key species of the catalytic system indicated in fig. 3.2 as “catalyst in the resting 
state (rs)”. To quantify the amount of catalyst species and also other inactive Rh- 
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Figure 3.2: Potential mechanism and catalytic cycle for isomerization (iso), hydrogenation (hg) and hydro-

formylation (hf) of long-chain olefins. The frequencies of the specific reaction steps, ωjω, are 
used in deriving overall rate expressions applying the general approach (eqs. 2.3-2.6 for the 
isomerization and eqs. A.4 and A.8 for the hydrogenation and hydroformylation) (Evans et al., 
1968; Kiedorf et al., 2014) 

 
species outside the three main reaction cycles were considered. This will be discussed in 
fig. 3.3 in detail. Within the cycles of isomerization (iso), hydrogenation (hg) and hydro-
formylation (hf) the active resting state of the catalyst transforms into various intermediate 
states (2-8). Regarding species (3) the possibility of an alternative species (3*) opening a 
second catalytic cycle which was discussed by (Markert et al., 2013) and is just indicated 
here. In fig. 3.2 also the possibility included that inactive Rh-dicarbonyl species are formed 
during hydroformylation, which leave the main cycle. The occurrence of such species was 
already verified using NMR-techniques (van Leeuwen and Claver, 2001; Kamer et al., 
2004; Deshpande et al., 2011; Selent et al., 2011). 

Catalytic cycle steps of the isomerization were already mentioned in section 2.1.1. 
The hydrogenation catalytic cycle starts with the olefin coordination at the catalyst species 
in resting state, too. At the formed π-complex (species 2) an insertion at the Rh-H bond to 
the alkyl-complex (species 3) happened. Afterwards an oxidative addition of H2 occur 
which form the di-hydrido-alkyl-complex (species 8). The catalytic cycle is closed with a 
reductive elimination of the alkane. The first two steps of the hydroformylation cycle are 
equal. Afterwards a CO insertion to the Rh-C bond occurs. This form the acyl-complex 
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(species 4). Following an oxidative addition of hydrogen forms the di-hydrido-rhodium-
acyl-complex (species 5). The closing step of the hydroformylation cycle corresponds to 
the hydrogenation with a reductive elimination of aldehyde product (Evans et al., 1968; 
van Leeuwen and Claver, 2001; Deshpande et al., 2011; Markert et al., 2013; Kiedorf et 
al., 2014). 

The catalyst in resting state as well as present inactive Rh-species are in equilibrium 
with one another. Potential inhibition rhodium based molecules which are already spectro-
scopic verified and described in literature are the Rh-dimer (Moasser et al., 1995; Bronger 
et al., 2004; Deshpande et al., 2011), the Rh-di-carbonyl (species 1) (Evans et al., 1968; 
Deshpande et al., 2011; Selent et al., 2011), the Rh-bis-chelate (Hamerla et al., 2013) and 
the Rh-tetra-carbonyl (Li et al., 2002; Hamerla et al., 2013) (fig. 3.3). These catalyst spe-
cies were detected for different ligands and solvent systems. Because of a missing verifi-
cation for the present system the catalyst pre-equilibrium network is reduced to the rho-
dium precursor (Rh(acac)(CO)2), the rhodium di-carbonyl, the rhodium dimer and the rest-
ing state. Moreover, only the catalyst in resting state is considered as active and selective 
for the isomerization, hydrogenation and hydroformylation of long-chain olefins (Evans et 
al., 1968; Carvajal et al., 2009). 
 

 
Figure 3.3: The preliminary formation of the active Rh-catalyst in the resting state (described by eqs. 3.1a-

3.1d) is indicated. Possible species in the catalyst pre-equilibrium of the rhodium catalyzed 
isomerization, hydrogenation and hydroformylation of 1-dodecene (Kiedorf et al., 2014; Jörke et 
al., 2015b) 

 
For quantification of the amount of catalyst present in the resting state (rs) the inhibition 
effect of carbon monoxide needs to be evaluated. Hereby, a quantification of the catalyst 
“pre-equilibrium” between species (1), the inactive dimer and the catalyst in the resting 
state (rs) must be done relating to the specific total mass of the supplied precious rhodium 
precursor Rh(acac)(CO)2, which is assumed to be initially fully transformed into species 
(1). Thus, the following relation between the concentrations of the different Rh-containing 
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species holds: 

Rh,precusor cat,rs cat,1 cat,dimer2c c c c� � � �  (3.1a) 

By replacing the catalyst concentrations of the dimer and species (1) with the concentra-
tion of the catalyst in the resting state and two corresponding equilibrium constants K1,rs 
and K1,dimer, eq. 3.1b results. 
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Rearrangement provides eq. 3.1c, which describes the inhibiting influence of CO on the 
available amount of catalyst in the resting state. 
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 (3.1c) 

Based on the two rhodium atoms in the rhodium dimer, a quadratic equation with two 
possible mathematical solutions occurs. A similar description for calculating the active cat-
alyst concentration as a function of the CO and H2 concentration in gas phase is given in 
(Jörke et al., 2015b). There only the first positive solution is considered. If in the total cat-
alyst concentration balance (eq. 3.1a) the second rhodium atom in the rhodium dimer is 
neglected, the equation of the catalyst in resting state can be simplified to eq. 3.1d (Kiedorf 
et al., 2014). 
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A comparison of these two solutions is shown in fig. 3.4a-c. It is obviously, that the quali-
tative mathematical response for variations in the partial pressures of H2 and CO as well 
as in the rhodium precursor concentration of the simplified function is strongly related to 
the positive quadratic solution. Based on this reason the catalyst equilibrium will be de-
scribed by eq. 3.1d. 

The concentration of the active catalyst in the resting state forms the starting point of 
the three catalytic sub-cycles (fig. 3.2) and will by incorporated later in the reactor mass 
balance (eq. 2.41). 
 

 
Figure 3.4: Comparison of the catalyst concentration in resting state of eq. 3.1c (solid line) and eq. 3.1d 

(dashed line) as a function of (a) hydrogen partial pressure (pCO = 1 MPa), (b) carbon monoxide 
partial pressure (pH2 = 1 MPa) and (c) the rhodium precursor concentration (pCO = pH2 = 1 MPa) 
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Two different mechanistic approaches were applied in this section to derive rate expres-
sions. Hereby, the common starting point is the catalyst in the resting state. It is quantita-
tively considered that the Rh present in this state can be transferred into species (2) to (8) 
(fig. 3.2). Not further considered were species (3*) and the Rh-di-carbonyls. 
 

3.2.2 Mechanistic approach to describe the rates in a network of reactions 
The determination of mechanistic kinetics according to the GCCK approach (Helfferich, 
2004; Murzin and Salmi, 2005) for the isomerization of 1-dodecene was introduced in sec-
tion 2.1.1. The derivation of the corresponding overall kinetic rate equations for the other 
sub-cycles shown in fig. 3.2 describing the hydrogenation and hydroformylation can be 
performed in an analogous manner, leading finally to eqs. 3.5 and 3.9 given below. Details 
regarding the derivation of these expressions by the GCCK approach are provided in the 
appendix A. 

The GCCK approach applied below leads to rate expressions, which contain a relative 
large number of free parameters. Thus, reduced models are attractive (see also section 
2.2.3) and will be suggested and parameterized step by step based on experiments. 
 

3.2.3 Reduced models with a single rate determining step 
For the derivation of simplified mechanistic models often the assumption is made that one 
specific step in the catalytic cycle is the rate determining step (RDS). 

Following a suggestion by (Deshpande et al., 2011), it will be considered below that 
the coordination of the olefin is rate determining for all the three sub-cycles of isomeriza-
tion, hydrogenation and hydroformylation. In order to quantify the contributions of the sub-
steps in a cycle the specifically involved catalyst species and their concentrations must be 
known. Hereby, the total amount of all catalyst species must be maintained and kept iden-
tical to the resting state amount. This is again illustrated for the isomerization in which the 
resting state (rs) and species (2), (6) and (7) are involved (fig. 3.2) bound by the following 
Rh-mass balance: 

cat,tot,iso cat,rs cat,2 cat,6 cat,7c c c c c� � � �  (3.2) 

Then the reactant and catalyst species concentrations can be replaced by equilibrium con-
stants for every non-rate determining step and inserted in the rate equation of the rate 
determining step. After rearranging and lumping the following reduced equation for the 
isomerization rate can be derived: 
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This equation is obviously a reduced version of eq. 2.6 (Keq,iso → ∞, Kγ,iso = 0). 
Using the approach described, similar reduced rate equations can be derived for the 

hydrogenations and the hydroformylations (eqs. 3.6 and 3.10 below). 
 

3.2.4 Reduced empirical models based on formal kinetics 
An often applied significant model reduction can be achieved by formulating simple power 
laws. Assuming all reaction orders to be one and the possibility of either reversible or 
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irreversible overall reactions, empirical rate expressions can be formulated for the homo-
geneously catalyzed isomerization, hydrogenation and hydroformylation of 1-dodecene. 

Examples for the corresponding expressions are eqs. 3.4, 3.7, 3.8, 3.11 and 3.12. The 
application of these strongly simplifying equations serves in this section essentially as a 
reference to evaluate the need for the more detailed approaches described before. They 
are further applied in cases were more detailed models could not be parameterized. 
 

3.2.5 Summary of considered kinetic models 
The following rate equations were applied and compared in the course of the work to se-
quentially analyze a large amount of experimentally determined batch reactor concentra-
tion profiles in order to quantify the kinetics of all five networks introduced above: 

Isomerization (iso, sub-network I) 
“General Catalytic Cycle Kinetics (GCCK)” approach 
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Rate Determining Step (RDS) (section 3.2.3) 
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Empirical 
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Hydrogenation (hg, sub-network II and III) 
“General Catalytic Cycle Kinetics (GCCK)” approach 
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 (3.5) 

Rate Determining Step (RDS) (section 3.2.3) 
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Empirical 

2hg,b hg,b nOL H ,lir k c c� � �  (3.7) 

2hg,a hg,a iOL H ,lir k c c� � �  (3.8) 

Hydroformylation (hf, sub-network IV and the total network Vtotal) 
“General Catalytic Cycle Kinetics (GCCK)” approach 
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 (3.9) 
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Rate Determining Step (RDS) (section 3.2.3) 
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Empirical 

2hf,b hf,b nOL H ,li CO,lir k c c c� � � �  (3.11) 

2hf,a hf,a iOL H ,li CO,lir k c c c� � � �  (3.12) 

 

3.3 Experimental equipment and procedures 
The experimental set-up and procedures were designed and constructed by the author of 
this thesis at the Otto–von–Guericke University in Magdeburg. 
 

3.3.1 Reactor type 
For the experimental investigation of the hydroformylation of 1-dodecene in a TMS system 
with DMF and decane a multi reactor system (MRS, Parr Instruments) was used to perform 
preliminary solubility measurements of the gaseous reactants and for systematic kinetic 
investigations. It consists of gas reservoirs for single gases and gas mixtures, the reactor 
unit and a control system. Six parallel reactors (Vseg = 0.105 l) can be fed separately from 
specific gas burettes. For each of the six reactors temperature and stirrer speed can be 
controlled separately. Further, each of these reactors has its own arrangements for sam-
pling the liquid phase in discrete intervals via two valves. Additionally, it is possible to feed 
several gaseous or liquid components and gas mixtures, respectively. In fig. 3.5 is shown 
as an example a schematic illustration of one reactor with the corresponding gas reservoir 
and the sampling arrangement. 
 

 
Figure 3.5: Schematic illustration of the used experimental reactor unit (Parr Instrument) 

 

3.3.2 Kinetic experiments 
In a typical kinetic experiment DMF and decane, Rh(acac)(CO)2 and the ligand biphephos 
were charged into a beaker and mixed in an ultrasonic bath. Then, the solution was added 
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into an empty reactor and the agitator speed was adjusted to 1200 rpm. Subsequently, the 
reactor was evacuated and then flushed with the pre-treatment gas (see below) for five 
times. After another evacuation, the reactor was filled with nitrogen. Then the reactor was 
heated up to the reaction temperature. After reaching the desired value, 1-dodecene was 
added at ambient temperature as a short pulse using a syringe. While charging 1-dode-
cene the temperature of the reaction medium decreased but was stabilized by the control-
ler within one minute. Finally, the gaseous reactants CO and/or H2 were fed into the reactor 
until the desired total pressure was reached. With pressurization of the reactor the batch 
experiment started. 

Each batch experiment lasted typically 1.5 hours. In this period approx. Nsp = 8 sam-
ples were collected at discrete time steps and analyzed. Volume changes due to sampling 
were found to be negligible. 

For the analysis of the six identified key reactions batch experiments were carried out 
in the temperature range 95–115 °C and in the total pressure range 0.5–2 MPa. The partial 
pressures of hydrogen and carbon monoxide and the 1-dodecene feed concentrations 
were changed in various steps. Effects of the carbon monoxide partial pressure on the 
rates of the isomerization (riso), the hydrogenation (rhg,b) and the hydroformylation of 1-
dodecene (rhf,b) were evaluated by changing the synthesis gas compositions in a broader 
range. Additionally, the hydroformylation and hydrogenation of an isomer mixture of vari-
ous iso-dodecenes was investigated to consider specific reactions of the network individ-
ually. 

The experimental program performed for five different temperatures and four total 
pressures consisted of: 

a) 18 (Nexp,iso) experiments with 3 different initial olefin concentrations in nitrogen at-
mosphere and 5 additional variations of the CO pressure to study the isomerization 
(iso, sub-network I) 

b) 34 (Nexp,hg) experiments with 3 different initial olefin concentrations and 3 variations 
of the syngas composition to study the hydrogenation (hg, sub-networks II and III) 

c) 42 (Nexp,hf) experiments with 3 different initial olefin concentrations and 7 variations 
of the syngas composition to study the hydroformylation (hf, sub-network IV and 
total network Vtotal) 

In addition to the mentioned experiments, several runs regarding the four sub-networks I-
IV were repeated multiple times. Also for the total reaction system (Vtotal) in particular for 
the reference temperature several repetitions were performed. An overview about the ex-
perimental program and the number of experiments carried out for each sub-network and 
the total network is shown in tab. 3.1. 
 

3.3.3 Concentration analysis 
The quantitative analysis of the liquid phase was realized by an off-line GC (Agilent Series 
6890), equipped with a flame ionization detector and a 5 % Phenyl – 95 % methylpolysilox-
ane column (length 30 m, internal diameter 0.25 mm, film thickness 0.25 mm). Helium was 
used as carrier gas. Calibration was done using commercially available analytic standards 
for 1-dodecene, dodecane, decane and tridecanal with decanol as internal standard. No  
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Table 3.1: Summary of experimental program and number of specific experiments for each sub-network 
and the total network 

 Isomerization 
Sub-network 

Hydrogenation 
Sub-network 

Hydroformylation 
Sub-network 

 I II III IV Vtotal 
Temperature and pressure variations 
T = 95/100/105/110/115 °C 
ptot0 = 0.5/1.0/1.5/2.0 MPa 
pCO0 = 0/0.4/0.66/1.0/1.33/1.6/2.0 MPa 

10 7 19 7 22 

Variations of initial olefin concentration 
cnOL0 = 0.80/0.87/1.05 kmol·m-3 

3 0 3 0 3 

Reproducibility tests 5 0 5 5 5 
Total 18 7 27 12 30 

standards were commercially available for both branched olefins (excluding 3-dodecene) 
and aldehydes. However, reliable quantification for all isomers was not possible. To have 
an estimation, response factors for the isomers of dodecene and aldehydes were taken to 
be equal to 1-dodecene and tridecanal, respectively. Therefore, the sum of the peak area 
of branched olefins and branched aldehydes with the corresponding calibration factors of 
1-dodecene and the terminal aldehyde provides the concentration of the introduced 
pseudo components iso-dodecene, iOL, and iso-aldehyde, iAD, (Markert et al., 2013). De-
viations in the carbon mass balance were for all samples taken in the experiments below 
5 %. 

3.4 Results of preliminary experiments 
3.4.1 Initial investigation of gas solubilities 
Besides the reaction rate models rjR and the optimization parameter vector Θopt therein, 
the solution of eqs. 2.41 and 2.42 further requires knowledge regarding the solubilities pjc* 
and the mass transfer coefficients keff,jc of CO and H2, which were estimated based on the 
results of performed preliminary experiments following (Radhakrishnan et al., 1983; Desh-
pande et al., 1996; Purwanto et al., 1996; Bhanage et al., 1997). Thus, one of the MRS 
reactors was filled with a known volume of the TMS system decane/DMF/1-dodecene with-
out catalyst, stirring rate at 1200 rpm was adjusted and the temperature was raised up to 
the desired value. After equilibration, the stirrer was stopped and the system was pressur-
ized rapidly with one of the gaseous reactants. The liquid phase was then stirred again 
until a new equilibrium state occurred. If the pressure was constant the value was used to 
estimate the Henry parameters Hjc (appendix B.3). These measurements were performed 
for the whole temperature reaction range considered in the kinetic experiments. The de-
termined solubilities were correlated as follows:
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,lij j jp c H  with 
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The observed trends regarding hydrogen and carbon monoxide solubility as a function of  



3.4 Results of preliminary experiments 

39 

 
Figure 3.6: Experimental (symbols) and mod-

eled (lines) data of the solubility 
measurement to determine eq. 3.13 
of H2 (ptot0 = pH20 = 1 MPa) and CO 
(ptot0 = pCO0 = 1 MPa) in dec-
ane/DMF/1-dodecene at T = 105 °C 

 
 
 

Table 3.2: Estimated parameters of eq. 3.13 for 
describing the solubility of H2 and CO 
in the TMS (decane/DMF/1-dode-
cene) and for the mass transport co-
efficients keff,jc (eqs. 2.41-2.42). 

Parameter Unit Value 
HH20 MPa·m³·kmol-1 905.37 
EA,sol,H2 kJ·mol-1 10.173 
HCO0 MPa·m³·kmol-1 35500 
EA,sol,CO kJ·mol-1 22.975 
keff, H2 min-1 2.44 
keff, CO min-1 2.31 

 
partial pressure and temperature were formed to be comparable with data given by (Behr 
et al., 2004; Behr et al., 2005b). 

The also recorded decreases of the pressure over time were subsequently used to 
estimate the mass transport coefficients keff,jc by matching the numerical solution of eqs. 
2.41-2.42 (neglecting reactions, rjR = 0) to the experimental results. 

The determined solubility parameters of eq. 3.13 and the estimated mass transport 
coefficients keff,jc are summarized in tab. 3.2. These expressions and values allowed de-
scribing the concentration profiles of CO and H2 in a good agreement with experimental 
data as illustrated in fig. 3.6. Because of the rather small data basis acquired in these 
preliminary runs no further statistical evaluation regarding the quality of the Hjc0, EA,sol,jc and 
keff,jc was done and necessary. 
 

3.4.2 Formation of active catalyst species 
To follow the strategy of investigating all sub-networks independently it is essentially to 
start the isomerization, hydrogenations and hydroformylations with identical catalyst in the 
resting state (figs. 3.2 and 3.3). 

The formation of the catalyst-ligand complex was studied in preliminary experiments 
to guarantee in all experiments defined initial conditions with respect to the catalyst state 
(van Leeuwen and Claver, 2001). Different pre-treatment strategies were evaluated ex-
perimentally varying the presence or absence of N2, CO, H2 and synthesis gas (CO:H2 = 
1:1) and the formation time. Figure 3.7 illustrates the results of a hydroformylation after 
experiment formation of the catalyst complex in different gas atmospheres at the reference 
temperature of 105 °C. Preparing the complex in N2 atmosphere a less active catalyst is 
formed or it is formed after an induction period during reaction. There is a significant re-
duction of the reaction rate if the catalyst formation was carried out in CO atmosphere. 
Thus, inactive Rh-species like Rh-dimers and Rh-dicarbonyl (fig. 3.3) are formed, so that  
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Figure 3.7: Gas influence during formation of the catalyst in resting state with subsequent hydroformylation 

of 1-dodecene (a) concentration profiles of 1-dodecene (diamond) and tridecanal (triangle) and 
(b) yield of tridecanal (eq. 1:3) and n/iso-aldehyde ratio (number on top of columns from eq. A6 
in (Kiedorf et al., 2014)) after t = 60min, ptot0 = 2 MPa, pCO0 = pH20 = 1 MPa and T = 105 °C 

 
the total mass of catalyst in resting state is reduced causing a lower yield of tridecanal (fig. 
3.7b). Only a pre-treatment with synthesis gas provided the active catalyst in the resting 
state. The hydroformylation proceeded after this pre-treatment immediately (fig. 3.7a). No 
initial period of catalyst formation was observed compared to the cases with other for-
mation gases. The highest amount of tridecanal was found with a formation using a stoi-
chiometric synthesis gas ratio of pCO:pH2 = 1:1 as illustrated in fig. 3.7b. 

For the comparison and the evaluation of the four pre-treatment strategies the yield 
of tridecanal and the n/iso ratio of the composed aldehydes were used. The definitions are 
given in section 2.2. 

The preparation of the catalyst in the resting state was carried out for one hour in 
synthesis gas (1:1) atmosphere, at a pressure of 0.3 MPa. Tests after two and three hours 
revealed the same catalytic behavior. In this way an identical and reproducible initial con-
dition with respect to the catalyst amount and state were established for all kinetic meas-
urement. 

Following (Markert et al., 2013) the concentration of the precursor Rh(acac)(CO)2 was 
fixed for all experiments to be cRh,precursor =8.76∙10-5 kmol·m-3 and the ligand:catalyst ratio 
was taken as 3.3 : 1 kmolL/kmolcat. 
 

3.5 Network analysis 
In order to evaluate the general potential of the rhodium-biphephos catalyst in the applied 
TMS system and for illustrating the reaction courses, initially hydroformylation experiments 
were performed at boundary temperatures considered, namely 95 °C and 115 °C. The 
concentration profiles measured for all components are illustrated in fig. 3.8. Attractive 
n/iso-ratios (cnAD/ciAD) of 55 at 95 °C and 39 at 115 °C were observed after a reaction time 
of 60 min indicating the potential of the applied catalyst and solvent system. 
It can be recognized in fig. 3.8 that the consumption of the reactant 1-dodecene causes 
the formation of the desired terminal aldehyde tridecanal (nAL) as well as of other isomers,  
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Figure 3.8: Experimentally determined concentration profiles of the total hydroformylation network (Vtotal) of 

(a) 1-dodecene and iso-dodecene and (b) tridecanal, dodecane and iso-aldehyde at ptot0 = 
2 MPa, pCO0 = pH20 = 1 MPa, T = 95 °C (filled symbols) and T = 115 °C (open symbols)  
(nOL , iOL , nAD , AL , iAD ) 

 
which are lumped into the pseudo-component iso-dodecene (iOL). In particular, an isom-
erization of 1-dodecene proceeds. Iso-dodecene is the second main reaction product for 
the conditions considered. Furthermore, a smaller amount of the hydrogenation product 
dodecane and a very small amount of isomeric iso-aldehydes (iAD) could be detected. For 
the higher temperature (115 °C) the results reveal a significantly increased rate of the 
isomerization (riso) relative to the desired hydroformylation (rhf,b). 

These observations allow a first interpretation regarding relative activation energies. 
Obviously, EA,iso seems to be larger than EA,hf,b. Thus, less tridecanal can be formed at 
higher temperatures directly from the reactant 1-dodecene. Iso-dodecene is consumed in 
a series reaction and a significant amount of dodecane is produced via hydrogenation. 

With respect to fig. 3.1, from the results of these first experiments could not yet be 
decided, which amount of dodecane is formed directly from 1-dodecene by hydrogenation 
with rate rhg,b or by consecutive hydrogenation of formed iso-dodecene with rate rhg,a. The 
same uncertainty remains regarding the two ways possible to form the small amount of 
observed iso-aldehyde considering a possible back-isomerization by the reversible reac-
tion riso followed by rhf,c (Behr et al., 2005b; Vogl et al., 2005). 

In order to gain more quantitative insight, the models introduced before parameteriza-
tion of the various model conditions is required. 
 

3.5.1 Free parameters and estimation strategy 
The three levels of rate expressions introduced in the rate equations (eqs. 2.6, 3.3-3.12) 
contain four types of parameters: 

a) Temperature dependent reaction rate constants kjR, which are described by a mod-
ified Arrhenius equation (eq. 2.23) with a reference temperature, preferentially in 
the middle of the interval of interest (Tref = 105°C was used below). 

b) Reaction equilibrium constants Keq,jR, which are related to the corresponding Gibbs 
energies of reaction ΔGR,jR (appendix A.4): 
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c) Numerous lumped inhibition constants Kα-κ,jR which should also follow an Arrhenius 
equation (eqs. 2.6, 3.3-3.12) 

d) Two temperature dependent equilibrium constants Kcat,α and Kcat,β related to the 
different catalyst states (eq. 3.1d, fig. 3.3) 

The reaction equilibrium constants Keq of the hydrogenation and hydroformylation reac-
tions could be calculated directly applying available Gibbs enthalpies of formation of the 
species involved using Hess law (Yaws, 1999) (see also appendix A). However, for the 
isomerization reaction no such data were available. For this reason the Gibbs enthalpy of 
isomerization ΔGR,iso has to be estimated additionally as a free parameter or calculated 
using the Benson’s group increment theory (GIT) (Benson et al., 1969). 

This shortcut method decomposes the considered molecule in individual parts and 
calculates the thermodynamic properties based on the several contributions. By this 
means fast and suitable approximations are possible. Additional the method distinguishes 
between cis- and trans- conformations which is required in the isomerization analysis. The 
suitability of this method for homogeneous isomerization reaction network is already tested 
in (Jörke et al., 2015a; Jörke et al., 2016) for the isomerization of 1-decene and the corre-
sponding cis- and trans- isomers. In this regard the equilibrium composition of the 1-de-
cene isomerization network is predicted via this method and experimental validated. In the 
present isomerization analysis, the Gibbs reaction enthalpy will be estimated at the kinetic 
experiments and calculated via Benson’s GIT. Further the two Gibbs reaction enthalpies 
will be compared with each other. 

To simplify the parameter estimation, the inhibition constants KjR in eqs. 2.6, 3.3-3.12 
and the catalyst equilibrium constants Kcat,α and Kcat,β in eq. 3.1d were assumed to be 
constant in the relative small temperature range considered. 

The mathematical framework described in the previous section was applied to reduce 
the derived mechanistic kinetic models and to determine the corresponding free parame-
ters based on the results of the batch experiments carried out. Theoretically it is possible 
to analyze all reactions and all experiments together. However, estimating the relative 
large number of parameters is very difficult because of the possible occurrence of numer-
ous local optima (Edgar and Himmelblau, 1988; Englezos and Kalogerakis, 2001; Hu et 
al., 2011; Marin and Yablonsky, 2011). To overcome this difficulty, as mentioned above, 
the four sub-networks for the isomerization of 1-dodecene (sub-network I; riso), the hydro-
genation of 1- and iso-dodecene (sub-networks III/II; rhg,b / rhg,a), the hydroformylation of 
iso-dodecene (sub-network IV; rhf,a) and the total network of the hydroformylation of 1-
dodecene (network Vtotal: rhf,b, rhf,c) were analyzed sequentially. 

3.5.2 Isomerization of 1-dodecene: sub–network I 
Two sets of measured concentration profiles of the fed 1-dodecene and the exclusively 
formed pseudo-component iso-dodecene are given in fig. 3.9a for experiments carried out 
in nitrogen at 95 °C and 115 °C after forming the catalyst in resting state. The isomerization 
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rate riso is relatively high, especially at 115 °C. No hydrogenation or hydroformylation prod-
ucts could be detected. In additional experiments at 105°C the influence of CO on the 
isomerization was studied. The related inhibition effect is clearly visible in fig. 3.9b. It is 
due to backformation of the Rh-species (1) and inactive Rh-dimers indicated in fig. 3.3, 
which reduces the amount of the catalyst available in the resting state as described in eq. 
3.1d. This issue will be discussed and quantified in more detail later in section 3.5.6, when 
the whole reaction system is analyzed and also used for process control and intensifica-
tion. 

In the introduced most general GCCK approach model equation quantifying the isom-
erization rate (eqs. 2.6 with eqs. 2.23 and 3.14), the kinetic parameters EA,iso and kiso,∞ref, 
the equilibrium constant Keq,iso with the Gibbs enthalpy of reaction and the inhibition con-
stants Kα,iso, Kβ,iso and Kγ,iso are unknown. Estimating these 6 parameters simultaneously 
using the results of all isomerization experiments performed without CO, led to a good 
description but provided partly very broad confidence intervals. The subsequently carried 
out singular value decomposition and the application of the threshold condition number of 
1000 (eq. 2.35) revealed that the parameter Kγ,iso was identified as ill-conditioned and not 
essential for the parameter estimation. As a consequence, the general rate eq. 2.6 could 
be reduced. 

Reduced GCCK approach for isomerization rate based on eq. 2.6 
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An illustration of the agreement between experiments and model predictions using eq. 
3.15 is given in fig.3.9 for one typical experiment. 

The estimated isothermal Gibbs reaction enthalpy from 1-dodecene to the pseudo-
component iso-dodecene amounts –11.1 kJ·mol-1. Using the Benson increment group the- 
 

 
Figure 3.9: Isomerization of 1-dodecene (sub-network I, riso, eq. 3.15) (a) Temperature dependence ptot0 = 

pN20 = 0.1 MPa, T = 95 / 115 °C: model solid and dashed lines (nOL (blue), iOL (red)), experiment 
filled and open symbols (nOL , iOL ) and (b) CO dependence of the isomerization; ptot0 = 
0.1 MPa, T = 105 °C, pCO0 = 0/0.8 MPa: (legend same as for a) 
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ory, the Gibbs formation enthalpy of each isomer can be approximated separately. The 
needed values for calculation of the Gibbs reaction enthalpy are given at standard condi-
tions in table 3.3. The Gibbs enthalpy of formation literature value of 1-dodecene is 
137.90 kJ·mol-1 (Yaws, 1999) and is close to the calculated value via Benson method. 

To calculate the isomer composition of the pseudo-component iso-dodecene at equi-
librium conditions the following isomerization network is postulated (fig. 3.10). Consider all 
cis- and trans- conformations of dodecene, 23 isomerization reactions are assumed. Using 
the standard formation enthalpy and entropy of each isomer (tab. 3.3) and the correspond-
ing heat capacity polynomial correlation, the free reaction enthalpies of these reactions 
can be calculated by means of the laws of Hess and Kirchhoff and the Helmholtz equation 
(Atkins and Paula, 2006). 

The chemical equilibrium is determined using the non-stoichiometric formulation, 
which is based on a Gibbs energy minimization. Compared to the classical way, the com-
putational effort is reduced significantly. Using this method NE (number of different ele-
ments in the considered system) + 1 closing condition of non-linear equations have to be 
solved. The resulting equations are shown below. 
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The equation system with respect to the Lagrange multipliers λjE and the total molar 
amount ntot can be solved using the Levenberg-Marquardt or the trust-region-reflective 
algorithm which are explained in detail in section 2.2.2. 

The resulting equilibrium molar fraction of 1-dodecene and the corresponding isomers 
are shown in tab. 3.4 for three different temperatures. 

Based on considering only neighbor interactions in Benson method, identical thermo-
dynamically properties of cis-3/4/5-dodecene and trans-3/4/5-dodecene were observed. 
Accordingly, these calculated molar fractions are similar. Additionally, the trans-confor- 

Table 3.3: Thermodynamic properties of 1-dodecene and the corresponding isomers 

Δhf0, 
kJ·mol-1 

S0,  
J·(mol·K)-1 

ΔGf0, 
kJ·mol-1 

cp (298 K), 
J·(mol·K)-1 

cp (400 K), 
J·(mol·K)-1 

cp (500 K), 
J·(mol·K)-1 

1-d - 164.54 618.24 136.71 269.60 341.92 406.18
2-t - 177.17 614.79 126.11 269.80 340.08 403.88
2-c - 172.32 619.85 129.45 261.77 332.05 395.85
3-t - 177.42 613.83 126.15 267.54 339.70 404.18
3-c - 172.57 618.89 129.49 259.51 331.67 396.15
4-t - 177.42 613.83 126.15 267.54 339.70 404.18
4-c - 172.57 618.89 129.49 259.51 331.67 396.15
5-t - 177.42 613.83 126.15 267.54 339.70 404.18
5-c - 172.57 618.89 129.49 259.51 331.67 396.15
6-t - 177.42 608.07 127.87 267.54 339.70 404.18
6-c - 172.57 613.13 131.21 259.51 331.67 396.15
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Table 3.4: Temperature dependent molar equilibrium fraction of 1-dodecene and the corresponding iso-
mers 

T, °C xnOL x2-c x2-t x3-c x3-t x4-c x4-t x5-c x5-t x6-c x6-t 
50 0.003 0.052 0.172 0.051 0.169 0.051 0.169 0.051 0.169 0.026 0.085 

100 0.006 0.062 0.166 0.060 0.159 0.060 0.159 0.060 0.159 0.030 0.080 
150 0.009 0.070 0.160 0.066 0.151 0.066 0.151 0.066 0.151 0.033 0.076 
 
mation is thermodynamically more favored than cis-. Thus, the trans-isomer molar frac-
tions exceed the cis- amounts which is founded by repulsive substituent interactions 
(Schmuck, 2013; Smith, 2013). As the most favored isomer the 2-trans-dodecene is iden-
tified. The terminal olefin possesses the least molar fraction. These temperature independ-
ent observations are consistent with 1-decene isomerization equilibrium data (Jörke et al., 
2015a; Jörke et al., 2016). A temperature rise leads to a slightly equilibrium shift to the 
terminal olefin. Consequential to support a possible back-isomerization higher reaction 
temperatures are required. 

Using the molar fractions of all components of the isomerization network involved, the 
composition of the pseudo-component iso-dodecene at equilibrium conditions can be cal-
culated. Thus, the thermodynamic properties of iso-dodecene result from the equilibrium 
composition and the single component thermodynamic data. The determined free reaction 
enthalpy of the isomerization of 1-dodecene to iso-dodecene and the isothermal estimated 
are shown in fig. 3.11a. On basis of quantum chemistry accurateness, a confidence inter-
val of 4 kJ·mol-1 can be assumed for the Gibbs reaction enthalpy calculated by Benson 
GIT. Thus, the estimated free reaction enthalpy is confirmed by this method. Conse-
quently, the physical meaning of the estimated parameter was increased using the subset 
selection method. 

The corresponding reaction equilibrium constants, calculated via eq. 3.14, are shown 
in fig. 3.11b. Compared to each other the estimated constant exceeds the calculated equi-
librium constant in the whole temperature range considered. Accordingly, the 1-dodecene 
concentration on equilibrium condition is slightly underestimated. However, in the relevant 
reaction temperature range the differences are marginal. Additionally, based on large con-
fidence intervals of the Benson GIT no precise calculations are possible. Based on these 
reasons in the following reaction kinetic analysis of the hydrogenation sub-networks and  
 

 
Figure 3.10: Postulated isomerization equilibrium network of 1-dodecene consider cis- and trans- confor-

mations (Markert et al., 2013; Jörke et al., 2015a) 
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Figure 3.11: (a) At kinetic experiments estimated (solid line) and with Benson group increment theory (GIT) 

calculated (dashed line) Gibbs reaction enthalpy of the isomerization reaction of 1-dodecene to 
the pseudo-component iso-dodecene and (b) the resulting equilibrium constant of the isomeri-
zation 

 
the total hydroformylation network the estimated isomerization Gibbs reaction enthalpy is 
used. 

Therefore, the estimated 5 parameters of eqs. 3.14 and 3.15 were used subsequently 
in two ways. Except the pre-factor kiso,∞ref all parameters were kept as found here in ana-
lyzing in the following steps larger sub-networks. Thus, e.g. the activation energy of the 
isomerization estimated to be EA,iso = 137 kJ·mol-1 was fixed and further used like that. The 
other fixed values are given in the final overview provided in tab. 3.5 together with the 
confidence intervals. These intervals are relatively high indicating the remaining limits and 
uncertainties of this identification. In order to maintain the general structure of the model 
but to have some flexibility the obtained frequency factor kiso,∞ref = 4.35∙10+3 m3·(kgcat∙min)- 1 
was used subsequently just as a starting value and was again readjusted, first during the 
analysis of experiments covering the next larger sub-network II of the hydrogenation of 
iso-dodecene and finally again in quantifying the complete reaction network Vtotal compris-
ing all six reactions. 
 

3.5.3 Hydrogenation of iso-dodecene: sub–network II 
In a second step the rate of the iso-dodecene hydrogenation rhg,a was quantified. A deeper 
understanding would require the consideration of all possible dodecene isomers. Due to 
the lack of pure isomers a representative mixture of isomers was prepared in a preliminary 
experiment in an available larger batch reactor (volume approx. 2 l described in (Markert 
et al., 2013). This mixture, which contained also small amounts of dodecane was used as 
a lumped iso-dodecene feed fraction in experiments carried out in temperature and hydro-
gen pressure ranges of 95–105 °C and pH2 = 0.5–1.5 MPa. Figs. 3.12a and 3.12b illustrate 
the concentration profile of iso-dodecene and the formed hydrogenation product dodec-
ane. There is only a relative small temperature and pressure effect in the considered 
ranges. 

Due to the limited analysis regarding the isomer distribution only the simple empirical 
power law (eq. 3.8) was applied to analyze the results of the corresponding batch runs. 
The kinetic parameters (EA,hg,a and khg,a,∞ref) were estimated. As already discussed for the 
isomerization the estimated activation energy (EA,hg,a =102 kJ·mol-1) is fixed for the further  
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Figure 3.12: Hydrogenation of isomer mixture (sub-network II, rhg,a, eq. 3.8) (a) Temperature dependence 

ptot0 = pH20 = 1 MPa, T = 95 / 115 °C: model solid and dashed lines (iOL (red), AL (green)), 
experiment filled and open symbols (iOL , AL ) and (b) pressure dependence of the hydro-
genation of isomers T = 105 °C, ptot0 = pH20 = 0.5/1.5 MPa: (legend same as for a) 

 
analysis of the total network. The relative good quality of simulating rhg,a with eq. 3.8 is 
illustrated fig.3.12. For the pre-exponential factor holds khg,a,∞ref=1.59 m6·(kgcat∙min∙kmol)-1 
which is used as initial value for parameter estimation in the next sub-network III which 
comprises in addition also the hydrogenation of 1-dodecene. 
 

3.5.4 Hydrogenation of 1-dodecene: sub–network III 
This sub-network contains the isomerization (riso) and the subsequent hydrogenation (rhg,a) 
of the intermediate product iso-dodecene, respectively. Experiments were performed in 
the following ranges: T = 95–115 °C, pH2 = 0.5–2 MPa and pH2:pCO = 10:1, 16:1. Experi-
mental concentration profiles of 1-dodecene, iso-dodecene and dodecane are given as 
points in fig. 3.13a for 95 °C and 115 °C at pH2 = 1 MPa and in fig. 3.13b for 105 °C at pH2 
= 0.5 and 2 MPa. It can be seen that the consumption of the reactant 1-dodecene causes 
the formation of iso-dodecene and the hydrogenation product dodecane. In particular, the 
isomerization of 1-dodecene proceeds relatively fast and is the main reaction for these 
conditions. At 95 °C dodecane and iso-dodecene are primary products and the concentra-
tions do not change much after 40 minutes. At the higher temperature of 115 °C the isom-
erization proceeds even faster compared to the hydrogenation. This is due to the relative 
higher activation energy of the isomerization. Thus, iso-dodecene is formed as the primary 
product at the beginning, before it is consumed to dodecane revealing the typical behavior 
of an intermediate product. 

The results illustrated in fig. 3.13b shows that the hydrogenation rate increases with 
increasing pressure of hydrogen corresponding to a decreased isomerization rate. At pH2 
= 2 MPa more dodecane is formed directly from the reactant 1-dodecene. For both pres-
sures considered in fig. 3.13b the series reaction of iso-dodecene to dodecane takes 
place. However, a coupled mechanism of back-isomerization to 1-dodecene by riso and 
subsequent hydrogenation to dodecane by rhg,b is imaginable (Vogl et al., 2005). 
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The influence of CO on the hydrogenation was investigated for ratios of pH2:pCO = 10:1 
and 16:1. As observed before for the isomerization, the rates of hydrogenation were also 
reduced by the inhibiting effect of CO. 

For quantification of the kinetics of the hydrogenation of 1-dodecene with rhg,b all three 
models given by eqs. 3.5 (GCCK approach), 3.6 (RDS), and 3.7 (empirical) were applied. 
Hereby, the isomerization of 1-dodecene (riso, eq. 3.15) and the hydrogenation of iso-do-
decene (rhg,a, eq. 3.8) were described with the available parameters. The already estimated 
pre-exponential factors kiso,∞ref and khg,a,∞ref were used as initial guesses. Consequently, the 
kinetic parameters (khg,b,∞ref and EA,hg,b) and equilibrium constants (Kα,hg,b…Kε,hg,b) are now 
the remaining free parameters and have to be estimated. 

Parity plots of the measured and predicted concentrations of 1-dodecene and dodec-
ane are given in fig. 3.13c-d. All models evaluated (GCCK approach, reduced GCCK, RDS 
and empirical) are able to describe the experimental reaction rates comparatively well. For 
 

 
Figure 3.13: Hydrogenation of 1-dodecene (sub-network III, rhg,b, eq. 3.18) (a) Temperature dependence 

ptot0 = pH20 = 1 MPa; T = 95 / 115 °C: model solid and dashed lines (nOL (blue), iOL (red), AL 
(green)), experiment filled and open symbols (nOL , iOL , AL ), (b) total pressure depend-
ence of the hydrogenation T = 105 °C; ptot0 = pH20 = 0.5/2 MPa: (legend same as for a), (c) parity 
plot of the illustrated experiments for the concentration profile of 1-dodecene for all kinetic rate 
approaches and (d) parity plot of the illustrated experiments for the concentration profile of do-
decane for all kinetic rate approaches (eqs. 3.5-3.7 and 3.18, parameter in tab. 3.5) 
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the GCCK approach (eq. 3.5) it was again not possible to estimate all 7 parameters in a 
way that they fulfill the criteria of statistical significance. Partly extreme large confidence 
intervals were found. As for the GCCK isomerization rate model a sensitivity analysis and 
a parameter reduction was performed leading to the following reduced GCCK equation: 

Reduced GCCK approach (based on eq. 3.5) 

� �
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As mentioned before Keq,hg,b can be calculated using eq. 3.14 with the following function 
for ΔGR,hg,b based on (Yaws, 1999). 

� � �� � � � � � � �06 2
R,hg,b 126.28 0.13 6.80 10G T T T  (kJ·mol-1) with T in K (3.19) 

The experimental and accordingly calculated transients based on eq. 3.18 are in good 
agreement at different temperatures and for the hydrogen pressures considered (fig. 
3.13a-b). 

Excluding again the pre-factor khg,b,∞ref, the activation energy EA,hg,b = 76 kJ·mol-1 and 
all other kinetic parameters summarized in tab. 3.5 are kept constant. The kiso,∞ref value 
was reduced in this evaluation step compared to the value estimated initially by about 
50 %. The three frequency factors kiso,∞ref = 2.30∙10+3 m3·(kgcat∙min)-1, khg,b,∞ref = 
398.40 m6·(kgcat∙min∙kmol)-1 and khg,a,∞ref = 2.34 m6·(kgcat∙min∙kmol)-1 were used later as 
initial values in the subsequent analysis of the total network. 
 

3.5.5 Hydroformylation of iso-dodecene: sub–network IV 
The last independent sub-network investigated was the hydroformylation of iso-dodecene. 
Beside this reaction, the isomerization and the hydrogenation of 1- and iso-dodecene can 
occur simultaneously in the presence of CO and H2. The rates of these parallel-series 
reactions were quantified before and rate equations were available. 

In the experiments the same mixture of olefin isomers was fed initially into the reactor 
as in the experiments carried out to hydrogenate iso-dodecene (rhg,a). Again temperature 
and total pressure ranges of 95–115 °C and ptot = 1–2 MPa were covered. The synthesis 
gas composition, i.e. pH2:pCO, was varied between 1:2 and 2:1. In fig. 3.14 are depicted 
selected concentration profiles of the reactant iso-dodecene and the hydroformylation and 
hydrogenation products (tridecanal, iso-aldehyde and dodecane). Compared to the hydro-
genation of iso-dodecene (rhg,a) a slight temperature dependence can be observed. Iso-
dodecene is consumed only slightly. Iso-aldehyde is formed with a rate rhf,a at 95 °C and 
115 °C. The small amount of initially present dodecane in the feed remained nearly con-
stant during the whole run. Obviously, tridecanal is the main reaction product especially at 
elevated temperatures and pressures. Thus, the reversible isomerization reaction (riso) and 
the consecutive hydroformylation (rhf,b) occur in series as discussed also in (Behr et al., 
2003; Vogl et al., 2005). Due to the high relative activation energy of the isomerization 
EA,iso the influence of this reaction is particularly significant at elevated temperature as 
already mentioned above. 
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The pressure dependence of the tridecanal formation is illustrated in fig. 3.14b. The 
result reveals the fact, that the formation of tridecanal is reduced with increased total syn-
thesis gas pressure connected with increased CO partial pressure. This observation is in 
good agreement with the results found for the isomerization sub-network. At higher CO 
partial pressures more inactive Rh-species are formed corresponding to a reduction of the 
amount of the active catalyst and an inhibition of the isomerization rate. Thus, for a high 
total pressure and a low reaction temperature the back-isomerization of iso-dodecene is 
suppressed and a lower amount of tridecanal is formed by the subsequent hydroformyla-
tion. 
 

 
Figure 3.14: Hydroformylation of iso-dodecene (sub-network IV, rhf,a); (a) Temperature dependence ptot0 = 

2 MPa, pCO0 = pH20 = 1 MPa, T = 95 / 115 °C: experiment filled and open symbols (iOL , 
nAD  , AL , iAD ) and (b) total pressure dependence at ptot0 = 1-2 MPa, T = 115 °C 

 
Inspecting the results of the hydroformylation experiments with the olefin isomer mixture 
had to be concluded that the observed formation of tridecanal did not allow a reliable esti-
mation of parameters quantifying the rate rhf,a. Thus, here the initially planned goal of de-
composition of the reaction network failed. However, parameters EA,hf,a and khf,a,∞ref of a 
simply power law approach (eq. 3.12) could be estimated during the final analysis of the 
total reaction network of the hydroformylation of 1-dodecene described in the following. 
 

3.5.6 Hydroformylation of 1-dodecene: total network 
Finally, the hydroformylation of 1-dodecene was investigated covering the complete net-
work given in fig. 3.1. The total network is studied experimentally in the same temperature 
and synthesis gas total pressure ranges as before the sub-networks (T = 95–115 °C, ptot = 
1–2 MPa). Additionally, the synthesis gas composition was varied: pH2:pCO = 0:1; 1:4; 1:2; 
2:1; 4:1 and 1:0. 

The experimental results presented already in fig. 3.8 are repeated in figs. 3.15a and 
3.15b, complemented now by the results of predictions using the final models and param-
eters to be discussed now. In addition, the also studied influence of the synthesis gas total 
pressure is shown in fig. 3.15c for the range ptot0 = 1–2 MPa. At the lower total pressure 
(corresponding also to a lower CO partial pressure) the isomerization is the main reaction, 
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which forms iso-dodecene faster than the parallel hydroformylation forms the target tride-
canal. For a higher total pressure of 2 MPa the isomerization rate is reduced and more 
tridecanal can be produced directly from 1-dodecene by rhf,b Thus, with increasing total 
and CO partial pressure the isomerization rate is decreased as already illustrated in fig. 
3.9b. 

This is now the point to return the required quantification of the effect of the synthesis 
gas composition on the amount of active catalyst present in the resting state (eq. 3.1d). 
Fig. 3.15d shows the influence of the CO partial pressure measured at T = 105 °C and for 
ptot0 = 2 MPa (with hydrogen being the remainder) on the product composition after 60 min. 
The full range from pure hydrogen to pure carbon monoxide is covered. As discussed 
already above the hydrogenation and in particular the isomerization takes place if pCO is 
zero. With increasing partial pressures of CO the isomerization rate riso and the hydrogena-
tion rate rhg,b rate decrease gradually and the hydroformylation proceeds. The maximum  
 

 
Figure 3.15: Hydroformylation of 1-dodecene (total network Vtotal, rhf,b, eq. 3.20) (a and b) Temperature de-

pendence ptot0 = 2 MPa, pCO0 = pH20 = 1 MPa, T = 95 / 115 °C: model solid and dashed lines 
(nOL (blue), iOL (red), nAD (dark blue), AL (green), iAD (grey)), experiment filled and open 
symbols (nOL , iOL , nAD , AL , iAD ), (c) pressure dependence of the hydroformyla-
tion at T = 115 °C, ptot0 = 1 / 2 MPa: (legend same as for a and b) and (d) Experimental observed 
effect of partial pressure CO and H2 at the hydroformylation of 1-dodecene on the product spec-
trum at T = 105 °C 
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amount of the desired hydroformylation product tridecanal formed by rhf,b was observed for 
the stoichiometric ratio H2:CO = 1:1. If the CO partial pressure is further increased, the 
conversion of 1-dodecene is decreased, which reduces the extents of all reactions. For 
such CO rich conditions, the inactive Rh-dimers and Rh-dicarbonyl complexes shown in 
fig. 3.3 are formed (Kamer et al., 2004; Deshpande et al., 2011). 

The pronounced and important effect of the syngas composition on the amount of 
catalyst in the resting state ccat,rs can be quantified using eq. 3.1d with the unknown equi-
librium constants Kcat,α and Kcat,β. Analyzing results of batch runs carried out with different 
syngas compositions, these two constants were now estimated together with the other still 
unknown kinetic parameters of the models describing the rates of the hydroformylation 
reactions. For the rates of the isomerization, riso, and the rates of the hydrogenations of 
iso- and 1-dodecene, rhg,a and rhg,b, eqs. 3.15, 3.8 and 3.18 were used. Hereby the pre-
factors kiso,∞ref, khg,a,∞ref and khg,b,∞ref determined before served just as initial guesses and 
were estimated again together with the free parameters of the hydroformylation kinetics 
described by eqs. 3.9-3.12 and 2.23, namely the activation energies EA,hf,a, EA,hf,b and 
khf,a,∞ref, khf,b,∞ref and the equilibrium constants Kα,hf,a,…, Kκ,hf,a). 

An estimation of the whole set of parameters using the general approach (eq. 3.9) 
was not satisfying, because many of the estimated parameters were identified as non-
sensitive. Consequently, as for the isomerization and hydrogenation sub-networks, again 
a sensitivity analysis and a model reduction were performed. Applying eqs. 2.24-2.36 the 
following model equation (reduced GCCK approach), which contains just five free param-
eters was identified to describe the rate of the hydroformylation of 1-dodecene. 

Reduced GCCK approach (based on eq. 3.9): 
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The five parameters in eq. 3.20 were estimated together with the constants Kcat,α and Kcat,β 
describing the catalyst equilibrium (eq. 3.1d) and parameters of a rate model for the in the 
previous chapter still not quantified hydroformylation of the iso-dodecene with the rate rhf,a. 
For the latter the simple empirical eq. 3.12 was used. 

All estimated equilibrium and kinetic parameters are finally summarized in tab. 3.5 
together with the parameters determined in the previous steps. 

The quality of the description of the observed transients with the derived total model 
for the studied reaction network (figs. 3.1 and 3.2) is illustrated in fig. 3.15a-c. There is for 
the whole temperature and pressure range covered a relative good agreement between 
experimental results and predictions. 

This is also illustrated by the parity plots of 1-dodecene and tridecanal concentrations 
given for several typical runs in fig. 3.16. In this figure are also given for comparison the 
corresponding parity plots for describing the rate of the 1-dodecene hydroformylation, rhf,b, 
with the complete GCCK model (eq. 3.9), with the simpler RDS approach based (eq. 3.10) 
and the empirical model (eq. 3.11) without presenting the related kinetic parameters and 
the corresponding lager confidence intervals. Although the differences are not so pro- 
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Figure 3.16: Parity plots for the evaluation of the total network Vtotal (eqs. 3.9-3.11 and 3.20, parameters in 

table 3.5) (a) of the presented experiments for the concentration profile of 1-dodecene for all 
kinetic rate approaches and (b) of the presented experiments for the concentration profile of 
tridecanal for all kinetic rate approaches 

 
nounced, because of the systematically derived model using the reduced general ap-
proach should be clearly favored. 

Fig. 3.17 shows finally the predicted effect of CO on the amount of active catalyst 
based on eq. 3.1d using the estimated two equilibrium constants as in tab. 3.5. It can be 
seen that for typical conditions used (namely ptot0 = 2 MPa, pH20 = pCO0 = 1 MPa, T = 
105 °C) only about 40 % of the total catalyst amount fed in the reactor are predicted to be 
in the resting state. However, this must be seen as a very rough estimation, because the 
Kcat,α and Kcat,β values were estimated with quite high uncertainty together with several 
other parameters. A check of this unexpected low amount of active catalyst requires the 
application of additional measurements using NMR, Raman or IR-techniques. 
 

 
Figure 3.17: Effect on the active catalyst concentration in resting state; T = 105°C, ptot0 = 2 MPa according 

eq. 3.1d and the parameter Kcat,α and Kcat,β (table 3.5) 
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3.5.7 Evaluation of the overall approach followed and the kinetic parameters 
estimated 

The applied strategy of analyzing sequentially sub-networks of increasing size should be 
in principle based on estimating on a higher level only a limited number of new parameters 
and to conserve completely the parameters determined on the lower level. Due to both 
unavoidable experimental and model errors this is a too optimistic approach. Accepting 
this limitation, essentially the most instructive activation energies were kept constant and, 
as noted above, the pre-exponential factors kjc,∞ref were updated on each higher level, us-
ing the values from the lower level just as initial estimated. An indicator of the overall con-
sistency of the approach followed is the fact that the finally fixed pre-factors kiso,∞ref, khg,a,∞ref, 
khg,b,∞ref, khf,a,∞ref, khf,b,∞ref are in the same order of magnitude as the values found earlier 
analyzing the corresponding smaller sub-networks. For example the frequency factor of 
the isomerization rate kiso,∞ref evolves from initially 4350m3·(kgcat∙min)-1 (sub-network I) via 
2300 m3·(kgcat∙min)-1 (sub-network III) to the final value of 696 m3·(kgcat∙min)-1 given in tab. 
3.5. Besides the general errors mentioned, this shift in absolute values could be also ex- 
 

 

Table 3.5: Summary of estimated parameters describing the network of reactions illustrated in figs. 3.1-3.3 
via the reduced GCCK approach models. 

Parameters Unit Value 95 % CI 
Catalyst equilibrium (eq. 3.1d) 
Kcat,α m3·kmol-1 10.00 ± 20.5 
Kcat,β

 - 1.01 ± 0.6 
Isomerization (iso) I riso (eq. 3.15) 
Frequency factor kiso,∞ref m3·(kgcat∙min)-1 696.232) ± 69.6 
Activation energy EA,iso kJ·mol-1 136.891 ± 39.7 
Gibbs-enthalpy ΔGR,iso 1) J·mol-1 -1.1∙10+4 ± 2530.0 
Kα,iso

 m3·kmol-1 38.63 ± 97.4 
Kβ,iso

 m3·kmol-1 226.21 ± 47.5 
Hydrogenation (hg) II/III rhg,a (eq. 3.8) / rhg,b (eq. 3.18) 
Frequency factor khg,b,∞ref m6·(kgcat∙min∙kmol)-1 139.552) ± 132.6 
Activation energy EA,hg,b kJ·mol-1 76.105 ± 19.8 
Kα,hg,b

 m3·kmol-1 2.66 ± 3.7 
Kγ,hg,b

 m3·kmol-1 7.10 ± 6.9 
Kδ,hg,b

 m3·kmol-1 1.28 ± 1.5 
Frequency factor khg,a,∞ref m6·(kgcat∙min∙kmol)-1 0.702) ± 12.9 
Activation energy EA,hg,a kJ·mol-1 102.260 ± 13.3 
Hydroformylation (hf) IV/V rhf,a (eq. 3.12) / rhf,b (eq. 3.20) 
Frequency factor khf,b,∞ref m9·(kgcat∙min∙kmol2)-1 5.00∙10+7 ± 1.7∙10+7 
Activation energy EA,hf,b kJ·mol-1 113.080 ± 37.3 
Kα,hf,b

 m3·kmol-1 574.88 ± 2040.8 
Kδ,hf,b

 m3·kmol-1 3020.00 ± 8154.0 
Kθ,hf,b

 m3·kmol-1 1.17∙10+4 ± 117.0 
Frequency factor khf,a,∞ref m9·(kgcat∙min∙kmol2)-1 600.00 ± 864.0 
Activation energy EA,hf,a kJ·mol-1 120.844 ± 493.0 

1) related to Keq,iso according to eq. 3.14 
2) finally again adjusted in analyzing the whole network Vtotal 
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plained by changes in the experimental conditions. E.g. the gas phase in the isomerization 
experiments differed from the gas phase in the hydroformylation experiments related to 
differences in the catalyst state, which is described only in a simplified way assuming the 
cycle shown in fig. 3.2 and the estimation of the resting state amount based on eq. 3.1d 
(fig. 3.3). 

In further evaluating and interpreting the resulting set of parameters summarized in 
table 3.5, it should be also remembered that the reaction rate rhf,c shown in fig. 3.1 as 
another possible pathway forming iso-aldehyde directly from the feed 1-dodecene cannot 
be fully excluded. It could be here expressed by a series reaction of initial isomerization 
with rate riso and subsequent hydroformylation of iso-dodecene with rate rhf,a and, thus, 
was not further required for the mathematical description of the available batch run results. 

The activation energy estimated for the isomerization (EA,iso =137 kJ·mol-1) is the high-
est found in the total network. This is confirmed by the observation that for the relative 
highest temperature isomerization is the dominating 1-dodecene consuming reaction. The 
activation energies of the two hydroformylation reactions of n-dodecene (EA,hf,a = 
113 kJ·mol-1) and iso-dodecene (EA,hf,c = 121 kJ·mol-1) are lower. Consequently, with re-
spect to selectivity, lower temperatures should be applied to suppress preliminary isomer-
ization and support direct tridecanal formation. The two hydrogenation reactions of 1- and 
iso-dodecene are characterized by the lowest activation energies (EA,hg,b = 76 kJ·mol-1 and 
EA,hg,a = 102 kJ·mol-1). Altogether the total amount of alkane found is low for the selective 
hydroformylation catalyst used. Furthermore, comparing iso-dodecene and 1-dodecene 
as feeds the activation energies of the former are higher in both hydrogenation and hydro-
formylation. This fact can be explained by the specific steric hindrance provided by the 
ligand biphephos and/or by a coupled mechanism of back-isomerization and consecutive 
in-situ hydrogenation and hydroformylation to dodecane and iso-aldehyde, respectively. 

Regarding the rather large confidence intervals of the parameters also given in table 
3.5 should be noted that they are based on severe statistical evaluation. They indicated 
that caution is still required regarding interpretation of the postulated mechanisms. 

It can be finally stated that the large amount of experimental and corresponding cal-
culated results applying the models and parameters discussed are found to be in rather 
good agreement with respect to the individual sub-networks and the total network for the 
temperature and pressure range covered. Now they are available for application in reactor 
models. 
 

3.6 Conclusions 
In this section, the rhodium-catalyzed hydroformylation of 1-dodecene was studied as an 
example for a challenging homogeneously catalyzed reaction. Using a biphephos ligand 
and a thermomorphic multicomponent solvent system (olefin/decane/DMF), a broad range 
of temperatures, concentrations, total pressures and partial pressures of carbon monoxide 
and hydrogen was investigated. The complex reaction network consists of six main paral-
lel-series reactions representing isomerization, hydrogenation and hydroformylation. In or-
der to support estimating free parameters in rate equations for all identified reactions, the 
complete network was decomposed into four, progressively more complex sub-networks 
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with different intermediates as reactants. For the kinetic description detailed mechanistic 
models were derived based on a catalytic cycle including both active and inactive Rh-
species. Reduced GCCK approach models and the corresponding free parameters were 
identified by analyzing a large set of batch reactor runs using model reduction techniques 
based on singular value decomposition and subset selection methods. Following this se-
quential strategy, kinetic models and parameters could be determined for all sub-steps 
and the total network. The results provide valuable insight into the reaction progress of 
long-chain olefin hydroformylation in useful thermomorphic solvent systems. The overall 
model presented allows also describing quantitatively the effect of changes in the gas 
phase composition on the amount of the active catalyst. It was shown that the isomeriza-
tion plays a key role in the total reaction network and reduces the terminal aldehyde yield. 
At elevated temperature, the isomerization reaction consumes relatively fast the reactant 
1-dodecene and causes the formation of the undesired iso-aldehyde. Thus, this attractive 
hydroformylation process should be performed at lower temperature to avoid preliminary 
isomerization. The kinetic models developed in this work can be used to design and opti-
mize new reactor concepts for this kind of homogeneously catalyzed multi-phase hydro-
formylation reactions. 

The analysis performed for hydroformylation has proven that the systematic GCCK 
approach can be applied successfully. In the following section, in order to further validate 
them, the kinetic models derived are used to predict the behavior of various operation 
modes capable to carry out the hydroformylation going beyond batch operation. 
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4 Application of Kinetic Models: Different Reactor Oper-
ations 

In the previous section, the reaction kinetics of the homogeneously rhodium-biphephos 
catalyzed hydroformylation of 1-dodecene could be quantified. Reduced mechanistic ki-
netic models were derived for both the desired main reaction (eq. 3.20) and the most im-
portant side reactions (eqs. 3.15 and 3.18). Furthermore, relations were established which 
allow the calculation of the amount of the active catalyst present in the resting state as a 
function of the CO and H2 concentrations in the liquid phase (eq. 3.1d). 

In the present section, these reaction kinetics will be used to predict and to improve 
reactor performance in alternative operation modes beyond batch operation. The suitabil-
ity of the reaction kinetics will be validated and partly adjusted considering semi-batch and 
continuous operation. Finally, a strategy based on recycling of unconverted 1-dodecene 
and formed iso-dodecene will be evaluated in a parametric study. 

The results presented in this section were also acquired within a DFG-funded (SFB-
TR 63) cooperation with the group of Prof. Sundmacher (Otto–von–Guericke University in 
Magdeburg), which resulted in the following publication: 

B. Hentschel, G. Kiedorf, M. Gerlach, C. Hamel, A. Seidel-Morgenstern, H. Freund 
and K. Sundmacher, Model-Based Identification and Experimental Validation of the 
Optimal Reaction Route for the Hydroformylation of 1-Dodecene, Industrial & En-
gineering Chemistry Research 54 (6), 1755–1765, 2015 

The author of this thesis contributed to this paper significantly by adjusting the kinetic pa-
rameters based on results of a large set of additional batch, semi-batch and dynamic ex-
periments. The model-based identification of the ideal reaction route was done by B. 
Hentschel. 
 

4.1 Experimental equipment and procedures 
To analyze the hydroformylation of 1-dodecene in semi-batch, dynamic and continuous 
operation mode a pilot plant reactor unit from Mettler Toledo (Vseg,tot = 1.8 l) was designed 
and constructed by J. Markert at the Otto–von–Guericke University in Magdeburg (fig. 4.1). 
The double wall stainless steel reactor can be operated at 10 MPa maximum total pressure 
and 150 °C reaction temperature. The pressure control concept was realized using an 
automatic pressure controller (RCPress60, Mettler Toledo), which enables several dosing 
concepts for the synthesis gas components CO and H2 as well as the inert gas component 
N2. A gassing stirrer provides a fast ideal liquid and gas phase mixing compared to the 
magnetic stirrer of the multi reactor system (MRS, Parr Instrument) used in section 3. For 
continuous operation, additional HPLC-pumps (Knauer) and a fluid level control system 
including a phase separation unit with purge were installed to enable a continuous inlet 
and outlet fluid flux (CSTR-model), respectively. The dosing of the TMS system including 
the solved rhodium-biphephos catalyst is split in two pumps. Thus, a phase separation of 
the solvent system at the inlet flux at room temperature could be avoided (Markert et al., 
2013; Hentschel et al., 2015). 
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Figure 4.1: Schematic illustration of the pilot plant scale reactor calorimeter unit (Mettler Toledo) and con-

tinuous process equipment 
 
The experimental procedure is close to the kinetic experiments in the MRS (Parr Instru-
ment) (see also section 3.3.2). Before filling the reactor with the polar (DMF) and nonpolar 
(decane) components of the TMS system as well as the rhodium precursor and ligand 
biphephos, the reactor was flushed with N2 and evacuated several times to get inert con-
ditions. The weighed masses (decane 343.8 g, DMF 229.8 g, Rh(acac)(CO)2 8.49·10-5 mol 
and biphephos 2.8·10-4 mol) correspond to the composition of the kinetic experiments in 
section 3. The catalyst pre-treatment was performed at 1.5 MPa synthesis gas pressure 
and the desired reaction temperature for at least 60 min. After the catalyst pre-treatment, 
the preheated reactant 1-dodecene (mnOL = 142.8 g and T = 60 °C) was pulsed at the 
desired total pressure into the reactor unit using an additional pressure vessel, synthesis 
gas and the automatic pressure controller. The reaction has been started if the 1-dodecene 
was fed. The stirrer speed was set to 800 rpm and the samples were taken at discrete 
steps using a manually operated valve (Hentschel et al., 2015). 

The concentration analysis of the reactants and products were realized using the of-
fline GC-TCD analytic which was already described in section 3.3.3. 
 

4.2 Preliminary experiments 
As aforementioned in section 3.4.1, gas solubilities and mass transfer coefficients have to 
be determined independently from hydroformylation experiments. While the effective mass 
transfer coefficient depends on stirrer, stirrer speed and reactor geometry, the thermody-
namic equilibrium solubility of a gas component in a solvent system has to be determined  
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Table 4.1: Solubility parameters of synthesis gas components in the initial TMS system (eq. 3.13) and the 
corresponding effective mass transport coefficient (eq. 2.41-2.42) (Hentschel et al., 2015) 

Component Hjc0, (MPa·m³)·kmol-1 EA,sol,jc, kJ·mol-1 keff,jc, min-1 
H2 6.64 -3.06 9.57 
CO 7.39 -0.84 7.08 

 
independently from the reactor unit. However, because of improving the experimental pro-
cedure and none kinetic limitations using a gassing stirrer the solubility and mass transport 
parameter of carbon monoxide and hydrogen are updated in tab. 4.1. 

The experimental procedure was as follows. The reaction calorimeter was filled with 
the TMS system (see also section 4.1) neglecting rhodium catalyst and heated up at vac-
uum conditions to the desired temperature. After equilibration, the stirrer stopped and the 
system was pressurized rapidly with one of the gaseous reactants using the automatic 
pressure controller. After the desired total pressure is adjusted the stirrer starts again. The 
recorded pressure data are used to estimate the kinetic and equilibrium mass transfer 
parameters. The comparison of the single component modeled and experimental solubility 
data of hydrogen and carbon monoxide at 1 MPa total pressure and 105 °C, respectively, 
is presented in fig. 4.2. 

However, the updated procedure is still error-prone regarding the gas phase pressur-
izing. Using the automatic pressure controller (fig. 4.1) to load the gas component the 
procedure is very slowly. Thus, during pressurizing the gas phase component can be 
solved in the TMS system without recording. Accordingly, the equilibrium gas solubility will 
be underestimated. Additionally, the temperature effect of the gas solubility is marginal. 
Based on this and the error-prone gas phase pressurizing the temperature depends of the 
gas solubility can be interpreted differently. Therefore, negative solubility activation ener-
gies are possible (compare EA,sol,jc in tab. 3.2 and tab. 4.1). At future experiments an addi-
tional gas pressure vessel has to be used as accurately defined gas reservoir. Therefore, 
the needed time for gas pressurizing can be neglected in the error analysis. 
 

 
Figure 4.2: Experimental (symbols) and modeled (lines) data of the solubility measurement in the reaction 

calorimeter to determine eq. 3.13 of H2 (ptot0 = pH20 = 1 MPa) and CO (ptot0 = pCO0 = 1 MPa) in 
decane/DMF/1-dodecene at T = 105 °C (estimated values in tab. 4.1) 
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4.3 Evaluation of different operation modes 
Analyzing experimental data determined in a batch reactor an estimation of the kinetic 
parameters and the gas solubilities were performed in section 3. The resulting kinetic 
model described the hydroformylation of 1-dodecene for batch operation conditions in the 
experimentally covered pressure and temperature range quite well (see e.g. fig. 3.15). 
However, to design and optimize a process imposed by forced changes of the CO/H2 at-
mosphere and temperature, an extrapolation of the derived kinetic model is required out-
side of the state space covered during the batch experiments. A test of applying the model 
for the prediction of an additionally performed semi-batch and forced dynamic experi-
ments, not used for the parameter estimation, resulted in larger deviations between exper-
imental data and the model prediction as illustrated in fig. 4.3. In particular, the iso-alde-
hyde production is overestimated generally. This mismatch based on the increased partial 
pressure of carbon monoxide at semi-batch conditions especially at an advanced reaction 
time in combination with a high iso-dodecene concentration. These conditions were not 
part of the previous batch experimental data. 

For refining the kinetic model described in section 3, the general structure suggested 
previously was maintained (section 3, eqs. 3.1d, 3.8, 3.12, 3.15, 3.18 and 3.20). The ad-
ditional information covers a larger range of experimental conditions which was applied to 
fit new model parameters better capable to predict higher concentrations of the gases 
dissolved in the liquid phase. 

In order to cover the semi-batch and perturbed batch conditions it was necessary to 
introduce an exponent for the CO concentration ncat in the catalyst pre-equilibrium calcu-
lation (eq. 3.1d). The revised equation is shown below. 

� �cat cat

2

Rh,precursor
cat,rs 1

cat,α CO,li cat,β CO,li H ,li1 n n

c
c

K c K c c�
�

� � � � �
 (4.1) 

 

 
Figure 4.3: Experimental (symbols: nOL , iOL , nAD , AL , iAD ) and modeled (solid lines: original 

kinetic parameters from tab. 3.5, nOL (blue), iOL (red), nAD (dark blue), AL (green), iAD (grey)) 
concentration profiles over time of (a) semi-batch hydroformylation experiments of 1-dodecene 
in the reactor calorimeter (Vseg,tot = 1.8 l) at T = 105 °C and ptot = 2 MPa and (b) forced dynamic 
experiments with initial batch isomerization of 1-dodecene at T = 105 °C and pCO0 = 1 MPa and 
subsequent hydroformylation via perturbation with synthesis gas (1:1) up to ptot = 2 MPa and 
T = 115 °C 
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The previously postulated catalyst pre-equilibrium included inactive Rh–dimers (fig. 3.3), 
as also described in (Moasser et al., 1995; Bronger et al., 2004; Deshpande et al., 2011). 
Based on the newly estimated exponent a more complex influence of CO and other cata-
lyst species on the formation of the catalyst in resting state became apparent. Thus, during 
fitting the original parameter Kcat,β was identified to be almost zero. As a consequence and 
in agreement with the observations of van Leeuwen (Bronger et al., 2004), no effect of 
inactive Rh-dimers could be deduced for the conditions investigated. To better understand 
this important aspect more detailed investigations of the catalyst pre-equilibrium with 
NMR-techniques or quantum chemistry calculations are necessary. Potential species were 
already introduced in fig. 3.3. Finally, to revise the model, a new reaction (rhf,c, see eq. 4.2 
and fig. 3.1) was added and parameterized to accurately reproduce the formation of iso-
aldehyde observed during semi-batch operation. 

2hf,c hf,c nOL H ,li CO,lir k c c c� � � �  (4.2) 

The refined parameters, which were estimated on semi-batch (fig. 4.5) and forced dynamic 
hydroformylation experiments (fig. 4.6), are listed in tab. 4.2, whereas the original param-
eters can be found in tab. 3.5. It should be emphasized that the confidence intervals of the 
refined parameters (the inhibition constants Kcat,α-β in eq. 4.1 and the frequency factors k∞,jR 
(eqs. 3.8, 3.12, 3.15, 3.18, 3.20 and 4.2) are much smaller than those of the original pa-
rameters. The parameter estimation was supported by the made additional assumptions, 
such as the introduction of a reaction order for CO and the incorporation of the direct for-
mation of iso-aldehyde from 1-dodecene. 

Simulations and a prove of applicability of the refined model (solid lines) are shown 
for batch, semi-batch, forced (perturbed) dynamic and continuous experimental data in 
figs. 4.4-4.7 and explained in more detail below. 
 
Table 4.2: Revised kinetic parameters (eqs. 3.8, 3.12, 3.15, 3.18, 3.20, 4.1 and 4.2) for the hydroformyla-

tion of 1-dodecene reaction network (fig. 3.1) 

Parameter Unit Value 95 % CI 
Catalyst equilibrium (eq. 4.1) 
Kcat,α

 (m3·kmol-1)ncat 3.041∙10+1 ± 2.557∙10+1 
Kcat,β

 - 0 ± inf 
ncat

 - 0.644 ± 0.080 
Isomerization riso (eq. 3.15) 
Frequency factor kiso,∞ref m3·(kgcat∙min)-1 4.878∙10+3 ± 4.738∙10+2 
Hydrogenation rhg,a (eq. 3.8) / rhg,b (eq. 3.18) 
Frequency factor khg,b,∞ref m6·(kgcat∙min∙kmol)-1 2.724∙10+2 ± 4.608∙10+1 
Frequency factor khg,a,∞ref m6·(kgcat∙min∙kmol)-1 2.958∙10-2 ± 2.021 
Hydroformylation rhf,a (eq. 3.12) / rhf,b (eq. 3.20) / rhf,c (eq. 3.20) 
Frequency factor khf,a,∞ref m9·(kgcat∙min∙kmol2)-1 3.702∙10+1 ± 3.901 
Frequency factor khf,b,∞ref m9·(kgcat∙min∙kmol2)-1 4.904∙10+7 ± 6.824∙10+6 
Frequency factor khf,c,∞ref m9·(kgcat∙min∙kmol2)-1 3.951∙10+2 ± 4.296∙10+1 
Activation energy EA,hf,c kJ·mol-1 120.8441) - 

1) activation energy adopt from EA,hf,a (see tab. 3.5) 
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4.3.1 Batch operation mode 
In batch operation (fig. 4.4) no dosing of synthesis gas was performed during the experi-
ments. Initially, no gas was solved in the liquid phase and the initial total pressure in the 
gas phase was set to 2 MPa with a H2 to CO ratio of 1. Due to the gradually vanishing 
driving forces the mass transfer into the liquid phase was slower than for semi-batch or 
perturbed batch operation mode discussed below. This fact was increased due to the ap-
plication of a reactor system with a magnetic stirring bar in the kinetic experiments (section 
3). This yielded to differences in the estimated keff,jc value for CO and H2 between the two 
sets of experiments (tab. 3.2 and tab. 4.1). A more detailed description of the reactor sys-
tem and the experimental procedures can be found in section 3.3. Due to the batch oper-
ation, the pressure drops and H2, is gradually depleted, which reduces the extend of the 
hydroformylation reaction. In parallel, since the CO concentration in the liquid is compara-
tively low, there is no significant inhibition of the isomerization reaction, which lowers the 
selectivity with respect to tridecanal. Obviously, since the kinetic parameters reported in 
section 3 have been entirely obtained from batch experiments, the batch case could be 
predicted quite accurately in the covered range operating parameters. The experimental 
1-dodecene concentration drop after one minute (fig. 4.4a) and the simultaneously iso-
dodecene rise results from experimental procedure limits. Further studies use an improved 
synthesis gas pressurizing concept which reduces this effect to a minimum (Jörke et al., 
2015a). 
 

 
Figure 4.4: Experimental (symbols) and modeled (solid lines: revised kinetic parameters from tab. 4.2) con-

centration profiles over time of batch hydroformylation experiments of 1-dodecene in the multi 
reactor system (Vseg = 0.09 l) at (a) T = 95 °C; ptot = 2 MPa and (b) T = 115 °C; ptot = 1 MPa 

 

4.3.2 Semi-batch operation mode 
In the semi-batch experiments (fig. 4.5) the same initial conditions were used as in the 
batch case, but the depletion of gas was compensated by dosing continuously stoichio-
metrically composed synthesis gas (JH2gas = JCOgas = 0.5·Jtotgas), keeping a constant total 
pressure of 2 MPa. In this way, higher concentrations of gas in the liquid phase and there-
fore on the active catalyst could be maintained over the entire reaction time. The experi-
mental data reveal that the isomerization is significantly reduced compared to batch oper- 
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Figure 4.5: Experimental (symbols) and modeled (solid lines: revised kinetic parameters from tab. 4.2) con-

centration profiles over time of semi-batch hydroformylation experiments of 1-dodecene in the 
reaction calorimeter (Vseg = 1.8 l) at (a) T = 95 °C and ptot = 2 MPa and (b) T = 105 °C and ptot = 
2 MPa 

 
ation. This can be well explained by the higher CO concentration in the liquid phase (see 
also fig. 3.15d) (Kiedorf et al., 2014). However, model predictions using the original pa-
rameter set overestimated the dynamics of the reaction system significantly (see also fig. 
4.3). Also, the production of iso-aldehydes was overestimated. Since in the original batch 
experiments performed higher CO concentration in the liquid phase were present only for 
the short initial period, these experiments were characterized by a lack of information 
about the influence of higher CO concentrations on the reaction kinetics. Particularly, since 
all reactions were inhibited by CO, the inhibition constants in eq. 3.1d needed to be refined. 
The reported high confidence interval of Kcat,α in (Kiedorf et al., 2014) (tab. 3.5) clearly 
resulted from this missing information. Also, the overestimation of the iso-aldehyde for-
mation can be explained with this fact. 
 

4.3.3 Dynamic operation mode (perturbation experiments) 
The additionally performed new perturbed experiments (fig. 4.6) are in principle two batch 
experiments carried out in series to re-parameterize the model regarding its CO sensitivity. 
During a first isomerization phase (≈ 100 min), in which a pure CO atmosphere of 0.1 MPa 
(fig. 4.6a) or 0.3 MPa (fig. 4.6c) was applied, 1-dodecene was almost completely converted 
into iso-dodecenes. The subsequent hydroformylation phase was initiated via a perturba-
tion with synthesis gas (JH2gas = JCOgas) up to 2 MPa. At the same time, the temperature 
was increased from 95 °C to 115 °C to enhance the rate of re-isomerization by shifting the 
chemical equilibrium. Using the original parameters, the model predicts a constant 1-do-
decene concentration until the hydroformylation starts. According to eq. 3.1d the missing 
hydrogen led to a total deactivation of the active catalyst, and hence, the initial isomeriza-
tion phase could not be reproduced (fig. 4.3b). Based on the experimental data acquired, 
a refinement of the reaction kinetics proposed by (Kiedorf et al., 2014) could be done to 
cover a wide range of operating conditions as needed for the process improvement studied 
in this work (fig. 4.6). 
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Figure 4.6: Experimental (symbols: nOL , iOL , nAD , AL , iAD ) and modeled (solid lines: revised 

kinetic parameters from tab. 4.2, nOL (blue), iOL (red), nAD (dark blue), AL (green), iAD (grey)) 
concentration, pressure and temperature profiles over time of forced dynamic experiments with 
initial batch isomerization of 1-dodecene at T = 105 °C and (a-b) pCO0 = 1 MPa and (c-d) pCO0 = 
3 MPa and subsequent hydroformylation via perturbation with synthesis gas (1:1) up to ptot = 
2 MPa and T = 115 °C 

4.3.4 Continuous operation mode 
For validation of the revised reaction kinetics and to appreciate the performance of a CSTR 
a continuous operated hydroformylation of 1-dodecene was performed. The experimental 
realization was already mentioned in section 4.1. Based on the previous batch, semi-batch 
and forced dynamic hydroformylation experiments the 60 min reaction time was trans-
ferred in an adequate CSTR residence time τ (eq. 4.3). 

( � �
�

�
�

seg seg,li

tot nOL+decane DMF+cat

V V
V V V

 (4.3) 

By means of this equation and the available liquid reaction volume (Vseg,li = 0.9 l) the volu-
metric fluxes of the nonpolar and polar part of the TMS system results in V̇nOL+decane = 
7.63 ml·min-1 and V̇DMF+cat = 2.37 ml·min-1, respectively. Based on the polarity the required 
catalyst/ligand complex was solved in the DMF inlet flux. 

The continuous operation process (fig. 4.7) was initialized using the well-known batch  
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Figure 4.7: Validation of the revised reaction kinetic (tab. 4.2) in continuous operation mode using the reac-

tion calorimeter (Vseg = 1.8 l; T = 105 °C; ptot = 2 MPa and τ = 60 min) with an initial batch process 
(t ≤ 30 min; T = 105 °C; ptot0 = 2 MPa) (Hamel, 2016) 

 
experimental setup for 30 min (T = 105 °C and ptot = 2 MPa). Afterwards the system was 
transferred in a continuous process. Accordingly, after certain time continuous steady state 
conditions could be assumed. 

The mathematical modeling was performed using the two phase CSTR partial pres-
sure and concentration balances (eqs. 2.41-2.43) which were already introduced in section 
2.3.1. Based on the experimental setup almost isothermal conditions were present. Cor-
responding to this, the energy balance was not solved. For analysis of the initial batch 
process, it becomes apparent, that the revised reaction kinetics clearly underestimate the 
isomerization of 1-dodecene (riso) and the hydroformylation from 1-dodecene to tridecanal 
(rhf,b). The formation of the side products decane and iso-aldehyde can be described well. 
After switch to continuous conditions the system was transferred into the steady state. This 
dynamic can be described relatively well. However, because of missing the switchover 
point the absolute concentration values of 1-dodecene, iso-dodecene and tridecanal were 
not reached by the modeling. After 250 min overall reaction time experimental steady state 
conditions can be assumed. In this range the model predicted the steady state, too. But 
also in this connection the isomerization of 1-dodecene was underestimated by the reac-
tion kinetic model. Accordingly, 1-dodecene and iso-dodecene were over- and underrate, 
respectively. Based on missing calibration response factors of the dodecene isomers for 
the GC analytic (see also section 3.3.3) the experimental isomer dodecene concentration 
description was inaccurate. Isomerization studies of the decene system offered differences 
in these response factors (Jörke et al., 2015a). Therefore, the measured gap of the iso-
dodecene concentration was caused by analytic discrepancies, too. Further measured 
components can be reflected by the model description well. After 300 min the continuous 
experiment was terminated because of a limiting preparation and post-processing setup. 

Based on these experimental data and the model prediction, it can be observed, that 
the revised reaction kinetic is able to describe the hydroformylation of 1-dodecene in a 
broad temperature and pressure range as well as in different operation modes. Accord-
ingly, using the reaction kinetics several parametric studies can be performed to improve 
the reactor performance. 
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4.4 Parametric study of feed variation 
In all preliminary observations, the equilibrium limited isomerization was recognized as the 
main side reaction which reduces the process efficiency. Thus, to improve the reaction 
performance the forward isomerization of 1-dodecene has to prevent (see riso in fig. 3.1). 
The three main control settings of the isomerization properties are the reaction tempera-
ture, the total synthesis gas pressure and the partial pressure of hydrogen and carbon 
monoxide. Based on the estimated activation energies (see tab. 3.5, EA,iso > EA,…) the spe-
cific adjustment of the reaction temperature is mostly promising. One another approach is 
to exploit the equilibrium composition of the terminal olefin and the corresponding isomers. 
If iso-dodecene is used as additional feed component the equilibrium dodecene composi-
tion can be shifted directly to 1-dodecene (nOL ↔ iOL). Accordingly, the TMS system is 
extended by the iso-dodecene component. By means of the parametric study a suitable 
terminal olefin to isomer ratio will be determined to increase systematically the terminal 
aldehyde yield. For this purpose, in eq. 4.4 the molar inlet feed ratio of the isomer and 
terminal dodecene is introduced. 

in
iOL
in
nOL

nratio
n

�  (4.4) 

An inlet feed ratio of zero corresponds to the standard TMS system composition (section 
3.1). To achieve the TMS system requirement, the total dodecene inlet concentration was 
set constant. Accordingly, the terminal inlet olefin concentration is decreased with an in-
creased inlet ratio. Below the effect on the reaction performance of the three discussed 
control factors will be analyzed in detail. 

In fig. 4.8 the complete olefin conversion consisting of 1- and iso-dodecene XOL, the 
tridecanal selectivity and yield are shown as function of the inlet feed ratio and the reaction 
temperature. Obviously, the overall olefin conversion is decreased with increasing feed 
ratio. This is due to the reduced amount of more reactive terminal olefin at the feed posi-
tion. At higher reaction temperatures the effect is decreased, because of the intensified re-
isomerization of iso-dodecene. 

The main product selectivity of tridecanal is shown in fig. 4.8b. Based on the additional 
isomer feed, the isomerization of 1-dodecene can be inhibited using the equilibrium com- 
 

 
Figure 4.8: Steady state (t ≥ 160 h) CSTR performance parameter ((a) Terminal olefin conversion, (b) tride-

canal selectivity and (c) tridecanal yield) as a function of the inlet feed ratio of iso-dodecene and 
1-dodecene at three different reaction temperatures (ptot = 1.8 MPa) 
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Figure 4.9: Steady state tridecanal selectivity as a function of the corresponding total olefin conversion for 

three different reaction temperatures (T = 95/105/115 °C) 
 
position. Consequential the tridecanal selectivity is increased up to the maximum at a ratio 
of ≈ 3 at 95 °C. At higher reaction temperatures, the maximum is shifted to lower feed 
ratios. After passing the maximum the tridecanal selectivity is decreased. In this iso-dode-
cene concentration range, the production of iso-aldehydes is strongly supported and min-
imizes the main product. 

Thus, at small inlet feed ratios a potential optimum can be expected. However, the 
decrease of the olefin conversion is much more pronounced than the selectivity increase. 
Accordingly, the product of conversion and selectivity, the tridecanal yield (fig. 4.8c) de-
creases strongly using an olefin mixture as feedstock. In the classical selectivity–conver-
sion diagram (fig. 4.9) the effect is even more obviously. In this illustration, the optimal 
reaction performance is located marked using the grey arrow. For several investigated 
temperatures, the reaction performance is decreased at a simultaneously increasing feed 
ratio. 

The effect of the total synthesis gas pressure in combination with the inlet feed ratio 
is shown in fig. 4.10. In the investigated pressure range no sufficiently performance 
changes can be observed. Only at lower feed ratios a trend to higher overall olefin con-
version at higher total synthesis gas pressures is obvious. 

Overall the effect of the inlet feed ratio in combination with a constant olefin concen-
tration of the reaction performance is negative. As main reason the limited olefin conver-
sion at higher feed ratios can be pronounced. Therefore, at the following feed variation 
 

 
Figure 4.10: Steady state (t ≥ 160 h) CSTR performance parameter ((a) terminal olefin conversion, (b) tride-

canal selectivity and (c) tridecanal yield) as a function of the inlet feed ratio of iso-dodecene and 
1-dodecene at three different synthesis gas pressures (T = 105 °C) 
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Figure 4.11: Steady state (t ≥ 160 h) CSTR performance parameter ((a) terminal olefin conversion, (b) tride-

canal selectivity and (c) tridecanal yield) as a function of the inlet feed ratio of iso-dodecene and 
1- dodecene at three different reaction temperatures (ptot = 1.8 MPa) 

 
study the terminal olefin concentration was set constant. Accordingly, the total olefin con-
centration is increased by an increasing feed ratio. Hence, the feed ratio is varied only in 
a small range in order to keep the TMS system properties. The corresponding performance 
parameters are shown in fig. 4.11. During the terminal olefin conversion is nearly constant 
the tridecanal selectivity is clearly increased. Thus, a product yield optimization can be 
significantly observed. However, only a small variation in iso-dodecene inlet concentration 
is possible. Otherwise a new defined phase characteristic of the TMS system occurs. 

Further optimization potential reveals the application of a recycle flux of none con-
verted reactants and undesired isomerization product. First parametric studies were al-
ready done by (Hamel, 2016). In this regard, a maximum increase of the desired tridecanal 
yield of ≈ 30 % is observed. 
 

4.5 Conclusions 
In this section, the determined kinetic models of the rhodium catalyzed hydroformylation 
of 1-dodecene were applied. For this, an advanced experimental plant with the possibility 
of dosing the gas and liquid phase was realized. By means of this experimental plant the 
transferability of the kinetic parameters from batch experiments to semi-batch, forced dy-
namic and continuous operation modes was evaluated. The application of the kinetic pa-
rameters in more advanced operation modes turned out to be difficulty and a modification 
of some parameters was performed. Hereby, an adjustment of the reaction rate constants 
was appropriate. Moreover, using the additional acquired experimental information an ex-
tension of the reaction network was performed by quantifying the hydroformylation of 1-
dodecene to iso-aldehyde. The modified reaction kinetics were found to be able to de-
scribe the hydroformylation of 1-dodecene in a broad range of reaction temperatures, syn-
thesis gas pressures, olefin concentrations and several operation modes. 

Based on the modified extended reaction kinetics a parametric study was performed 
to evaluate the potential of selecting the initial TMS solvent composition. Using iso-dode-
cene as additional feed component in the TMS system the dodecene equilibrium compo-
sition can be affected. Thus, the undesired 1-dodecene isomerization can be reduced. If 
the overall inlet dodecene concentration is constant the loss in olefin conversion prevents 



4.5 Conclusions 

69 

improving the reaction performance. However, if the terminal olefin concentration is con-
stant and the isomer is added additionally to the TMS system an increase of the tridecanal 
yield can be realized. 

The general concept followed in this thesis appears to be valuable to quantify the 
reaction kinetics of the homogeneously catalyzed hydroformylation of 1-dodecene. Using 
the adjusted kinetic parameter set, all operation modes studied could be described quite 
well. 

In order to evaluate the possible application of the GCCK approach in heterogeneous 
catalysis an additional corresponding study was carried out. It was devoted to investigate 
the total oxidation of short-chain hydrocarbons. The results achieved are summarized in 
Part III. 
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Analysis of Heterogeneously 

Catalyzed Reactions 
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5 Kinetics of the Total Oxidation of Short-Chain Hydro-
carbons 

The application of the GCCK approach was successfully demonstrated in Part II for the 
homogeneously catalyzed hydroformylation of 1-dodecene. In the following Part III, the 
GCCK approach will be applied to quantify the rates of heterogeneously catalyzed reac-
tions. Analyzing such reactions, the transport of reactants and products has to be consid-
ered in kinetic modeling as well. Moreover, the identification of catalytic cycles is more 
difficult due to limited access to in-situ spectroscopic techniques. Therefore, the GCCK 
approach has been applied up to now rarely for heterogeneously catalyzed reactions. In 
order to demonstrate its corresponding potential, the total oxidations of gaseous short-
chain hydrocarbons (ethylene and propylene) and carbon monoxide diluted in air carried 
out on a solid catalyst (CrOx/γ-Al2O3) will be studied in this section. Later in section 6, the 
periodic operation of the innovative and challenging Loop Reactor concept will be studied. 
Main goals are to demonstrate the potential of this reactor concept and to apply and to 
validate the determined kinetics of the ethylene and propylene total oxidation. 

The results presented in this section regarding the reaction kinetic analysis were al-
ready published in the following two papers: 

1) G. Kiedorf, T. Wolff, A. Seidel-Morgenstern and C. Hamel, Adsorption measure-
ments on a CrOx/γ-Al2O3 catalyst for parameter reduction in kinetic analysis, Chem-
ical Engineering Science 149, 266-276, 2016 

2) G. Kiedorf, T. Wolff, A. Seidel-Morgenstern and C. Hamel, Kinetic analysis of the 
hydrocarbon total oxidation using individual measured adsorption isotherms, 
Chemie Ingenieur Technik 88 (11), 1746–1760, 2016 

The author of this thesis contributed essentially to the results presented in these two pa-
pers. Regarding the first paper the contributions include the single and multi-component 
adsorption isotherm measurements and the parameter estimation. With respect to the sec-
ond paper the contributions include the mechanistic reaction kinetic analysis of the partial 
and total oxidation of ethylene, propylene, mixtures of both and carbon monoxide on a 
chromium oxide supported catalyst both theoretically and experimentally. 
 
Total oxidation reactions are used to purify exhaust streams from i.e. automotive engines 
and coal-fired power stations. Much effort has been dedicated to identify suitable catalysts 
for the total oxidation of volatile organic compounds (VOC) (Spivey, 1987; Hutchings and 
Taylor, 1999; Heynderickx et al., 2010a). Noble metal catalysts were proved to be most 
active for oxidation reactions (Spivey and Butt, 1992; Burgos et al., 2002). Platinum (Voltz 
et al., 1973; Herz and Marin, 1980; Burgos et al., 2002; Baylet et al., 2011) or palladium 
(Choudhary et al., 2002; Hurtado et al., 2004) are often applied as active metal compo-
nents supported by γ-Al2O3 particles or monoliths. Moreover, combinations of different 
metals are favorites (Nibbelke et al., 1998; Harmsen et al., 2000). Based on lower costs, 
higher stability and more unsusceptible against catalyst poisoning the trend is towards 
applying transition metal oxide catalysts (Spivey, 1987; Hutchings and Taylor, 1999; Liu 
et al., 2009; Gómez et al., 2014). As an active oxidation combination CrO3 (Spivey, 1987) 
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and vanadium based catalysts (Wang et al., 2000; Panizza et al., 2003; Nova et al., 2009) 
were identified. However, the suitability of a catalyst depends on the reactants as well. 
Hence, variable catalyst activity can occur (Yao, 1973; Bettahar et al., 1996). In this thesis, 
a CrOx as active catalyst species is applied, supported by γ-Al2O3. Further specifications 
of the catalyst will be given in section 5.1.1. 

For derivation of mechanistic rate models using the GCCK approach introduced in 
section 2.1 a catalytic cycle for the total oxidation reactions is needed. However, the iden-
tification of catalytic cycles in heterogeneous catalysis is hindered by missing in-situ spec-
troscopic techniques. Therefore, in heterogeneous catalysis as well as in this thesis the 
formulation of mechanistic rate approaches is based on well-established reaction mecha-
nisms, such as e.g. the Mars/van Krevelen and Eley/Rideal mechanisms. Considering the 
assumptions used in deriving these reaction mechanisms, it can be shown that the result-
ing rate expressions form subsets of the general rate equations obtained from the Christi-
ansen methodology. The selection of the appropriate reaction mechanism depends on the 
oxygen storage capacity of the active catalyst species. If no or only small lattice oxygen 
capacities available, adsorption–desorption mechanisms are often validated (Helfferich, 
2004; Baerns, 2006). If the catalyst species provide lattice oxygen, too, an oxidation–re-
duction mechanism can be observed (Mars and van Krevelen, 1954; Murzin, 2013). How-
ever, oxidation reactions consume lattice, adsorbed and gas phase oxygen, respectively 
(Yao, 1973; Heynderickx et al., 2010a; Gómez et al., 2014), which complicates the cata-
lytic cycle identification even more. In literature were discussed different mechanisms of 
the total oxidation of short-chain olefins and carbon monoxide on a CrOx catalyst (Yao, 
1973; Murzin and Salmi, 2005). In (Yao, 1973) α-Cr2O3 with different morphological ap-
pearances was prepared and analyzed for the total oxidation of short-chain olefins, al-
kanes and carbon monoxide. In accordance to the adsorption measurements it was con-
cluded that the investigated Cr2O3/Si catalyst offer no surface lattice oxygen for the total 
oxidation reaction mechanism. In contrast the authors of (Murzin and Salmi, 2005) illus-
trated that Cr2O3 follows the MvK mechanism for the carbon monoxide oxidation. However, 
at special conditions experimental measured concentration profiles can be explained with 
several rate models (Kripylo et al., 1984; Redlingshöfer et al., 2003). The derivation of the 
mechanistic rate approaches used in this section was already presented in section 2.1.2 
and will be additionally summarized in section 5.2. 

Due to a large number of unknown kinetic parameters arising from the mechanistically 
based GCCK approach, mathematical model reduction techniques, as e.g. the subset se-
lection method (section 2.2.3), or dedicated additional measurements are necessary. As 
aforementioned, in heterogeneous catalysis interphase transport phenomena of reactants 
and products have to be considered in kinetic modeling. Such single and multi-component 
phase equilibria from reactants and products between the fluid and solid catalyst phase 
can be measured separately. A successful application of separately measured phase equi-
libria within kinetic rate models was already presented by several authors (Pöpken et al., 
2000; Yu et al., 2004; Corma and Ortega, 2005; Schmitt and Hasse, 2006; Al-Sabawi and 
Lasa, 2009). Thus, kinetic parameter estimation is simplified and the physical meaning of 
model parameters is conserved by separation kinetic and thermodynamic effects (Pöpken 
et al., 2000; Kiedorf et al., 2016a, 2016b). Individual measured single and competitive  
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adsorption isotherms of reactants and products will be performed in section 5.4. 
The strategy of the reaction network decomposition as model reduction technique was 

successfully applied above for the homogeneously catalyzed hydroformylation (section 
3.5). Considering the phases involved, this model reduction technique is suitable in heter-
ogeneous catalysis as well. It will be applied in the reaction network analysis of the total 
oxidation of ethylene and propylene, respectively (section 5.5). 
 

5.1 Catalyst characterization and reaction network 
5.1.1 Catalyst preparation and characterization 
The chrome-alumina catalyst used in the experimental setup was prepared and analyzed 
by Dr. T. Wolff at the Max Planck Institute in Magdeburg by wet impregnation technique. 
Chromium nitrate nanohydrate (Cr(NO3)39H2O, Merck) and chromium acetylacetonate 
(Cr(C5H7O2)3, Merck) with 99.99 % purity were used as precursor. γ-Alumina with spherical 
particles (dP = 0.001 m, Sasol) was used as porous support. The support was preheated 
at 120 °C for 24 h and impregnated with aqueous-acetone (1:1) of chromium precursor 
mixture of nitrate and acetylacetonate (12:1). This solution was kept in a roller mixer for 
2 h. After removing rest solutions, the recovered solid was washed with deionized water, 
followed by drying at 50 °C for 24 h. Finally, the sample was calcinated at 700 °C for 8 h 
in air in a muffle furnace. The rate of heating was 3 K·min-1. 

Chemical analysis of the total Cr was carried out by Inductively Coupled Plasma Op-
tical Emission Spectroscopy (ICP-OES) using iCAP 6500 Duo (Thermo Fisher) system. 
The prepared fresh catalyst contained 1.0 wt.-% Cr and 38.4 wt.-% Al. After the period of 
experimental measurements, the chrome and alumina loadings were checked again and 
found to be constant. Thus, no release via gas phase occurred. Nitrogen physisorption 
isotherms were measured at -196 °C using a Nova 2000e (Quantachrome) analyzer. The 
sample was degassed for 24 h at 120 °C in vacuum. The specific surface area was calcu-
lated by BET and the pore diameter by BJH method (Alvarado Perea et al., 2013). The 
CrOx/γ-Al2O3 catalyst received a surface area of 152.7 m2·g-1 and a pore diameter of 
8.7 nm according to the γ-Al2O3 support (157.7 m2·g-1 and 8.0 nm). 

TPR profiles (fig. 5.1) were obtained on a BEL-CAT Catalyst Analyzer (BEL Japan 
Inc.) using 10 % hydrogen in argon. Basically, one reduction peak was apparent below 
400 °C for the CrOx/γ-Al2O3 catalyst. It appears that this corresponds to CrO3. The peak 
was slightly shifted from 430 to 340 °C. Further peaks of the CrOx/γ-Al2O3 catalyst in the 
TPR analysis were not observed. Accordingly, above 400 °C Cr2O3 adsorption sites were 
present. Based on these measurements, the two oxidation states of chromium, Cr6+ and 
Cr3+, can be observed. 

In (Sattler et al., 2014) Raman and UV-Vis spectra of a CrOx/Al2O3 catalyst were in-
vestigated. Therefore, the additional Cr2+ and Cr5+ species were identified as active com-
ponents in dehydrogenation reaction. Further the structure of the several present chrome 
centers was analyzed. Cr3+ was found as an isolated center stabilized by the catalyst sup-
port and in amorphous clusters. In this connection, it is pointed out that these clusters are 
invisible in the available XRD analysis (X’Pert Pro diffractometer by PANalytik). Crystalline 
structures were observed only at higher chromium loading. Accordingly, based on this 
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Figure 5.1: TPR profiles of the CrOx/γ-Al2O3 catalyst, the γ-Al2O3 support material and the reference mate-

rials CrO3 and Cr2O3, the y-axis is shifted for the different profiles. 
 
analysis the additional observed chrome species can be expected on the presented cata-
lyst. A more detailed analysis of the presented catalyst will be forwent in this work. Rather 
the reaction kinetic analysis of the total oxidation of carbon monoxide, ethylene and pro-
pylene as single component inlet and ethylene and propylene in mixture will be the scope 
of this section. 
 

5.1.2 Reaction network 
The total oxidation reaction network postulated for the VOC system is presented in fig. 
5.2a. The reaction network consider the total (r1, r3) and partial (r2, r4) oxidation reactions 
of the reactants ethylene and propylene, respectively (Hodnett, 2000). Furthermore, the 
product of the partial oxidation reaction, carbon monoxide, can be completely oxidized (r5) 
(Ayastuy et al., 2009). The thermal cracking reaction from propylene to ethylene (r6) (Van 
Damme et al., 1975; Lobera et al., 2008) were only observed in a range below 0.1 %. For 
that reason, this reaction is not quantified in this network analysis. 

Analyzing the ethylene sub-network (r3 = r4 = 0) kinetics temperature dependence (fig. 
5.2b) showed that the ethylene integral conversion (eq. 2.16) below 300 °C was close to 
zero. If the temperature was increased the ethylene conversion was increased as well. 
 

 
Figure 5.2: (a) Postulated reaction network for the total oxidation of ethylene and propylene and (b) Exper-

imental conversion of C2H4 ( ) and yield of CO2 ( ) as a function of temperature for the eth-
ylene sub-network (r3 = r4 = 0) at xC2H4in = 1.00 %, xO2in = 20.90 % and W/F = 50 kgcat·s·m-3 
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Above 600 °C complete conversion was achieved. Complete conversion to carbon dioxide 
was achieved above 650 °C. In the range from 300 °C to 650 °C carbon monoxide can be 
detected as a product as well. Based on this knowledge, the kinetic analysis will be per-
formed within this temperature range. 

For analysis, the oxidation network will be decomposed in three sub-networks of dif-
ferent size and complexity. The analysis was started with the smallest and independent 
sub-network, the carbon monoxide oxidation (r1–r4 = 0). Further the complexity was in-
creased and finalized at the complete network (r1–r5 ≠ 0). The intermediate steps include 
the ethylene sub-network (r3–r4 = 0) and the propylene sub-network (r1–r2 = 0). For this 
approach, the experimental measurements were adapted at each sub-network. Finally, 
the transfer of the already estimated kinetic parameters at the sub-networks was reviewed 
at the complete network. 
 

Sub-network Name 
Abbreviations of in-

volved reaction rates 
- I Oxidation of CO r5 
- II Oxidation of C2H4 r1, r2, r5 
- III Oxidation of C3H6 r3, r4, r5 
- Total reaction network Oxidation of C2H4 and C3H6 r1, r2, r3, r4, r5 

 

5.2 Catalytic cycle and mechanistic models 
The kinetic analysis of the partial and total oxidation of ethylene, propylene and carbon 
monoxide will be performed for all studied reactants using the Langmuir/Hinshelwood (LH), 
the Eley/Rideal (ER) and the Mars/van Krevelen (MvK) mechanism. The derivation of the 
mechanistic ER and MvK kinetics using the GCCK approach were already presented in 
section 2.1.2. However, using the standard GCCK approach, only one catalyst species 
involved in the catalytic cycle can be handled. Therefore, this approach is not capable to 
generate the LH approach (Helfferich, 2004; Murzin and Salmi, 2005) (see also section 
2.1). The derivation of this rate approach can be performed by the classical way in the 
appendix A.2 (Baerns, 2006). The LH reaction mechanism assumes that the surface re-
action between the adsorbed components is rate determining and therefore the adsorption 
and desorption steps are in steady state. Thus, the reaction kinetics can be written as a 
function of the reactant surface concentrations. The applied reaction rate equation for the 
total oxidation reactions is presented in eq. 5.1. The research group of Marin (University 
Ghent) discussed also other steps of the catalytic cycle as rate determining and the corre-
sponding rate equations (Heynderickx et al., 2010a). 
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 (5.1) 

Analyzing eq. 5.1, in addition to the rate determining surface reaction, oxygen dissociation 
on the catalyst species is assumed. If only one reactant adsorbs at the active catalyst 
species the LH reaction mechanism is reduced to the ER mechanism (see also fig. 2.3). 
The final mechanistic rate approach determined via the GCCK approach (section 2.1.2) is 
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presented in eq. 5.2. According to the LH mechanism, the ER reaction rate is inhibited 
product adsorption and oxygen dissociation at the catalyst active species is assumed. 

� � � �
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�

� �
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r
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As aforementioned, the reactant oxidation via the MvK mechanism occurred using lattice 
surface oxygen. Afterwards, the reduced catalyst will be re-oxidized by gas phase oxygen. 
The final irreversible determined rate approach by the GCCK method (section 2.1.2) is 
presented in eq. 5.3. 

� �� �
�

2 4 3 6

2 4 3 6

+ +
red C H /C H /CO ox O2MvK

1 5 + +
red C H /C H /CO ox O2

k p k p
r

k p k p
 (5.3) 

For reaction kinetic analysis of the sub- and overall reaction network, all introduced rate 
approaches (eqs. 5.1-5.3) will be tested and ranked. The kinetic parameters of the best 
performed equations will be selected and sequentially transferred to the progressively 
larger sub-network and finally to the total network. The temperature dependence of the 
kinetic constants will be performed using a typical Arrhenius equation (eq. 2.21). For pa-
rameter estimation the modified Arrhenius approach by (Schwaab and Pinto, 2007) will be 
used (eq. 2.22). The individual quantification of the single component and competitive ad-
sorption parameters will be performed in section 5.4. 
 

5.3 Experimental equipment and procedures 
The kinetic experiments were realized by the author of this thesis in a lab scale test facility 
(fig. 5.3) that consist of a gas supply, a furnace with an integrated quartz glass reactor, 
online FT-IR and a gas chromatograph analytic with a heated multi-position valve which 
enable a gas analysis of the reactants and products. The reactant feed gas was composed 
of ethylene (Air Liquide 3.0), propylene (Westfalen Gas 2.5) or carbon monoxide (Linde 
2.0) in mixtures of air (technical grade) and nitrogen (Air Liquide 5.0). The total inlet flow 
was adjusted using mass flow controllers (Bronkhorst). 

The tubular reactor (fused silica glass) with a length of 0.4 m and the inner diameter 
of 0.006 m was filled with 0.1827 g of the CrOx/γ-Al2O3 powdered catalyst particles (dp = 
150–250 μm) to avoid mass transport limitations proven in preliminary experiments. The 
catalyst bed was encased with inert particles (ZrO2/SiO2, dP = 0.001–0.00125 m, Mühl-
meier), which was used as a pre-heating zone of the feed gas and to achieve an ideal 
mixture of the components in the gas phase. The reactor was embedded in a furnace 
(HTM Reetz). Thus, the temperature can be set between 25–1000 °C. The temperature 
was controlled by a thermocouple which was placed in the center of the catalyst bed. In 
addition, a thermocouple was positioned at the beginning and the end of the catalyst bed, 
respectively. By means of the three thermocouples a temperature profile across the cata-
lyst bed can be estimated and calculated using a polynomial equation of second degree 
(appendix B.2). 

The quantitative analysis of the gas composition was realized by a GC-TCD/MSD 
(Agilent GC 6890) system equipped with a two column configuration. Hydrocarbons and 
carbon dioxide were separated in the first column (HP Plot Q). The second column (HP  
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Figure 5.3: Process flow chart of the used kinetic experimental test facility including the gas supply, the 

furnace with an integrated quartz glass tubular reactor and the gas composition online analytic 
 
Molsieve) separates the permanent gases and carbon monoxide. The detection occurred 
using a thermal conductivity detector (Klose et al., 2004; Hamel et al., 2008; Hamel et al., 
2011). 

The kinetic experiments were performed at a total volumetric flux (215 ml/min, STP 
25°C) corresponding to a catalyst weight to volumetric flux ratio W/F of 50 kg·s·m-3. The 
pressure drop of all kinetic experiments over the reactor length was less than 0.02 MPa 
and used as boundary conditions in the Ergun-equation (eq. 2.44) in the kinetic modeling. 
The kinetic experiments were done as function of the temperature (T = 300–650 °C) and 
of the concentration of ethylene (xC2H4 = 0–1 %), propylene (xC3H6 = 0–1 %), carbon mon-
oxide (xCO = 0–1 %) and oxygen (xO2 = 0–20.9 %). Each set of inlet concentration condi-
tions and reaction temperatures was held for at least 0.5 h to obtain two gas samples at 
steady state conditions. Thus, the observed experimental data correspond to average val-
ues of at least two independent measurements. 

To evaluate the experimental data, the carbon balance was analyzed for each data 
point. The error was ± 5 % and therefore within the accuracy of the used analytic GC 
measurement. Thus, additional side reactions or components cannot be observed. Fur-
thermore, the catalyst activity regarding the oxidation reactions was found as constant in 
regularly time intervals. 

The experimental program performed for the three above introduced different sub-
networks and the complex total reaction network consist of 

a) Sub-network I: 360 steady state conditions at 20 different temperatures, 4 differ-
ent inlet carbon monoxide concentrations and 7 different inlet oxygen concentra-
tions. 
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b) Sub-network II: 360 steady state conditions at 20 different temperatures, 4 differ-
ent inlet ethylene concentrations and 7 different inlet oxygen concentrations. 

c) Sub-network III: 160 steady state conditions at 20 different temperatures, 4 differ-
ent inlet propylene concentrations and 7 different inlet oxygen concentrations. 

d) Total network: 120 steady state conditions at 5 different ethylene to propylene 
mixture ratios at one inlet oxygen concentration. 

 

5.4 Preliminary determination of gas/solid adsorption equilibria 
As aforementioned, in heterogeneous catalysis interphase transport phenomena of reac-
tants and products which have to be considered in kinetic modeling will be measured sep-
arately in the following section. There, single component and competitive adsorption phase 
equilibria from reactants and products between the fluid reactant and solid catalyst phase 
will be studied in detail and further applied in the mechanistic kinetics. 

This procedure was already successful applied for the homogeneously and heteroge-
neously catalyzed acetic acid esterification by several authors (Pöpken et al., 2000; Yu et 
al., 2004; Schmitt and Hasse, 2006). There independent adsorption measurements of re-
actants and products were performed and subsequently integrated in the reaction kinetics. 
Adsorption equilibria of different hydrocarbons at zeolite supported catalysts were studied 
by several authors (Denayer and Baron, 1997; Denayer et al., 2003; Corma and Ortega, 
2005; Al-Sabawi and Lasa, 2009). The aim of these authors was to identify the reactant 
concentrations at a broad range of temperatures at the catalyst surface and therefore the 
reactivity of the hydrocarbons and to determine adsorption isotherms. Analyzing these ex-
amples the kinetic parameter estimation was simplified and the physical meaning of model 
parameters was conserved by separation kinetic and thermodynamic effects (Pöpken et 
al., 2000; Kiedorf et al., 2016a, 2016b). 

However, the performance of reactant adsorption measurements at highly active cat-
alyst species turned out to be difficulty. Unexpected cracking reactions at the desired tem-
perature can be occur. In order to eliminate these unexpected chemical reactions adsorp-
tion measurements were often realized at room temperature (Thamm et al., 1983; Murzin 
et al., 1997; Al-Sabawi and Lasa, 2009). Thus, the independent estimated adsorption pa-
rameters have to be extrapolated for the reaction kinetic analysis. Moreover, a catalyst 
species transformation based on the different temperatures can be occur. Hence, the ad-
sorption measurements cannot reflect the adsorption behavior at reaction conditions (Al-
Sabawi and Lasa, 2009). 

The aim of this section is to identify single gas and competitive adsorption isotherms 
of the present components of the ethylene and propylene total oxidation reaction network 
(fig. 5.2). Single component adsorption parameters will be estimated as function of tem-
perature and gas phase concentration. Based on these data competitive isotherms will be 
predicted by using the Multi-Langmuir equation and the Ideal Adsorbed Solution (IAS) the-
ory. Finally, some selected mixture adsorption isotherms of ethylene and propylene will be 
evaluated by experimental measurements. 
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5.4.1 Determination of single component adsorption isotherms 
Many different procedures are existing to determine adsorption isotherms from experi-
mental data. In literature it is distinguished between static and dynamic methods (Seidel-
Morgenstern, 2004; Schmidt-Traub et al., 2012). Dynamic techniques are faster and more 
exact so it became most popular (Lisec et al., 2001; Seidel-Morgenstern, 2004; Andrzejew-
ska et al., 2009). The most established one is the Frontal Analysis (FA) because of high 
accuracy. But also the elution and Frontal Analysis by characteristic points and the pulse 
method are used especially in liquid chromatography to determine adsorption isotherms 
(Duong, 1998; Seidel-Morgenstern, 2004; Andrzejewska et al., 2009). 

Dynamic methods are based on the system response analysis of an inlet concentra-
tion step function of one component. A typical breakthrough curve and the theoretical 
scheme for the FA are shown in fig. 5.4a. Using this method, a known quantity of the 
analyzed component is admitted to a tube packed with the adsorption media, here the 
catalyst particles. The shaded area (fig. 5.4a) corresponds to the load capacity of the 
measured component for the corresponding partial pressure at a certain temperature and 
can be explained by an integral mass balance equation (eq. 5.4). To obtain the complete 
isotherm in a broad concentration range, several breakthrough curves have to be ana-
lyzed. Therefore, a “staircase” FA is suitable (fig. 5.4b) (Seidel-Morgenstern, 2004). 

� � � � � � � �� � �
� �

� � �� � �
step step

step step step step

F I
R 0F I

0

j j

j j j j

t t p p
q p q p

R T F t
 with 

1F *
*
�

�  (5.4) 

The loading of a step qjstep(pF) (fig. 5.4a) is the amount adsorbed at the equilibrium as a 
function of the partial pressure pF of the measured component at the inlet position, tem-
perature T and the void fraction ε of the catalyst bed. Furthermore, t0 corresponds to the 
hold-up time of the experimental plant and tR to the retention time of the breakthrough 
curve. The calculation of the retention time can be done by different methods. Guiochon 
et al. recapitulated the application of the inflection point of the curve or the half-height of 
the whole step as retention time (Gritti and Guiochon, 2003; Andrzejewska et al., 2009). 
In this work, the first statistical mathematical moment was used to calculate the center 
(point of gravity) of the breakthrough curve (Baerns, 2006). The key assumption for this  
 

 
Figure 5.4: (a) Typical trend of breakthrough curves for the adsorption of one component in frontal analysis 

between the initial and feed pressure, pI and pF and (b) breakthrough curves of FA by increasing 
the inlet partial pressure 
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kind of formulation of the mass balance (eq. 5.4) in FA is that the amount of the adsorbed 
component has to be in a lower range. Thus, a diluted system is considered. In high con-
centrated systems, the change in the volumetric flux has to be taken into account. The 
partial pressure will be increased intermittently so that the system response of each step 
can be analyzed separately (James and Phillips, 1954; Seidel-Morgenstern and Guiochon, 
1993; Lisec et al., 2001; Andrzejewska et al., 2009). In this work, only diluted systems will 
be analyzed (xjc ≤ 4 %). Accordingly, changes of the volumetric flux can be neglected. 

To describe the relationship between coverage of a particular gas and its partial pres-
sure the Henry’s law and the Langmuir adsorption models are commonly used. The cor-
responding expressions are shown in eqs. 5.5 and 5.6, respectively. 

Henry-model Langmuir-model 
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Where Hjc is the Henry constant, Kjc(T) the temperature dependent adsorption constant 
and qjcsat the monolayer saturation capacity of the Langmuir isotherm. The linear Henry 
model is limited to diluted concentrations of the adsorbed species in the bulk phase. If the 
constraints are not available non-linear models (e.g. Langmuir) should be used. This con-
cept assumes identical binding energies of all adsorbed components at all surface sites 
(Duong, 1998; Schmidt-Traub et al., 2012). Added no interactions between the adsorbed 
components are accepted. However, the surface of a catalyst particle offers an energeti-
cally heterogeneity based on the catalytic active species and the supporting material. For 
considering such heterogeneity adsorption surfaces, binary adsorption isotherm models 
exist (eqs. 5.7 and 5.8) (Nicoud and Seidel-Morgenstern, 1996). In these cases, the total 
amount of the load capacity yields from sum of each term (Duong, 1998; Chorkendorff and 
Niemantsverdriet, 2003; Yu et al., 2004; Murzin and Salmi, 2005; Andrzejewska et al., 
2009). 

Bi-Langmuir-model 
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Henry-Langmuir-model 
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To describe a broad range of the adsorption behavior in temperature, basis for the kinetic 
experiments, an Arrhenius approach (eq. 5.9) with the adsorption energy Δhads,jc for the 
different parameters can be used (Duong, 1998). 
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The effect of the temperature of the Henry- (eq. 5.5) and Langmuir (eq. 5.6) models and 
the combination of both (eq. 5.8) are shown schematically in fig. 5.5a-c. 
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Figure 5.5: (a) Henry adsorption isotherms for two different temperatures (eq. 5.5), (b) Langmuir adsorption 

isotherms for two different temperatures (eq. 5.6) and (c) Bi-adsorption isotherm model with a 
Henry- and a Langmuir term (eq. 5.8) 

 

5.4.2 Determination of mixture adsorption isotherms 
In real reaction networks and also for the considered one (see fig. 5.2), more than one 
component is present. Thus, mixture adsorption isotherms are necessary to determine 
more exactly adsorption parameters. The default routine to estimate multi-component ad-
sorption equilibria is to predict them from single component adsorption isotherms. For this 
purpose, several theories had been published (Suwanayuen and Danner, 1980; Duong, 
1998). One general approach is the Multi-Langmuir equation (eq. 5.10) which is only ther-
modynamically consistent with identical saturation load capacities of each component. The 
saturation capacity and the adsorption constants of the components will be derived from 
single component data (Čermáková et al., 2008). 
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The most famous method to describe mixture adsorption isotherms using single compo-
nent isotherm data is the IAS theory (Landa et al., 2013; Santori et al., 2014). Originally 
developed by (Myers and Prausnitz, 1965) several modifications also for computing are 
existing (Radke and Prausnitz, 1972; Duong, 1998; Landa et al., 2013). 

This theory is based on the equilibrium of the ideal gas and the adsorbed phase. Re-
lated to this, the adsorbed phase is considered as an ideal solution and follows Raoult’s 
law. The set-up of the following algebraic equations have to be solved simultaneously 
(Radke and Prausnitz, 1972; Seidel-Morgenstern and Guiochon, 1993; Worch, 2012). 
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The fictitious partial pressure pjc* represents the amount of the pure component jC which 
possess the spreading pressure of the mixture πmix. This value has to be calculated by the 
implicit eqs. 5.12 and 5.13 and needs numerical methods. Subsequent the load capacity 
of component jC in the mixture follows eq. 5.14 using the total load capacity qjctot. 

If the saturation capacities of the mixture components are equal, the IAS theory is 
thermodynamically consistent. Thus, also for markedly different saturation capacities a 
solution for the IAS theory can be reached (Seidel-Morgenstern and Guiochon, 1993). 

5.4.3 Experimental equipment and methods for adsorption isotherms 
In order to estimate the adsorption equilibria, the test facility in combination with the online 
fast FT-IR analytic which was already introduced in section 5.3 (fig. 5.3) was used. The 
accurate volumetric fluxes of the measured components (ethylene (Air Liquide 3.0), pro-
pylene (Westfalen 2.5), carbon dioxide (Westfalen 2.0), carbon monoxide (Linde 2.0) and 
oxygen (compressed air) and the dilute gas nitrogen (Air Liquide 5.0) were set by mass 
flow controllers (Bronkhorst) as described in section 5.3. 

The tubular reactor (stainless steel) with a length of 0.4 m and the inner diameter of 
0.008 m was filled with 0.0134 kg of the CrOx/γ-Al2O3 catalyst particles. The reactor tube 
was embedded in a furnace (HTM Reetz). Thus, the temperature can be set between 25 
– 1000 °C. The control of the temperature occurred by a thermocouple which was placed 
in the center of the catalyst bed. A flow through FT-IR from Gasmet (cell length 5.0 m) 
realized the analysis of the composition of the gas mixture. The calibration of the analytic 
was carried out with different gases and in different concentrations consisting of the meas-
ured component and diluted in nitrogen, which was mixed by the mass flow controllers. 
Thus, for each component several reference spectra were received for the completely 
measured range. 

In order to obtain water adsorption measurements an additional vaporizer is required. 
Because of missing suitable equipment, the corresponding adsorption parameters of water 
will be estimated at kinetic measurements. 

The hold-up time t0 of the measured component of the reaction plant was carried out 
exemplary for all components with carbon dioxide. For these measurements, the catalyst 
particles were replaced by an inert material α-Al2O3 (dP = 0.001 m) at a constant particle 
volume. These particles offered a surface area, which was below the detection limit of the 
equipment used. Therefore, the predicted adsorption of the gas components can be ne-
glected. 

The total volumetric flux of the adsorption experiment was 0.03 m3·h-1. At first only 
nitrogen was pressurized at the reactor. If the nitrogen volumetric flux was constant, the 
reactor was heated up at the desired temperature. The experiment started, if the measured 
component was added at the entrance of the reactor. Therefore, the mass flow of the 
component was increased to the desired amount. Simultaneously, the flux of nitrogen was 
decreased. Thus, the total volumetric flux was set constant. The start-up behavior of the 
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mass flow controller achieved 90 % of the set value after one second. Hence, a compara-
ble pressure application for all steps in the FA and all components were obtained. The 
next step was set manually if the previous concentration was reached at the outlet of the 
reactor (steady state) (fig. 5.4b). 

A controlled desorption/regeneration of the “catalyst bed” occurred in two steps. First, 
the reactor was heated up at least over 500 °C. At this temperature, the reactor was pres-
surized with air. Consequently, the adsorbed components were total oxidized. After regen-
eration with oxygen, the catalyst was controlled desorbed with nitrogen for at least 12 h. 
After this time, the concentration of the measured component was below the detection limit 
of the used FT-IR analytic. Thus, reproducible conditions for each experiment were ad-
justed. 
 

5.4.4 Single component adsorption measurements 

Selection of adsorption model A schematic multi-step breakthrough 
curve of the FA was already given in fig. 5.4b. As a result of the experimental observed 
breakthrough curve of carbon dioxide, the load capacity is illustrated as a function of the 
partial pressure (pCO2 = 1–4 kPa) in fig. 5.6a. The first step resulted in the highest retention 
time and in this regard in the highest increase of the load capacity. The further steps were 
very similar related to the retention time and resulted in a further continuous increase in 
qCO2 (pCO2 = 0.1 – 2.5 kPa). This trend suggests a non-linear isotherm (Seidel-Morgenstern, 
2004). The corresponding experimental adsorption isotherm shape is given in fig. 5.6a and 
b. To analyze the kind of the adsorption isotherm, different models were parameterized 
and compared to the experimental data. At first in fig. 5.6a, the typical Henry (eq. 5.16) 
and Langmuir (eq. 5.17) adsorption models were estimated, respectively. However, the 
experimental data cannot be described sufficiently by assuming one adsorption site only. 
The Henry isotherm model (fig. 5.6a) offers huge deviations especially at low carbon diox-
ide partial pressures. Applying the Langmuir model (fig. 5.6b) the experimental data re-
flection was improved. Nevertheless, the lower concentration range is still missing in the 
model description. A further improvement can be achieved by a Bi-Langmuir model (eq. 
5.7 and fig. 5.6b). Thus, the total experimental concentration range is described well. How-
ever, the application of this model complicated the parameter estimation, because of linear 
dependencies between the parameters. In order to avoid these complications, the model 
can be obviously simplified from Bi-Langmuir to a Henry–Langmuir model (eq. 5.8 and fig. 
5.6b) (Nicoud and Seidel-Morgenstern, 1996). Using this model reduction, no loss in ac-
curateness was achieved. Moreover, the confidence intervals of the estimated parameters 
were decreased. Based on these results, all obtained single component adsorption iso-
therm data will be described by a Henry-Langmuir model (eq. 5.8). The comparison of 
experimental and modeled adsorption isotherms for the other components will be pre-
sented in the appendix C. 

Two different adsorption sites are required to characterize the adsorption behavior. 
As aforementioned in section 5.1 two chromium oxide species were observed and further 
species are possible (Sattler et al., 2014). Additionally, the support material γ-Al2O3 offered 
an adsorption capacity as well. A classification of these adsorption sites to the correspond- 
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Figure 5.6: (a-b) Experimental measured adsorption isotherm of CO2 (symbols) at 500 °C in comparison of 

different modeled adsorption isotherms (H model (eq. 5.5), L model (eq. 5.6), Bi-L model (dotted 
line, eq. 5.7), H–L model (solid line, eq. 5.8)); (c) experimental determined CO2 load capacities 
for three different temperatures (symbols) in comparison with the simulated Henry–Langmuir 
adsorption isotherm (line) (300°C blue, 500°C red, 700°C green) and (d) Logarithmized total 
load capacity of all measured components versus the inverse temperature at a constant partial 
pressure (pjc = 1 kPa) 

 
ing model requires an individual adsorption measurement of each component at several 
catalyst species. Based on the surface ratio of each species the load capacity amount of 
the gas phase component can be calculated. Accordingly, the identification of the corre-
sponding adsorption site to the isotherm model is complicated and not part of this work. 
 
Temperature dependence Figure 5.6c illustrates the experimental 
load capacity data (symbols) of carbon dioxide at three different temperatures (T = 
300/500/700 °C). A temperature increase led to a decrease of the total load capacity qCO2. 
Consequently, at each temperature the adsorption isotherm parameters were estimated 
separately. 

In fig. 5.6d are illustrated the logarithmized experimental and modeled (eq. 5.8 with 
single gas component parameter from table 5.1) single gas load capacities qjc of all meas-
ured components versus the inverse temperature at a constant partial pressure (pjc = 
1 kPa). This plot reveals the overall load capacity of all components in comparison to each 
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other. It can be observed, that at low temperatures propylene offers the highest values 
with respect to the Henry and Langmuir adsorption. The further order is carbon dioxide, 
ethylene, oxygen and carbon monoxide. With increasing temperature, the load capacity of 
all components at the catalyst particles decreases. The strongest effect possesses carbon 
dioxide. Thus, carbon dioxide provides the highest heat of adsorption followed by propyl-
ene, oxygen, carbon monoxide and ethylene. Based on the different heat of adsorptions 
the order of the components changes at possible reaction temperatures. If the load capac-
ities are extrapolated to 500 °C, the new order follows ethylene, propylene, oxygen, carbon 
monoxide and carbon dioxide. The several gradients multiplied with the universal gas con-
stant can be seen in table 5.1. 
 
Adsorption isotherm model parameters The adsorption parameters obtained 
from the estimations at each temperature are plotted as a function of temperature in fig. 
5.7a-f. As aforementioned with increasing temperature the load capacity of CO2 de-
creased. Accordingly, the adsorption parameters decrease (fig. 5.7b, d and f). Similar char- 
 

 
Figure 5.7: Temperature depends of the estimated parameter of the different adsorption isotherms: (a-b) 

Henry constant of the linear term; (c-d) adsorption constant of the Langmuir term and (e-f) sat-
uration of the load capacity of Langmuir term; symbols corresponds to the estimated parameter 
of the single adsorption isotherms, lines are modeled data of the Arrhenius approach (eq. 5.9); 
ethylene ( ); propylene ( ); carbon dioxide ( ); carbon monoxide ( ) and oxygen ( ) 
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Table 5.1: Summary of single component adsorption parameters of the Henry–Langmuir models (eq. 5.8) 

Parameters Frequency 
factor Unit 95 % CI 

Sorption 
enthalpy, 
kJ·mol-1 

95 % CI  
kJ·mol-1 

HC2H4 0 mol·kg-1cat·Pa-1 ± inf % 0 ± inf % 
3.223 KC2H4 9.201·10-3 Pa-1 ± 11 % 3.148 ± 16 % 

 1.477·10-3 mol·kgcat-1 ± 7 % 3.063 ± 11 % 

HC3H6 7.231·10-10 mol·kg-1cat·Pa-1 ± 63 % 22.582 ± 22 % 
6.843 KC3H6 7.531·10-3 Pa-1 ± 17 % 4.215 ± 16 % 

 1.620·10-3 mol·kgcat-1 ± 12 % 3.130 ± 16 % 

HCO2 7.189·10-9 mol·kg-1cat·Pa-1 ± 18 % 13.408 ± 7 % 
10.392 KCO2 6.390·10-4 Pa-1 ± 20 % 10.263 ± 10 % 

 2.159·10-4 mol·kgcat-1 ± 14 % 8.124 ± 8 % 

HCO 2.023·10-7 mol·kg-1cat·Pa-1 ± 18 % 4.745 ± 16 % 
5.719 KCO 2.192·10-3 Pa-1 ± 6 % 5.431 ± 5 % 

 4.770·10-4 mol·kgcat-1 ± 11 % 4.714 ± 10 % 

HO2 2.700·10-7 mol·kg-1cat·Pa-1 ± 8 % 4.895 ± 8 % 
5.823 KO2 3.155·10-4 Pa-1 ± 24 % 6.113 ± 17 % 

 4.926·10-4 mol·kgcat-1 ± 41 % 5.023 ± 54 % 
 
acteristics can be also seen for the other components. Only the temperature dependency 
is differentially expressed. 

It becomes apparent, that the temperature dependence of the Henry coefficient of 
propylene is obviously greater than from all other components (see fig. 5.7a and b). 
Thereby, it appears that at high temperatures the linear Henry term decreases rapidly until 
the influence disappears completely. For the second olefin ethylene, this parameter was 
estimated completely to zero. For the oxidation products carbon monoxide, carbon dioxide 
and the reactant oxygen the Henry coefficient possesses lower temperature dependence. 
The effect of the linear Henry term of the products disappears with increasing temperature 
as well. Only for oxygen, the linear part is still available at higher temperature conditions. 

The temperature dependence on the adsorption constant Kjc is shown in in fig. 5.7c 
and d. The highest temperature effect revealed carbon dioxide. Again, at potential reaction 
conditions the parameter decreases at the range of the second product carbon monoxide. 
The temperature dependence of the olefins is similar compared to each other. At low tem-
peratures, the parameter of propylene exceeds ethylene. With increasing temperature, the 
parameter is passed by ethylene. However, the parameter dimensions are very similar. 
Furthermore, based on cracking reactions (T > 300 – 400 °C) on the catalyst particles the 
experimental adsorption measurements of ethylene and propylene were extrapolated at 
the higher temperatures. In contrast oxygen offered nearly no effect with respect to the 
temperature. Furthermore, the adsorption constant of oxygen was very small in general 
compared to the other measured components. 

The saturation capacity of the Langmuir approach of the alkenes (fig. 5.7e) on the  
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CrOx/γ-Al2O3 catalyst possessed similar dimensions. In addition, the range of the products 
and the reactant oxygen (fig. 5.7f) was very similar compared to the olefins. For this rea-
son, no displacement effects at the catalyst surface will be expected in mixture conditions. 
Therefore, the reactants (see reaction network fig. 5.2a) can be simultaneously adsorbed 
at the catalyst surface and can be reacted to completion. 

All separately estimated parameters can be reflected by the Arrhenius approach (eq. 
5.9) very well. The corresponding parameters with the associated 95 % confidence inter-
vals are shown in table 5.1. The calculated errors are for the frequency factors maximal 
± 63 % and for the sorption enthalpies ± 54 %. The large error in the frequency factors of 
the Henry parameters from ethylene and propylene result from there small values. It can 
be observed, that the influence of the Henry term completely disappeared at higher tem-
peratures. Thus, at reaction conditions the assumption of Langmuir adsorption of all reac-
tants and products will be promising. 
 
Simplified adsorption isotherm model As aforementioned, the application of 
more realistic but sophisticated phase equilibrium models for single and competitive ad-
sorption behavior are computational intensive. Using the IAS theory an implicit expression 
of the adsorption phase equilibria is obtained (eqs. 5.11-5.14), which have to be solved by 
numeric optimization methods (section 2.2.2). Based on this reason, simplified adsorption 
models are attractive in kinetic modeling. Due to complexity, simple explicit Langmuir ex-
pressions for single component adsorption behavior can be used. In fig. 5.6 the adsorption 
isotherm of carbon dioxide was already analyzed using both the Langmuir and the more 
complex Henry-Langmuir adsorption model. Applying the Langmuir model, only the lower 
concentration range was missing in the model description. Moreover, the additional Henry-
term, which compensates this deviation, disappeared for the measured hydrocarbons at 
the oxidation reaction temperatures (see also fig. 5.2b). Accordingly, the model deviation 
remains small by using the simple Langmuir model. Therefore, all single component ad-
sorption data will be described by this simple adsorption isotherm model (eq. 5.6) as well.  
 
Table 5.2: Summary of single component adsorption parameters of the Langmuir model (eq. 5.6) 

Parameters Frequency 
factor Unit 95 % CI 

Sorption 
enthalpy, 
kJ·mol-1 

95 % CI 

KC2H4 6.990·10-1 Pa-1 ± 41 % - 13.397 ± 15 % 
 4.472·10-4 mol·kgcat-1 ± 29 % 7.688 ± 15 % 

KC3H6 2.371·10-1 Pa-1 ± 66 % - 7.103 ± 61 % 
 4.472·10-4 mol·kgcat-1 ± 29 % 7.688 ± 15 % 

KCO2 1.355·10-3 Pa-1 ± 11 % 4.182 ± 14 % 
 1.934·10-4 mol·kgcat-1 ± 14 % 9.935 ± 7 % 

KCO 7.868·10-4 Pa-1 ± 29 % 4.665 ± 35 % 
 8.657·10-4 mol·kgcat-1 ± 14 % 3.517 ± 18 % 

KO2 1.416·10-5 Pa-1 ± 17 % 3.440 ± 27 % 
 2.520·10-2 mol·kgcat-1 ± 8 % 2.572 ± 16 % 
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The comparison of experimental and modeled adsorption isotherms for each component 
will be presented in the appendix C. The corresponding estimated parameters are shown 
in table 5.2 including the associated 95 % confidence intervals. 
 

5.4.5 Prediction and validation of mixture adsorption isotherms 
Based on the postulated total oxidation reaction network of ethylene and propylene (fig. 
5.2), a complex gas mixture consists of reactants and products. Therefore, competitive 
adsorption isotherm data are required. As discussed above the prediction occurs via IAS 
theory (eqs. 5.11–5.14) using the estimated single component parameters of the Henry-
Langmuir model (eq. 5.8 and tab. 5.1) and via the simple Multi-Langmuir model (eq. 5.10) 
applying the estimated parameters from the Langmuir model (eq. 5.6 and tab. 5.2). As 
model competitive adsorption system, the feed mixture (ethylene/propylene) is taken into 
account to investigate the prediction of the adsorption behavior. Based on the identical 
saturation load capacity (tab. 5.2) also the Multi-Langmuir model is thermodynamically 
consistent. Would be extend the gas composition with the products the thermodynamically 
consistent is not be ensured. 

Figure 5.8 illustrates predicted competitive adsorption isotherms of (a) ethylene in the 
presence of propylene and (b) reversed, respectively. Starting with the modeled single 
component isotherms the experimental data can be described via the Henry-Langmuir 
model (eq. 5.8) very well. Especially the propylene isotherm offered an agreement at all. 
Merely the first sharp increase of the ethylene isotherm possessed small deviations. The 
Langmuir model (eq. 5.6) offered higher deviations, especially with increasing of the partial 
pressures. Based on identical load capacities estimated for ethylene and propylene via the 
Langmuir model, the saturation of the load capacity of propylene was underestimated us-
ing the Multi-Langmuir model. 

With addition of the competitive component, the predicted isotherms of both models 
for the components were nearly similar. The calculations revealed that with a first increase  
 

 
Figure 5.8: Predicted competitive adsorption isotherms via IAS theory (solid lines) and via Multi-Langmuir 

(dashed lines) in comparison to measured load capacities (symbols) at T = 200 °C for (a) eth-
ylene at different partial pressures of propylene (  /  /  pC3H6 = 0 / 0.5 / 1.0 kPa) and (b) 
propylene at different partial pressures of ethylene (  /  /  pC2H4 = 0 / 0.5 / 1.0 kPa) 
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in the partial pressure of the second component the load capacity decreased strongly. 
Mostly, the first sharp gradient was decreased. The influence in a further increase of the 
competitive component declined. 

However, the predicted adsorption behavior of the IAS theory or Multi-Langmuir model 
cannot be validated by the experimental measurements. It seemed that for the concentra-
tion range with respect to component considered (diluted system ∑xjc ≤ 2 %) no mixture 
effect for ethylene and propylene was obviously. Only slight deviations in the adsorption 
isotherms were pronounced. This was probably due to the fact of slightly deviations in the 
experimental equipment and procedure. A possible reason of the simulation fail is the 
space requirement of the molecules. The Langmuir model possesses the assumption of a 
monolayer at the sorbent. Because of the similar structure of ethylene and propylene the 
possibility exist of a multi-layer at the catalyst particles. In addition, another perpendicular 
orientation of the molecules at the sorbent is conceivable. Thus, the space requirement 
was decreased. 

In fig. 5.9 the temperature effect of the load capacity is given in connection to the 
partial pressures of ethylene and propylene. It can be observed, that the temperature de-
pendence of qC2H4 (see fig. 5.9a) at a constant partial pressure of ethylene and propylene 
for both models is marginal. Furthermore, it seems that the ethylene effect also with in-
creasing temperature decreases. In contrast, the influence of the temperature on the load 
capacity of propylene (see fig. 5.9b) is in spite of the addition of ethylene for both models 
very pronounced. Additionally, the differences of the quantified models increase at higher 
temperatures. During the deviation between the IAS theory and the Multi-Langmuir model 
in the load capacity of ethylene is nearly constant. In contrast, the prediction of the higher 
load capacity of propylene switches below 145 °C for pC3H6 = 1 kPa and 180 °C for pC3H6 = 
0.5 kPa from the IAS theory to the Multi-Langmuir model. Again, also for qC3H6 the influence 
of the partial pressure decreases with increasing temperature. However, the deviations 
between the predicted and experimental data, which was already suggested in fig. 5.8, are 
very high. 
 

 
Figure 5.9: Predicted load capacities via IAS theory (solid lines) and via Multi-Langmuir (dashed lines) as a 

function of temperature and different partial pressures for (a) pC2H4 = 0.1 / 0.5 / 1.0 kPa and a 
constant partial pressure of propylene (pC3H6 = 1 kPa) and (b) pC3H6 = 0.1 / 0.5 / 1.0 kPa and a 
constant partial pressure of ethylene (pC2H4 = 1 kPa) 
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However, with a further increase of the partial pressure of the competitive component (∑xjc 
≥ 4 %) the IAS theory and the Multi-Langmuir model works very well. In fig. 5.10 are shown 
the experimental and the predicted load capacities of ethylene at a constant partial pres-
sure of propylene (pC3H6 = 4 kPa) (fig. 5.10a) and propylene at a constant partial pressure 
of ethylene (pC2H4 = 4 kPa) (fig. 5.10b) at a temperature of 200 °C. Only small deviations 
between the models and the experimental data can be observed. Especially the load ca-
pacity of ethylene is described at all partial pressures investigated experimentally. The 
prediction of the propylene load capacity offers a small gap mainly at low partial pressures. 
If the propylene concentration is increased, the IAS theory slightly overestimated the ex-
perimental data during the Multi-Langmuir model describes this part excellent. For higher 
temperatures model validation is more complicated due to the occurrence of cracking re-
actions. 

Consequently, the IAS theory and the Multi-Langmuir model describe the competitive 
adsorption at higher partial pressures only, where such effects are pronounced experi-
mentally. For kinetic modeling (section 5.5) of the total oxidation of hydrocarbon concen-
trations e.g. describing mixtures of VOC, the prediction of the competitive adsorption iso-
therm can be performed via the Multi-Langmuir model. Therefore, the estimated parame-
ters of the single component adsorption data are sufficient. 

However, a benefit-cost analysis related to the complex IAS theory should be done. 
As explicit shown the simple Multi-Langmuir model describes the experimental data at high 
concentrations sufficient as well. In the part where this theory failed also the IAS theory 
cannot predict the data. 
 

 
Figure 5.10: Predicted competitive adsorption isotherms via IAS theory (solid line) and via Multi-Langmuir 

(dashed line) versus measured load capacities (diamond) at T = 200 °C for (a) ethylene at 4 kPa 
partial pressure of propylene and (b) propylene at 4 kPa partial pressure of ethylene 

 

5.4.6 Conclusions regarding additional adsorption investigation 
In this section, the adsorption behavior of reactants and products (except water) of the 
total oxidation network of ethylene and propylene including the intermediate CO on a 
CrOx/γ-Al2O3 catalyst was studied. Therefore, single component adsorption isotherms in a 
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broad temperature range were investigated experimentally. For the mathematical descrip-
tion, different adsorption models were parameterized. The adsorption parameter estima-
tion for all components was based on a bi-adsorption isotherm model consisting of a Lang-
muir and Henry term. The temperature dependence of the parameters was depicted by an 
Arrhenius approach. Thus, the experimental adsorption isotherms can be reflected within 
in the researched area very well. In addition, all single component data were used to pa-
rameterize a Langmuir adsorption model. This model possessed especially at low temper-
ature small gaps. With increasing temperature, the linear effect of the Henry term de-
creased for propylene, carbon dioxide and carbon monoxide strongly. Thus, at potential 
reaction temperatures the Langmuir model described the adsorption behavior sufficient as 
well. 

Afterwards, the competitive adsorption isotherms from ethylene and propylene were 
predicted via the IAS theory and the Multi-Langmuir model. It can be observed, that the 
effect of the shape of the isotherm based on the added component was preliminary strong 
and with a further increase of the partial pressure the influence decrease. Based on mean 
deviations between the investigated models the effort of the extensive IAS theory in the 
investigated concentration range (diluted system) was unnecessary. Only at the present 
of a more complex high concentrated mixture behavior the IAS theory was suitable. 

Thus, for kinetic modeling of the total oxidation reaction network, the estimated ad-
sorption parameters at the single component measurements can be applied. In assistance 
of the estimated adsorption parameter the kinetic parameters can be estimated inde-
pendently without any correlations and consequently with low confidence intervals. 

In general, this section illustrated the general need in more quantitative descriptions 
of multi-component adsorption equilibria in the frame of formulating reliable rate expres-
sions in heterogeneous catalysis! 
 

5.5 Kinetic investigation and network analysis 
As aforementioned in section 5.1.2 the reaction network analysis is based on the network 
decomposition strategy as successful applied in the homogeneously catalyzed hydro-
formylation of 1-dodecene (section 3.5). First the smallest sub-network (CO oxidation) will 
be studied. Afterwards the reaction network complexity will be increased step by step. 
Therefore, all estimated parameters will be transferred in the next sub-network. 
 

5.5.1 Carbon monoxide oxidation: sub–network I 
For the reaction kinetics analysis of the total oxidation of carbon monoxide three different 
rate approaches (eqs. 5.1-5.3) were determined and quantified as discussed in section 
5.2. To avoid parameter correlation and for improving the comparability of the rate ap-
proaches the adsorption constants of the ER and LH mechanism were already estimated 
independently from the occurring reaction in section 5.4 (Pöpken et al., 2000). As pre-
sented the competitive adsorption behavior can be described via Multi-Langmuir adsorp-
tion isotherms. Thus, the adsorption parameters from table 5.2 will be used without any 
modification in kinetic analysis. Based on the diluted system (xCO ≤ 1 %) and the low exo-



5 Kinetics of the Total Oxidation of Short-Chain Hydrocarbons 

94 

thermal heat energy of the CO total oxidation (ΔhR,5(T = 500°C) = -283 kJ·mol-1 (Yaws, 
1999)) the kinetic experiments can be considered as isothermal. 

To obtain a reliable kinetic equation the temperature dependence of the reaction rates 
was determined for four different carbon monoxide (xCO = 0.25–1.00 %) and five oxygen 
(xO2 = 1.00–20.90 %) inlet molar ratios. The temperature was varied between 300–650 °C. 
The comparison of experimental and modeled data concerning the three approaches is 
given in fig. 5.11. Several measured reaction temperatures are illustrated at the molar inlet 
ratios of carbon monoxide and oxygen of 1.0 % (shortage) and 20.9 % (excess), respec-
tively. The catalyst weight to total volumetric flux ratio was 50 kgcat·s·m-3. It is obvious that 
with increasing reaction temperature the conversion of carbon monoxide increased. The 
performance of the catalyst presented at 300 °C a CO conversion close to zero. Above 
450 °C the conversion was clearly emerging. Complete conversion of CO was reached at 
625 °C. 
 

 
Figure 5.11: Experimental (symbols) and modeled (lines) steady state performance parameter (a) conversion 

of CO and (b) yield of CO2 of the CO oxidation (sub-network I) as a function of temperature and 
different reaction rate approaches 

 
The adsorption-based reaction mechanisms overestimated the experimental conversion 
and carbon dioxide yield data. In contrast, the reduced MvK approach (eq. 2.14) reflected 
the data in an excellent way (fig. 5.11). In this connection, the estimated kinetic parameters 
are shown in table 5.3. The activation energies of the approaches differ strongly from 97.5 
kJ·mol-1 (MvK) up to 169 kJ·mol-1 (LH). This is reflected in fig. 5.11, as well. The gradients 
of the adsorption-based rate approaches were too stiff. However, the difficulty was not the 
temperature dependency. Rather the dependency of the reaction rate on the reactant com-
ponents cannot be described by the ER and LH model. In contrast, the activation energy 
of the suitable MvK approach was close to literature data. In (Liu and Flytzanistephanop-
oulos, 1995) an activation energy of 91 kJ·mol-1 at a CuO-Cr2O3/γ-Al2O3 catalyst for a semi- 
 
Table 5.3: Estimated kinetic parameters of the total oxidation of CO and the corresponding 95 % confi-

dence intervals (rate approaches from eqs. 5.1-5.3) 

Approach 
Frequency 
factor k∞,5 

Unit 95 % CI 
EA,5 

(kJ·mol-1) 
95 % CI 

ER (k5) 7.437·10+6 mol·(kgcat·s·Pa)-1 ± 3.749·10+6 159.161  ± 3.312 
LH (k5) 2.433·10+10 mol·(kgcat·s)-1 ± 1.411·10+10 161.334  ± 3.816 
MvK (kred,5

+) 1.579·10+1 mol·(kgcat·s·Pa)-1 ± 1.473 97.141  ± 0.587 
MvK (kox,5

+) 7.350·10-5 mol·(kgcat·s·Pa)-1 ± 4.851·10-6 0  ± inf 
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Figure 5.12: Experimental (symbols) and modeled (lines) steady state performance parameter (a and c) con-

version of CO and (b and d) yield of CO2 of the CO oxidation (sub-network I) as a function of 
temperature and (a and b) different CO inlet concentrations and (c and d) different O2 inlet con-
centrations 

 
empirical ER approach was presented. Thus, the carbon monoxide oxidation at a chro-
mium based catalyst can be described by a MvK mechanism (Murzin and Salmi, 2005). 

In order to illustrate the suitability of the MvK the comparison of the experimental per-
formance parameters and the modeled data are shown in fig. 5.12 for a wide carbon mon-
oxide and oxygen inlet concentration range. Fig. 5.12a-b and c-d reveal the individual ef-
fect of carbon monoxide and oxygen, respectively. During the temperature dependence of 
the performance parameter was obviously, the effect of the partial pressures was insignif-
icant. This can be explained by oxygen excess conditions for all experimental data ob-
served. In addition, during parameter estimation the activation energy of the oxidation step 
was estimated to be zero (see tab. 5.3). Accordingly, the re-oxidation step of the catalyst 
species of the MvK mechanism (fig. 2.4) seemed to be not rate determining. 
 

 
Figure 5.13: Experimental (symbols) and modeled (lines) steady state performance parameter (a) conversion 

of CO and (b) yield of CO2 of the CO oxidation (sub-network I) as a function of temperature and 
different residence times 
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In fig. 5.13 is shown the influence of the catalyst weight to total volumetric flux ratio. The 
description of this effect is not part of the kinetic rate equation but rather of the reactor 
model. This was already introduced in section 2.3.2. Accordingly, the experimental meas-
ured CO conversion and CO2 yield with a W/F ratio of 100, 150 and 200 kgcat·s·m-3 were 
predicted very well by the reactor model itself. If the W/F ratio increases, the total volumet-
ric flux decreases and hence the residence time increases. Consequentially the CO con-
version and CO2 yield increases at further constant conditions. 

In the next steps of the more complex reaction network (II and III) analyses the already 
estimated kinetic parameter of reaction 5 (see fig. 5.2 and tab. 5.3) will be fixed. Thus, 
finally all parts and the total network can be described by the quantified kinetic approaches. 
 

5.5.2 Ethylene oxidation: sub–network II 
In the second sub-network the total (r1) and partial (r2) oxidation of ethylene were quanti-
fied. The experimental observation of the ethylene oxidation presented for the selected 
inlet conditions (xC2H4 = 1 %; xO2 = 20.9 %) show that the ethylene conversion (fig. 5.14a) 
increases from 300 °C from close to zero to 100 % at 550 °C. The resulting products were 
carbon monoxide and carbon dioxide. Further components were not observed by the GC 
equipment. The experimental carbon monoxide yield (fig. 5.14b) increased between 
300 °C and 500 °C from zero to maximum 50 %. A further temperature increase supported 
the total oxidation of CO (see also sub-network I; section 5.5.1). Thus, the yield decreased 
to zero at 650 °C. The experimental yield of carbon dioxide (fig. 5.14c) increased continu-
ously from zero to 100 % in the temperature range considered. 

The kinetic parameter estimation procedure by network decomposition of ethylene 
and propylene oxidation in the sub-networks for the adsorption-based approaches was 
limited by the equilibrium adsorption constant of water. Due to unsuitable equipment, these 
individual adsorption measurements and the corresponding parameter estimation are 
missing in section 5.4. In literature (Sup Song et al., 2001; Auer and Thyrion, 2002) the 
gaseous water adsorption at transition metal oxides was described as strongly pro-
nounced. Accordingly, the inhibition effect by water adsorption on the active catalyst spe-
cies in resting state was apparent for all reaction rates in an analogous manner. Based on 
this, the parameter estimation of the remaining sub-networks followed simultaneously on 
the experimental data. 
 

 
Figure 5.14: Experimental (symbols) and modeled (lines) steady state performance parameters (eqs. 2.16-

2.18) of the C2H4 oxidation (sub-network II) as a function of temperature and different reaction 
rate approaches, (a) conversion of C2H4, (b) yield of CO and (c) yield of CO2 
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In previous articles, several kinetic rate approaches were investigated to describe the total 
oxidation of short-chain olefins and alkanes. Starting with empirical (Yao, 1973; Haber and 
Turek, 2000; Sup Song et al., 2001) and semi-empirical rate laws (Sup Song et al., 2001; 
Auer and Thyrion, 2002) up to ER (Liu and Flytzanistephanopoulos, 1995; Sup Song et 
al., 2001), LH (Heynderickx et al., 2010a; Benard et al., 2013) and MvK (Haber and Turek, 
2000; Heynderickx et al., 2010b) approaches. Dependent on the active catalyst species 
and the reactant different approaches were suitable. In recently published articles spec-
troscopic techniques were used to identify active catalyst sites and analyze oxidation 
mechanisms reliable on a copper-cerium oxide catalyst (Menon et al., 2012; Zhang et al., 
2012) and CrOx catalyst (Sattler et al., 2014). 

In this work, the applied reaction rate models were the LH (eq. 5.1), the ER (eq. 5.2) 
and the MvK (eq. 5.3) mechanism as discussed before. The partial and total oxidation 
reactions of each reactant were described by the same mechanism. Based on parameter 
correlations for estimating the temperature dependence on the reaction and adsorption 
behavior of water, the adsorption equilibrium parameter was estimated independent from 
temperature. A similar effect of correlated parameters in temperature depends was ob-
served for the isomerization of 1-dodecene (section 3.5.2). The re-oxidation step of the 
catalyst species by gaseous oxygen for a MvK mechanism is independent of the catalyst 
reduction step. Accordingly, the reaction cycle step constant kox+ of the CO oxidation can 
be transferred to the ethylene and propylene oxidation, respectively. The estimated kinetic 
parameters of the several reaction rate approaches of sub-network II are listed in table 
5.4. A comparison of the modeled temperature dependence for the performance parame-
ters of the different reaction rate approaches is shown in fig. 5.14. Additionally, the exper-
imental measured data are presented. 

The suitability of the derived rate approaches was evaluated differently. The trend of 
the performance parameters as a function of temperature was reflected by all models. 
Nevertheless, the activation energies of the LH approaches exceeded all other studied 
mechanisms (tab. 5.4). Thus, the corresponding ethylene conversion was under and over-
estimated at low and high temperatures by LH, respectively. Additionally, the yields of CO 
and CO2 possessed major deviations. This was reflected by the MvK approach, too. Es-
pecially the yield of CO was widely underestimated. The most suitable approach for the 
description of the ethylene oxidation was the ER mechanism. Accordingly, gas phase eth- 
 
Table 5.4: Estimated kinetic parameters of the total and partial oxidation of C2H4 and the corresponding 95 

% confidence intervals (rate approaches from eqs. 5.1-5.3) 

Approach 
Frequency 
factor k∞ 

Unit 95 % CI 
EA 

kJ·mol-1 
95 % CI 

ER (k1) 3.151·10-1 mol·(kgcat·s·Pa)-1 ± 2.211·10-1 56.836 ± 3.546 
LH (k1) 5.323·10+8 mol·(kgcat·s)-1 ± 4.134·10+8 118.430 ± 3.293 
MvK (kred,1) 4.436·10-3 mol·(kgcat·s·Pa)-1 ± 4.884·10-3 50.168 ± 4.855 
ER (k2) 1.160·10+4 mol·(kgcat·s·Pa)-1 ± 2.527·10+3 110.685 ± 1.299 
LH (k2) 9.257·10+11 mol·(kgcat·s)-1 ± 7.044·10+11 165.834 ± 3.422 
MvK (kred,2) 3.565·10+2 mol·(kgcat·s·Pa)-1 ± 2.173·10+2 112.256 ± 2.940 
ER / LH (KH2O) 3.518·10-10 Pa-1 ± 3.608·10-8 0 ± inf 
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ylene reacts directly with the adsorbed oxygen catalyst species complex. Such character-
istics of transition metal oxide catalysts for the total oxidation of short-chain alkanes and 
olefins had been observed in (Veldsink et al., 1995; Angelidis and Tzitzios, 1999; Auer and 
Thyrion, 2002). The comparison of the estimated activation energy of the total oxidation 
with literature data offered some deviations. In (Yao, 1973) 90 kJ·mol-1 for the ethylene 
oxidation on a commercialized Cr2O3 catalyst were observed. 

In order to clarify the suitability of the ER mechanism, in fig. 5.15 the temperature 
dependence of the performance parameters is shown in a wide ethylene and oxygen con-
centration range. First the ethylene partial pressure dependence is investigated (see fig. 
5.15a-c). For this purpose, the ethylene molar inlet feed ratio was varied between 0.25–
1.00 %. Further inlet conditions were set constant (xO2 = 20.9 %; W/F = 50 kgcat·s·m-3). 
With increasing ethylene concentration, the conversion slightly decreased at a constant 
reaction temperature. Accordingly, the yield of CO and CO2 decreased marginal. This was 
related to the required longer residence time of a larger quantity of ethylene. The effect of 
the increasing released heat of reaction with increased ethylene concentration can only 
be notified above 450 °C and was considered in the kinetic modeling as well. 

Second the effect of the oxygen inlet concentration is studied in fig. 5.15d-f at a con-
stant ethylene molar inlet ratio (xC2H4 = 1.0 %). Based on oxygen excess conditions the 
concentration decreased to the point of oxygen deficiency. The first decrease in oxygen 
affected the performance parameter marginally. Only below stoichiometric conditions the 
influence was obvious. It is clear that the oxygen concentration limits the ethylene conver-
sion (fig. 5.15d). As a result, the yield of CO increased (fig. 5.15e) and the yield of CO2 
 

 
Figure 5.15: Experimental (symbols) and modeled (lines) steady state performance parameters (eqs. 2.16-

2.18) of the C2H4 oxidation (sub-network II) as a function of temperature (a and d) conversion 
of C2H4, (b and e) yield of CO and (c and f) yield of CO2 and (a-c) different C2H4 inlet concen-
trations and (d-f) different O2 inlet concentrations 
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(fig. 5.15f) decreased strongly at high reaction temperatures, respectively. This behavior 
was reflected by the ER kinetic model as well. 

Also in the ethylene sub-network, the effect of residence time is studied individually 
(see fig. 5.16a-c). As aforementioned, this is part of the reactor model and cannot be re-
flected by the reaction kinetics. The investigation was performed by constant inlet molar 
ratios (xO2 = 20.9 %; xC2H4 = 1.0 %). The catalyst weight to total volumetric flux ratio was 
varied between 50 and 150 kgcat·s·m-3. Expectedly, with an increased residence time, the 
conversion of ethylene increased, too. This resulted in higher CO and CO2 yields at con-
stant reaction temperatures. Generally, the applied reactor model reflected the experi-
mental data well. Nevertheless, the yield of CO was underestimated and CO2 overesti-
mated at low and high temperatures, respectively. However, the trend was obvious. 
 

 
Figure 5.16: Experimental (symbols) and modeled (lines) steady state performance parameter (eqs. 2.16-

2.18) of the C2H4 oxidation (sub-network II) as a function of temperature and different residence 
times (a) conversion of C2H4, (b) yield of CO and (c) yield of CO2  

 

5.5.3 Propylene oxidation: sub–network III 
The sub-network III contains the total (r3) and partial (r4) oxidation reaction of propylene as 
well as the previously estimated oxidation of CO (r5). The quantification of the reaction 
rates was performed in an analogous manner to the ethylene sub-network II. The required 
adsorption equilibrium constant of water (KH2O) for the adsorption-based reaction rate ap-
proaches was already introduced in section 5.5.2. The re-oxidation constant (kox+) of the 
MvK approach was already estimated in sub-network I. The comparison of the quantified 
rate models and the corresponding experimental data of one inlet feed composition 
(xC3H6 = 0.5 %; xO2 = 20.9 %; W/F = 50 kgcat·s·m-3) is shown in fig. 5.17 a-c. The associated 
kinetic parameters und their 95 % confidence intervals of several rate approaches are 
given in table 5.5. 

The experimentally observed performance parameters and dependencies on reaction 
temperature and reactant concentrations were analog to the ethylene oxidation. Based on 
the chain length of propylene the oxidation reactivity was increased compared to ethylene 
(Yao, 1973). Additionally, the total oxidation enthalpy of reaction was clearly increased. 
Calculated values of reaction r1 and r3 are ΔhR,1(T = 500°C) = -1322 kJ·mol-1 and 
ΔhR,3(T = 500°C) = -1925 kJ·mol-1, respectively (see fig. 5.2a) (Yaws, 1999). Accordingly, 
the temperature control process along the catalyst bed was more complicated. The maxi-
mum observed temperature range was amounted to 80 °C at 8 mm catalyst bed length. 
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Based on this reason, the experimental data of the propylene oxidation were restricted to 
either small propylene or oxygen concentration, respectively. 

The comparison of the estimated rate approaches revealed that the ER and LH mech-
anism reflect the experimental example data well (fig. 5.17a-c). The predicted values of 
the LH approach were in agreement with the yield of CO and CO2. However, the observed 
boundary range offered large deviation. The performance of the MvK mechanism faded 
compared to the others. Accordingly, the ER approach was used to describe the whole 
experimental data set of the propylene total and partial oxidation. Compared to literature 
data the activation energy of the total oxidation of propylene was estimated in a similar 
dimension. In (Zahn, 2012) a value of 128.4 ± 17.2 kJ·mol-1 for an empiric power law ap-
proach on a Cu-CrOx/γ-Al2O3 catalyst and in (Yao, 1973) 101 kJ·mol-1 on a Cr2O3 catalyst 
were reported. 

 

 

 
Figure 5.17: Experimental (symbols) and modeled (lines) steady state performance parameter (eqs. 2.16-

2.18) (a) conversion of C3H6, (b) yield of CO and (c) yield of CO2 of the C3H6 oxidation (sub-
network III) as a function of temperature and different reaction rate approaches 

 
In fig. 5.18a-f a comparison of experimental and modeled performance parameter for a 
broad propylene and oxygen concentration range is shown. At a constant oxygen inlet 
molar fraction (xO2 = 1.0 %), the propylene feed concentration was varied between xC3H6 = 
0.25–1.0 % (see fig. 5.18a-c). With increasing propylene partial pressure, the steady state 
conversion decreased at constant residence time conditions (W/F = 50 kgcat·s·m-³). At the 
same time the yield of CO and CO2 decreased, too. In kinetic modeling the effect can be 
reflected as well. Nevertheless, the yield of CO and CO2 was strongly underestimated and 
overestimated for the minimal propylene concentration studied, respectively. 
 
Table 5.5: Estimated kinetic parameters of the total and partial oxidation of C3H6 and the corresponding 

95 % confidence interval (rate approaches from eqs. 5.1-5.3) 

Approach 
Frequency 
factor k∞ 

Unit 95 % CI 
EA 

kJ·mol-1 
95 % CI 

ER (k3) 3.112·10+2 mol·(kgcat·s·Pa)-1 ± 4.002·10+2 86.156  ± 5.462 
LH (k3) 1.368·10+5 mol·(kgcat·s)-1 ± 9.261·10+4 73.234  ± 3.259 
MvK (kred,3+) 1.371·10+1 mol·(kgcat·s·Pa)-1 ± 3.020·10+1 90.343  ± 7.545 
ER (k4) 7.807·10+3 mol·(kgcat·s·Pa)-1 ± 6.335·10+3 101.741  ± 3.940 
LH (k4) 9.757·10+6 mol·(kgcat·s)-1 ± 4.401·10+6 94.409  ± 2.121 
MvK (kred,4+) 8.839 mol·(kgcat·s·Pa)-1 ± 12.816 83.595  ± 5.836 
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Figure 5.18: Experimental (symbols) and modeled (lines) steady state performance parameters (eqs. 2.16-

2.18) of the C3H6 oxidation (sub-network III) as a function of temperature, (a and d) conversion 
of C3H6, (b and e) yield of CO and (c and f) yield of CO2 and (a-c) different C3H6 inlet concen-
trations and (d-f) different O2 inlet concentrations 

 
The effect of the oxygen concentration (see fig. 5.18d-f) was only visible below stoichio-
metric conditions. This was obvious at the limited propylene conversion. The correspond-
ing yield of CO and CO2 was affected by the oxygen limitation, too. However, at this point 
the kinetic modeling cannot reflect the experimental data. At oxygen excess conditions the 
performance parameters were only slightly affected. With an increased oxygen concentra-
tion, the propylene conversion increased, too. The corresponding yield of CO and CO2 first 
increased equivalent. At higher reaction temperatures, the following total oxidation of CO 
(r5) was also supported. This led to a strong decreased CO yield. 

The investigation of the residence time effect on the sub-network III was performed at 
xC3H6 = 0.5 % and xO2 = 20.9 % as inlet composition. Based on the experimental plant  
 

 
Figure 5.19: Experimental (symbols) and modeled (lines) steady state performance parameters (eqs. 2.16-

2.18) of the C3H6 oxidation (sub-network III) as a function of temperature and different residence 
times, (a) conversion of C3H6, (b) yield of CO and (c) yield of CO2 
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limitation the catalyst weight to total volumetric flux ratio was varied between 50 and 
100 kgcat·s·m-³. The comparison of the experimental and modeled performance parameter 
is shown in fig. 5.19a-c. As aforementioned in sub-network I and II, respectively, with in-
crease in residence time the conversion of propylene increases, too. The modeled effect 
was much more pronounced as experimentally validated. This can be observed for the 
yield of CO and CO2 as well. 
 

5.5.4 Evaluation of the total oxidation reaction network 
In the previous analysis of the three sub-networks all reaction kinetic parameters had been 
estimated (see bold parameters in tab. 5.3-5.5). Thus, in the following section the reaction 
kinetic will be validated at mixture conditions which were not considered during parameter 
estimation. Therefore, no additional parameter estimation will be done. The validation oc-
curred at oxygen excess (xO2 = 20.9 %) and a catalyst weight to total volumetric flux ratio 
of 50 kgcat·s·m-³. Often inhibition effects based on competitive adsorption of the reactants 
were reported in literature (Ertl et al., 2008; Zahn, 2012). To analyze the mutual retardation 
of the hydrocarbon oxidation in mixtures first the ethylene inlet concentration was set con-
stant and the propylene molar ratio was varied between 0 and 0.75 %. The experimental 
and modeled performance parameters are shown in fig. 5.20. 

The opposite variation (xC3H6 = const. = 0.25 % and ethylene molar ratio was varied 
between 0 and 0.75 %) is illustrated in fig. 5.21. 

It is obvious that mutual retardation occurred for both cases. Only the magnitude was 
differently pronounced. The conversion of the reactants for several conditions revealed 
 

 
Figure 5.20: Experimental (symbols) and modeled (lines) steady state performance parameters (eqs. 2.16-

2.18) (a) conversion of C2H4, (b) conversion of C3H6, (c) yield of CO and (d) yield of CO2 of the 
total oxidation network as a function of temperature for a-d: different C3H6 inlet concentrations 
at a constant O2 (xO2 = 20.9 %) and C2H4 (xC2H4 = 0.25 %) inlet concentrations 
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Figure 5.21: Experimental (symbols) and modeled (lines) steady state performance parameter (a) conversion 

of C2H4, (b) conversion of C3H6, (c) yield of CO and (d) yield of CO2 of the total oxidation network 
as a function of temperature for different C2H4 inlet concentrations at a constant O2 (xO2 = 
20.9 %) and C3H6 (xC3H6 = 0.25 %) inlet concentrations 

 
that the ethylene oxidation was strongly inhibited by propylene addition. Vice versa only a 
marginal effect could be observed. This was already determined at the competitive ad-
sorption measurements of ethylene and propylene (section 5.4). In this connection, the 
Multi-Langmuir adsorption model reflected the competitive adsorption behavior for the ac-
tive catalyst sites well (fig. 5.10). By including the individual estimated single component 
adsorption parameter in the ER kinetic approach the effect and also the order of the mag-
nitude can be reflected by the kinetic model as well (see fig. 5.20 and fig. 5.21). This re-
action order and the corresponding inhibition effects of the hydrocarbon oxidation was 
already observed by several transition metal oxide catalysts (Moro-Oka et al., 1967; Yao, 
1973). For the yield of CO and CO2 the effect of the competitive component adsorption 
can be studied in detail. Whereas the yield of CO and according to these the partial oxida-
tion reactions (r2 and r4) were only slightly effected. The yield of CO2 increases significantly 
with an increase of the competitive component at lower reaction temperatures. 

Based on the estimated activation energy values of the partial and total oxidation re-
actions the reaction pathway can be analyzed. Obviously, the total oxidation of the hydro-
carbons is energetic favored. The corresponding activation energies (EA,1 = 57 kJ·mol-1 
and EA,3=86 kJ·mol-1) are significantly smaller as of the partial oxidation (EA,2=111 kJ·mol - 1 
and EA,4 = 102 kJ·mol-1). Thus, the main part of the produced carbon dioxide amount re-
sults directly from the total oxidation. Consider the activation energy of the carbon monox-
ide oxidation (EA,5 = 97 kJ·mol-1) only high temperatures yields in complete conversion. 
Regarding the hydrocarbon chain length, the activation energy of the total oxidation is 
increased for longer molecules. In contrast the activation energy of the partial oxidation is 
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decreased. The calculated 95 % confidence intervals of the estimated parameters are 
mostly in a significant range. Especially the confidence intervals of the activation energies 
are less than 11 %. 
 

5.6 Conclusions 
This section described results of investigating the kinetics of the heterogeneously cata-
lyzed partial and total oxidation reactions of ethylene, propylene, mixture of both and car-
bon monoxide on a CrOx/γ-Al2O3 catalyst. The mentioned reactions proceed in a rather 
wide range of temperatures and partial pressures. Mechanistic rate equations were deter-
mined by using the GCCK approach. 

In heterogeneous catalysis, detailed information about catalytic cycles and the typi-
cally large number of species involved are usually missing. Therefore, the determination 
of mechanistic rate models is typically based on well-established reaction simplified mech-
anisms, such as e.g. the Mars/van Krevelen and the Eley/Rideal approach. Considering 
the assumptions used in deriving these reaction mechanisms, it can be shown that the 
corresponding rate expressions form subsets of the general rate equations obtainable from 
the Christiansen methodology. 

Studying multi-phase systems additional information regarding phase equilibria of the 
reactants and products have to be considered in kinetic modeling. In order to support the 
parameter estimation and to describe the adsorption behavior of the components involved, 
Langmuir adsorption isotherm models are often applied. Using these models, the single 
component adsorption behavior could be characterized quite well. By means of the Multi-
Langmuir model, based exclusively on the parameters of the single component isotherms, 
the competitive adsorption behavior of ethylene and propylene mixtures could be pre-
dicted. If more realistic but sophisticated phase equilibrium models for description of com-
petitive adsorption behavior are needed, the IAS theory can be suggested. Using this the-
ory, thermodynamic consistent adsorption models of reactants and products within kinetic 
modeling can be obtained. This theory was applied in this work as well. Single component 
adsorption isotherm models consisting of a Henry and Langmuir term were quantified for 
all studied components. By means of the IAS theory, the competitive adsorption behavior 
of ethylene and propylene mixtures could be predicted. However, the obtained implicit set 
of expressions have to be solved numerically. Therefore, the subsequent kinetic analysis 
could be carried out using the Langmuir adsorption isotherm models. Using these addi-
tionally determined adsorption parameters within the kinetic analysis, a more profound 
description of the reaction rates was feasible by separating kinetic and thermodynamic 
effects. 

The subsequent kinetic analysis of the total oxidation reaction network occurred con-
sidering three different sub-networks. In order to describe the experimental data, several 
postulated mechanistic kinetics were tested and ranked. The best performed kinetic mod-
els were selected and transferred to the progressively larger sub-network and finally to the 
total network. All sub-networks and the total reaction network could be well described by 
using one set of kinetic models and parameters. Based on this analysis, the carbon mon-
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oxide oxidation corresponds to the Mars/van Krevelen mechanism in agreement with (Mur-
zin and Salmi, 2005) and the hydrocarbon partial and total oxidation reactions to the 
Eley/Rideal approach, where the hydrocarbons react from gas phase with adsorbed oxy-
gen in agreement with (Yao, 1973). A validation of the parameterized reaction model was 
done by analyzing several inlet mixtures of ethylene and propylene in a broad temperature 
and concentration range. Based on the competitive adsorption results mutual retardation 
of both reactants was predicted by the kinetic modeling and indeed observed experimen-
tally. 

The general kinetic concept followed in this thesis, namely the GCCK approach, as a 
starting concept to formulate kinetic models could be successfully applied for the hetero-
geneously catalyzed total and partial oxidation reactions. 

In the following final section 6, the challenging innovative multi fixed-bed Loop Reactor 
concept will be studied both theoretically and experimentally. Besides evaluating its po-
tential, the above described reaction kinetics will be applied and validated. 
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6 Application of Kinetic Models: Multi Fixed-Bed Loop 
Reactor 

In the previous section, mechanistic reaction kinetic models were derived via the GCCK 
approach and parameterized based on experimental data for the heterogeneously cata-
lyzed partial and total oxidation of ethylene, propylene, mixtures of both and carbon mon-
oxide on a chromium oxide supported catalyst (section 2.1 and 5.5). 

The aim of this section is to investigate the periodic operation of the attractive Loop 
Reactor (LR) concept both theoretically and experimentally and to validate the determined 
reaction kinetics of the oxidation reactions. 

Applying very detailed mechanistic kinetic models as obtained from the GCCK ap-
proach in combination with rigorous Loop Reactor models, high performance computing is 
required. In order to identify general LR characteristics, the accuracy of the detailed model 
is unnecessary. Therefore, to study the LR concept theoretically a single and multi-reac-
tant simulation study is performed in section 6.3 using simplified power law kinetic models 
suggested in the literature (Haynes and Caram, 1994). In a second part of this section will 
be shown the experiments performed in this work (section 6.4) and a model based analysis 
of the LR concept (section 6.5). As reaction system, the total oxidation of ethylene and 
propylene in air on a CrOx/γ-Al2O3 catalyst will be studied. 

Simulation results will be generated using a more detailed reactor model, which is 
explained in detail in appendix B.5. 

Finally, results of a parametric study are presented which evaluate a dosing strategy 
capable to further increase the LR operation window. 
 

6.1 Principle and history of the Loop Reactor 
The purification of industrial volatile organic compound (VOC) exhaust streams requires 
special attention in order to observe the strict emission standards (Brinkmann et al., 1999). 
Frequently, harmful environmental components are diluted in air or nitrogen. Thus, the 
total oxidation of these components (ΔHR < 0) requires a significant amount of thermal 
energy to preheat the whole stream especially including inerts to the ignition temperature 
Tign (Brinkmann et al., 1999). Based on this reason the idea of an autothermal process was 
investigated in the seventies in the 20th century. The first concept was given by Matros 
(Boreskov et al., 1977; Matros, 1977). 

The so-called Reverse Flow Reactor (RFR) concept uses one adiabatic catalytic fixed 
bed which can be streamed in both directions. If cold feed gas enters the preheated packed 
bed the reactants heated up to ignition temperature and total oxidation occurs. Conse-
quently, an exothermal reaction front is created and moves in flow direction. Depending 
on the exothermal heat release, an additional leading thermal front is generated, which 
heats up the catalyst bed again. If the fronts reach the end of the reactor, the flow direction 
is reversed. Thus, the high temperature zone area encased by the exothermal reaction 
and the leading thermal front can be captured within the reactor and ignited cyclic steady 
state conditions are obtained (Silveston and Hudgins, 2012). The main field of application  
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Figure 6.1:  (a) Principle of the Loop Reactor based on exploiting a periodically operated reactor cascade of 

Nseg catalytic fixed beds and switching in- and outlet port positions in the gas flow direction, (b) 
the resulting temperature and (c) conversion profiles including for illustration the traveling exo-
thermal reaction (uR) and temperature (uT) fronts in the middle of switching period (Zahn, 2012) 

 
of this concept is the VOC destruction (Eigenberger and Nieken, 1994; Nieken et al., 1994; 
Fissore et al., 2005; Barresi et al., 2007; Silveston and Hudgins, 2012). Other commercial 
applications are NOx reduction, the mitigation of methane in coal mine and the catalytic 
decomposition of N2O to the abatement of greenhouse gas emissions (Silveston and 
Hudgins, 2012). However, the RFR concept offers an unbalanced catalyst bed using and 
a slip of unconverted reactants directly after flow reversal (Sheintuch and Nekhamkina, 
2005). Therefore, a STAR reactor concept was introduced, that operates in a fully transient 
mode and combines the autothermal RFR operation and constant outlet concentrations 
(Vanden Bussche and Froment, 1996). 

Another promising and innovative reactor concept is the Loop Reactor (LR) (fig. 6.1a). 
The theoretical principle was first introduced by (Haynes and Caram, 1994). For a suc-
cessful process an adiabatic reactor cascade of at least two segments (Nseg ≥ 2) is as-
sumed. Exactly as the RFR operation, cold feed gas enters the first segment, heats up to 
ignition temperature Tign and reaction occurs. The formed exothermal reaction front moves 
in flow direction by the shift of cold feed gas. After passing completely the segment I, the 
feed and outlet port position is shifted into flow direction following the reaction front. Thus, 
the formerly cold first segment is switched at the end of the reactor cascade and the hot 
exhaust gas can heat up the segment again. This periodic process attempts to trap a self-
sustained exothermic front and allows an autothermal operation. At cyclic steady state 
conditions two fronts are formed, the exothermal reaction front and the leading thermal 
front (fig. 6.1b). Based on the catalytic fixed bed, gas phase properties and adiabatic tem-
perature rise different front velocities can be observed (uR and uT in fig. 6.1b-c). The peri-
odic switching of the ports mimics a discrete countercurrent movement of the phases in-
volved, which is well-known in the Simulated Moving Bed chromatography (Seidel-Mor-
genstern et al., 2008). 

To maintain stable ignited conditions in the LR several aspects have to be considered.  
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For the determination of suitable front velocities and the suitable switching times tsw have 
to be identified. Additionally, unexpected ignition behaviors as well as the front dynamics 
for processing mixtures have to be investigated. To reduce the computing effort needed 
simplified reactor models and approximations were introduced. In (Sheintuch and Nek-
hamkina, 2004, 2005) limits of the exploitable switching velocities are studied using an 
asymptotic model Nseg → ∞. In (Nekhamkina and Sheintuch, 2008) are discussed an ap-
proximate rotating pulse solution and the corresponding switching stability limits and max-
imum temperatures. Another simplified model was presented by (Zahn, 2012). Inspired by 
Simulated Moving Bed modeling. A True Moving Bed Reactor model (eq. 2.52) was used 
to study the effect of switching time, inlet temperature, heat loss and heat capacity of the 
catalyst bed on temperature and conversion patterns and maximum temperatures. Based 
on this model a bifurcation analysis was applied to identify various switching domains. 

An important application field of the autothermal reactor concept is VOC destruction. 
For this field are presented several model-based and experimental studies of the LR con-
figuration (Haynes and Caram, 1994; Barresi et al., 1999; Brinkmann et al., 1999; Fissore 
and Barresi, 2002; Madai and Sheintuch, 2008; Zahn, 2012; Madai et al., 2017). New fields 
of application are given by (Velardi and Barresi, 2002; Fissore et al., 2003). In these stud-
ies, the equilibrium limited were investigated the methanol synthesis and the production of 
synthesis gas by a combination of partial oxidation and steam reforming, respectively. 

In the next sections at first a preliminary parametric study of the LR concept is pre-
sented. To reduce the computational efforts the simplified power law reaction kinetic model 
published by (Haynes and Caram, 1994) will be taken. Single and multi-component mix-
tures were considered as the feed. Subsequently, the total oxidation of ethylene and pro-
pylene (see section 5) is used to study the LR more systematically. For this an experi-
mental evaluation of the autothermal total oxidation is performed in a special newly devel-
oped pilot plant. Selected experimental data were compared with modeled data using the 
already introduced LR model (eqs. 2.48-2.51) and the derived kinetic models (eqs. 5.2-5.3 
and tab. 5.2-5.5). 
 

6.2 Characterization of the Loop Reactor 
To maintain ignited conditions in the LR system an understanding of front propagation is 
indispensable. Typically, spatio-temporal temperature as well as concentration patterns 
were suggested in fig. 6.1b-c. Based on the mean positions and the shapes of the veloci-
ties of the thermal, uT, and exothermic reaction front, uR, the time for switching between 
the several inlet and outlet ports of the reactor cascade can be adjusted. The basis for the 
determination of the front velocities are the mass and the energy balances already intro-
duced in eqs. 2.48 and 2.50. The final approximations of the thermal front and the exo-
thermal reaction front velocities is given in eq. 6.1 and 6.2, respectively. A more detailed 
derivation of traveling front velocities is given in appendix B.7. 
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Based on eq. 6.1 the thermal non-reactive front velocity uT is characterized by a lower 
velocity compared to the velocity of gas phase (Zahn, 2012). Upon changes of the fluid 
phase and/or the catalyst support the thermal front velocity can be altered. If heat dispersal 
is considered, the maximum temperature is decreased due to smearing the front shape. 
However, the mean velocity always corresponds to eq. 6.1. An similar analytical solution 
is also available for the more complex boundary conditions of an open-open system (West-
erterp et al., 1993; Zahn, 2012). 

Eq. 6.2 describes the velocity of the exothermic reaction front. Disturbances can be 
affect the shape and position of the reaction front (Zahn, 2012). The ideal formulation of 
the reaction front illustrates that at steady state conditions (uR = 0) the maximum temper-
ature corresponds to the adiabatic temperature rise. Furthermore, at non steady state con-
ditions (uR > 0) Tmax-Tin increases. This temporal temperature increase can be explained 
by larger reactant amounts at the reaction front present in section 6.3.2. If uR corresponds 
to uT, eq. 6.2 possesses a singularity. An opposite behavior is to be expected for an exo-
thermic reaction front velocity smaller than zero (Zahn, 2012). 

Based on these front velocity characterizations, open and closed loop control con-
cepts can be developed as described below. 
 

6.2.1 Definition of switching times 
As aforementioned, the time between the switching operations from one inlet port to the 
next have to correspond to the thermal and exothermic reaction front velocity, respectively 
(fig. 6.1). A reduced switching time γ can be defined as the ratio of the thermal front to 
switching velocity (eq. 6.3) (Haynes and Caram, 1994; Zahn, 2012). 
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Using eq. 6.1 to substitute the thermal front velocity the equation of the reduced switching 
time can be written as follows (eq. 6.4). 
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Using this definition, a γ = 1 corresponds to a reduced switching time directly adjusted to 
the thermal front (Haynes and Caram, 1994). If γ is increased, the switching time tsw also 
increases and vice versa. Bounds for stable ignited conditions in terms of a fast and slow 
switching regime can be directly deduced from the exothermic reaction and thermal front 
velocities, respectively (Nekhamkina and Sheintuch, 2008). 

Based on eq. 6.4, suitable switching times can be determined for an open loop con-
trolled process (also called as non-feedback controller). This concept will be applied in the 
single and multi-reactant simulation study of the LR concept, presented in section 6.3. In 
experimental reality, the determination of suitable switching times is more complex due to 
uncertainties in the reactor and kinetic models. Open loop control, applying predefined 
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switching times, is therefore not appropriate (Zahn et al., 2011). For this reason, closed 
loop control is attractive. The concept applied is explained below. 
 

6.2.2 Definition of control concepts 
Suitable controller concepts for the switching time has to ensure cyclic stable ignited con-
ditions for the LR operation. Changes in the switching time beyond these stable ignited 
conditions leads to reactor extinction. Moreover, robustness to concentration and total vol-
umetric flux perturbations as well as short start-up behavior are controller requirements 
(Zahn et al., 2011). Several theoretical studies of advanced control concepts for the LR 
were introduced and experimental validated. For example, Fissore et al. suggested an 
observer design for the catalytic reduction of NOx (Fissore et al., 2007). The group of 
Sheintuch investigated a control concept based on several sensors (Sheinman and Shein-
tuch, 2009; Smagina and Sheintuch, 2009). Using these sensors, the front position is re-
constructed using a parabola. In addition, the front velocity is estimated via a proportional 
and PI controller. However, an optimal number of sensors has not been reported, yet (Zahn 
et al., 2011). 

A promising Multi-sensor controller concept is suggested by (Zahn et al., 2011). The 
basic idea of this closed loop control concept is to monitor the exothermal reaction front 
position at the sensor locations. This is realized by one thermocouple installed at the end 
of each reactor segment. The switching operation is triggered if a certain temperature set-
point Tsw has been reached from top to down. This means, that the exothermal reaction 
front leaves the active reactor segment and enter the following. Accordingly, the formerly 
active segment is switched at the end of the reactor cascade and will be prepared for next 
operation again. Using this closed loop controller concept robust operation for the start-up 
procedure and cyclic steady state can be achieved. For this reason, the experimental in-
vestigation of the single and multi-component feed (section 6.4) is realized using the Multi-
sensor controller concept. 
 

6.3 Simulation studies using simplified kinetics 
In order to study and illustrate the characteristics of the LR concept as front velocities and 
maximum observed temperatures, a detailed simulation study is presented. Therefore, 
several variations of gas and catalyst phase properties as well as inlet conditions and 
reactant species are realized. Based on these results the following experimental study of 
the LR concept can be focused directly on the obtained main setting parameters. Accord-
ingly, the model study is used to prepare the experimental design. 

Applying very detailed mechanistic kinetic models as obtained from the GCCK ap-
proach (section 2.1.2 and 5) in combination with rigorous Loop Reactor models, high per-
formance computing is required. To reduce the computational effort, the simulation study 
for single and multi-reactant inlet is realized using simplified power law kinetics (section 
6.3.1). Using such power law kinetics, the ordinary differential equation system consisting 
of the mass and energy balances can be solved by efficient and fast solving algorithms as 
available in the used simulation software MatLab®. 
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The application of the full kinetic models, obtained from the GCCK approach (section 
5), and the validation of this more detailed model is realized only on selected experimental 
Loop Reactor data (section 6.5). 

6.3.1 Simplified kinetics and reactor model 
The simple power laws used in the simulation study (eq. 6.5) are adopted from (Haynes 
and Caram, 1994; Sheintuch and Nekhamkina, 2005). The used kinetic parameters for the 
single reactant inlet are shown in tab. 6.1. The kinetic parameters used for the multi-com-
ponent feed (section 6.3.3) are summarized later in tab. 6.2. 
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The simplified one dimensional mass and homogeneous energy balance is shown in eq. 
6.6 and 6.7, respectively (Haynes and Caram, 1994). 
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The physical gas and solid catalyst properties are independent from temperature and sum-
marized in tab. 6.1. Additional no axial mass dispersal is considered. 

Table 6.1: Top: standard conditions adopted for simplified model (eq. 6.5-6.7) in the parametric study 
(Haynes and Caram, 1994). Bottom: range of the varied reaction kinetic parameters and physi-
cal properties 

Parameter Value Parameter Value Parameter Value 
c10, mol·m-3 0.3 k�,1, s-1 29732 EA,1, kJ·mol-1 66.512 
(,cp)gas, J·m-3·K-1 500 *, - 0.45 "eff, J·m-3·s-1·K-1 2.06 
(,cp)bulk, J·m-3·K-1 2·106 ugas, m·s-1 1 �hR,1, kJ·mol-1 -206
Nseg, - 3 Lseg, m 0.45   
c10, mol·m-3 0.05 – 0.30 EA,1, kJ·mol-1 51.512 – 81.512 
Nseg, - 2 – inf ugas, m·s-1 0.5 – 2.0 
(,cp)gas, J·m-3·K-1 400 – 600 (,cp)bulk, J·m-3·K-1 1·106 – 3·106 
"eff, J·m-3·s-1·K-1 1.06 – 3.06    

6.3.2 Single reactant simulation study 
The single component feed simulation study of the LR concept was devoted to analyze 
the general performance. The predicted values, such as maximum temperatures, do not 
correspond to the experimental data. Therefore, the reactor temperature profiles will be 
normalized with the maximum obtained temperature. Analogously, the concentration pro-
files are presented using the reactant conversion (eq. 2.16). 
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General temperature and conversion pattern 
As aforementioned in order to attain an ignited cyclic steady state the system has to be 
preheated over the ignition temperature one time. Afterwards the catalytic fixed bed works 
as an integral heat exchanger heating up the cold feed gas to the desired ignition require-
ment. Meanwhile, the reactor entrance is cooling down. Depending on the total volumetric 
flux and the adiabatic temperature rise the maximum temperature increases above initial 
condition. This start-up behavior is shown for the temperature and conversion in fig. 6.2a 
and b. 

The further trend of the temperature and conversion profiles for an increasing tact 
number Ntact is presented in fig. 6.2c and d. It is obvious that the high temperature range 
is decreased up to cyclic steady state conditions. Accordingly, the reaction takes place in 
the small exothermic reaction front only (fig. 6.2d), where the conversion is abrupt rose. 
The remaining catalyst bed is used as heat exchanger only. If the initial conditions are 
revised, a changed start-up behavior is possible (Zahn, 2012). Furthermore, it becomes 
apparent using the open loop control concept (section 6.2.1) that a large amount of Ntact is 
necessary to obtain steady state conditions. In the present example, the Ntact is close to 
100. The shown temperature and conversion profiles in fig. 6.2c-d are in the middle of the 
switching time exclusively. 
 

 
Figure 6.2: (a and c) Temperature and (b and d) conversion profile across the normalized reactor length in 

the middle of switching period for (a and b) within the first tact and (c and d) for increasing tact 
amount (parameters adopted from tab. 6.1) 
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Figure 6.3: (a) Temperature and (b) conversion profile across the normalized reactor length at (1) initial, (2) 

middle and (3) end of switching period (parameters adopted from tab. 6.1) 
 

In fig. 6.3a-b the cyclic steady state temperature and conversion pattern across the nor-
malized reactor length over one switching period is shown, respectively. The red profiles 
(1 and 3) correspond to the initial and end of the switching period. In addition, snapshots 
of several intermediate and the half of the period are given. The initial profile is interrupted 
among the second and third reactor. The last segment, first reactor of the preceding pe-
riod, offers a remaining preheated zone area at the outlet position. The range in front of 
this zone is loaded with unconverted reactant. Over time the typical temperature bell shape 
can be developed (profile in the middle of switching period). At that time the exothermic 
reaction front is located in the first and the leading thermal front in the last segment. Final-
izing the switching period, the thermal front is close to leaving the reactor outlet, while the 
exothermic reaction front is transferred in the second segment. In the next step the inlet 
position is switched and the tact starts again (see also fig. 6.1a) (Zahn, 2012). 

During the inlet properties are set constant, the product flux composition and temper-
ature varies within the circulation as illustrated in fig. 6.4a-b. Based on the periodic switch-
ing operation, sawtooth-like temperature outlet signals can be obtained (Zahn, 2012). 
Zahn also presented, that the mean outlet temperature in perfectly adiabatic reactor rep-
resents the adiabatic temperature rise (Zahn, 2012). If a radial heat transfer resistances 
are considered the mean outlet temperature value is differed. 

The conversion (fig. 6.4b) is decreased directly after switching operation. As afore-
mentioned a plug of unconverted reactant is flushed in the beginning of the cycle. The so-
called “slip” can be decreased by optimizing the switching time. This will be studied below. 
 

 
Figure 6.4: (a) Temperature and (b) conversion profile at the reactor outlet position as function of the reac-

tion time at cyclic steady state conditions (parameters adopted from tab. 6.1) 
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Effect of reactor segment number 
In this section, the effect of the number of reactor segments is studied. To get comparable 
conditions each reactor segment length is corrected to obtain a constant catalyst amount. 
Based on a total catalyst fixed bed length of five meter the reactor segment number is 
increased from 2 up to infinite. For the calculation of the limiting case of an infinite reactor 
amount, the TMBR model is used which was already introduced in section 2.3.3. As afore-
mentioned in this model the discrete switching of the in- and outlet ports between the re-
actor segments is replaced by a constant countercurrent flux of the solid catalyst phase. 
Thus, the solid phase velocity has to be adjusted to the open loop controlled switching 
time in the SMBR model (see also eq. 6.4). Therefore, (Zahn, 2012) suggested the follow-
ing expression (eq. 6.8). 
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The cyclic steady state temperature and conversion profiles at half of the switching time 
are shown in fig. 6.5a-b. The used normalized switching time is one. The remaining un-
listed parameters are taken from tab. 6.1. Independent from the reactor segment number 
the exothermic reaction and leading thermal front is formed. Only the position has 
changed. Based on a decreasing reactor segment length the switching time is decreased 
as well. However, the front velocities are not affected. Accordingly, the steady state profiles 
at half of the switching time are closer to the reactor cascade inlet. The limiting case is 
presented by the TMBR model which offers a standing wave. Different switching times 
lead to equivalent results (Zahn, 2012). 
 

 
Figure 6.5: (a) Temperature and (b) conversion profile in the middle of switching period for increasing 

amount of reactor segments at γ = 1. Infinite reactor segment number corresponds to the TMBR 
model (eqs. 2.48 and 2.52) (remaining parameters adopted from tab. 6.1) 

 
Effect of switching time 
The effect of the most important setting parameter, the switching time, on the fronts is 
studied in the following. The analysis is basically divided into open and closed loop control. 
Further, the operation limitations of stable ignited conditions will be presented. 
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Open loop control The open loop control process uses a fixed switching time, which 
is correlated to the exothermal reaction front velocity. Detailed information were presented 
in section 6.2.1. Simulated results of the temperature and conversion pattern at half of the 
switching time for the open loop control are shown in fig. 6.6a-b. The gradient of the exo-
thermic reaction front is preserved. Only the front is marginal shifted to the entrance or 
outlet position as function of the switching time, respectively (fig. 6.6a). However, the max-
imum temperature increases with switching time up to the maximum value at γ = 1.02 is 
reached (fig. 6.7). Based on this fact, high switching velocities are suitable to reduce the 
maximum temperature. A further increase of the switching time causes a slightly decrease 
of the maximum temperature (Nekhamkina and Sheintuch, 2008). If axial thermal disper-
sion is neglected, the maximum temperature at stable ignited conditions is independent 
from switching time (Zahn, 2012). Thus, the effect on the educt conversion is nonexistent 
(fig. 6.6b). Rather the shape of the leading thermal front changes obviously. Larger switch-
ing time values lead to a broadened high temperature zone. Accordingly, the steepness of 
the thermal front increases. 

The slip of the reactor outlet is significantly affected by the switching time. The cyclic 
steady state reactor cascade outlet properties of the fastest (γ = 0.98) and slowest 
(γ = 1.05) switching are shown in fig. 6.8. For the first condition, the temperature profile 
increases rapidly shortly after switching, followed by a decrease to the inlet temperature. 
This corresponds to the switch of the ports directly within the exothermic reaction front. 
Afterwards, the remaining reaction front is flushed out at the outlet position. Compared to 
this, the slow switching proceeding offers an advanced front moving. Accordingly, the tem-
perature peak after switching operation is decreased. However, the subsequently temper-
ature flush is followed by a temperature rise. This results from leaving of the leading ther-
mal front at the reactor outlet. 

The corresponding conversion slip at the switching operation offers a different magni-
tude for the investigated times. The fast switching regime spares more heated catalyst 
phase of the first reactor segment in the switching operation. Accordingly, less uncon-
verted reactant is flushed out. Based on this, faster switching reduces the slip. In (Zahn,  
 

 
Figure 6.6: (a) Temperature and (b) conversion profile in the middle of switching period for different normal-

ized switching times γ (eq. 6.4) in open loop control (section 6.2.1) (parameters adopted from 
tab. 6.1) 
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Figure 6.7: Simulated maximum reactor temperature as function of normalized switching time γ (eq. 6.4) 

using the TMBR model including axial thermal dispersion 
 
2012) reaction conditions are identified without any slip. However, if switching is too fast, 
the leading thermal front did not enter the next segment and extinction occurred. 
 
Closed loop control The closed loop Multi-sensor control concept is characterized by 
a feedback of a temperature signal at the end of each reactor segment. It was suggested 
in (Zahn et al., 2011). The switching operation is triggered if the temperature set-point Tsw 
has been passed from top to down. Accordingly, the variation of the temperature set-point 
effects the switching time. A high set-point corresponds to fast switching and vice versa. 
A more detailed description of the applied Multi-sensor approach is presented in section 
6.2.2. 

The calculated cyclic steady state temperature and conversion profiles in the middle 
of the switching period as a function of the temperature set-point compared to the standard 
open loop control switching time (γ = 1.00) are shown in fig. 6.9. Basically, similar charac-
teristics can be observed. The use of low temperature set-points leads to protracted peri-
ods. Accordingly, a broad hot zone area including sharp reaction and thermal fronts are 
obviously. A rising control temperature causes a decrease of the switching time. In this 
case, the leading thermal front is flattened out and the exothermic reaction front is shifted 
to the entrance. Additionally, the maximum temperature is affected by this variation similar 
to fig. 6.7. However, the set-point has to be chosen close to the maximum temperature to 
reach the standard switching time in open loop control process. Accordingly, the experi-
mental investigation, using this control concept, is focused on the slow switching regime. 
 

 
Figure 6.8: Conversion profile as function of reaction time to illustrate the slip of unconverted reactants for 

open and closed loop control concepts (section 6.2) 
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Figure 6.9: (a) Temperature and (b) conversion profile in the middle of switching period for different closed 

loop control switching temperatures (Tsw) compared to open loop controlled operation (γ = 1) 
(parameter adopted from tab. 6.1) 

 
Effect of residence time 
Temporal dependent fluctuations in the total volumetric flux are common practice in indus-
trial plants. Independent from desired or undesired perturbations huge effects can occur. 
To maintain an ignited cyclic steady state in the LR cascade the results have to be inves-
tigated more closely. As aforementioned, changes in total volumetric flux have to be ad-
justed by the switching time (Brinkmann et al., 1999; Madai and Sheintuch, 2008; Zahn, 
2012). In open loop control eq. 6.4 is suitable. Referred to this equation the gas phase 
velocity and switching time are inversely proportional. Calculated cyclic steady state tem-
perature and conversion profiles as function of the residence time are presented in fig. 
6.10. To keep γ constant (γ = 1.00) the switching time tsw is adjusted every time (section 
6.2.1). Obviously, the maximum temperature as well as the exothermic reaction front 
steepness is strongly decreasing, if the residence time is increased. The flattening of the 
leading thermal front results from maximum temperature reduces. Similar experimental 
results were given by (Madai and Sheintuch, 2008; Zahn, 2012). 

The decrease in residence time is limited by mass and energy transport phenomena. 
 

 
Figure 6.10: (a) Temperature and (b) conversion profile in the middle of switching period for increasing resi-

dence time (eq. 4.3, ( = 0.25–1 s) (parameter adopted from tab. 6.1) 
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If transport limitations reduce the total conversion and the corresponding reaction energy 
release, extinction can be occur (Brinkmann et al., 1999). 

Dependent on the shape of the exothermic reaction front the reactant conversion is 
also affected. Based on sharpness and maximum temperature the front is shifted to the 
entrance or outlet position, respectively. 
 
Effect of gas phase 
The above described analysis of the LR principle was focused on investigation of reactor 
amount, switching and residence time, respectively. In the following, the emphasis was 
placed on the study of the reactant. Therefore, the inlet concentrations as well as physical 
gas phase properties are varied. The effect of different reactants in the LR concept is 
described below. 
 
Initial concentration The cyclic steady state profiles of the reaction temperature and 
reactant conversion in the middle of switching period as function of the adiabatic temper-
ature rise ΔTad are presented in fig. 6.11. Using eq. 6.2 ΔTad is varied in a range of 82–
144 K. Further parameters as well as the normalized switching time γ (eq. 6.13) are set 
constant and adopted from tab. 6.1. 

As already known, an increase of the reactant inlet concentration leads to a steeper 
temperature rise within the exothermic reaction front. Moreover, an increase of the maxi-
mum temperature can be observed (Silveston and Hudgins, 2012). However, in LR princi-
ple the maximum temperature does not correspond to the adiabatic temperature rise 
(Brinkmann et al., 1999; Sheintuch and Nekhamkina, 2005). Based on the steeper tem-
perature rise the total reactant conversion is shifted to the entrance. The leading thermal 
front is nearly unaffected by variations of the adiabatic temperature rise. 
 

 
Figure 6.11: (a) Temperature and (b) conversion profile in the middle of switching period for increasing adi-

abatic temperature rise (part of eq. 6.2, �Tad = 82–144 K) (parameters adopted from tab. 6.1) 
 
Physical properties In this part, the effect of the inert gas phase component is studied. 
As aforementioned, the LR concept is introduced as a method to purify lean waste gas 
streams. Accordingly, a large percentage of the gas phase offer inert behavior. Mostly, the 
exhaust gases are mixed in air or directly in nitrogen. Thus, only small changes will be  
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Figure 6.12: (a) Temperature and (b) conversion profile in the middle of switching period for different inert 

gas components (parameters adopted from tab. 6.1) 
 

expected. In fig. 6.12 the calculated temperature and conversion profiles are presented as 
function of the gas phase heat capacity and density ((ρcp)gas). Based on marginal changes 
of the calculated temperature profiles, the leading thermal fronts are omitted in the pre-
sented data. However, the exothermal reaction front offers an effect. A rise of the gas 
phase heat capacity or density leads to an increase of the desired thermal energy to heat 
up the reactant to ignition temperature. Thus, the heating transfer area has to be in-
creased. Consequently, the front is shifted to the reactor outlet. Based on the marginal 
shift of the exothermic reaction front the conversion front is shifted as well. The gradient 
increase of the exothermal reaction front is attended by a small maximum temperature 
rise. However, as aforementioned in eq. 6.1 the gas phase heat capacity is by orders of 
magnitude smaller than of the catalyst. Accordingly, possible control potential by the inert 
gas phase is marginal. 
 

Reactant species In the following, the effect of the used reactant is discussed in 
detail. In order to present the results, the activation energy EA is varied in the range from 
51.5 to 81.5 kJ·mol-1. This corresponds to the estimated parameters of the full kinetic 
model (GCCK approach in section 5) of the ethylene (56.8 kJ·mol-1) and propylene 
(86.2 kJ·mol-1) total oxidation on a CrOx/γ-Al2O3 catalyst, respectively. The corresponding 
calculated temperature and conversion profiles are presented in fig. 6.13. Obviously, the 
maximum temperature is increased strongly with the activation energy. This effect is al-
ready apparent in the rough estimation of the ignition temperature (dashed lines in fig. 
6.13a, calculated by eq. B.42) (Zahn, 2012). Based on this, the ignition temperature is 
increased up to 30 percent. This change is directly transferred to the maximum tempera-
ture. Thus, the point where total conversion is reached is shifted to reactor outlet. However, 
the position of the exothermal reaction front is not affected. Based on the maximum tem-
perature increase the leading thermal front offers a steeply rising. 

The previous analysis of the LR concept illustrates that the most exercise of influence 
is given by the reactant and the corresponding quantified reaction kinetic. Accordingly, the 
determination of the reaction kinetics and consequently section 5 gain in importance. This 
aspect of a reaction mixture of clearly different ignition temperatures and the correspond-
ing effect on each other is the main focus in section 6.3.3. 



6.3 Simulation studies using simplified kinetics 

121 

 
Figure 6.13: (a) Temperature and (b) conversion profile in the middle of switching period for different VOC 

components (EA = 51–81 kJ·mol-1 in eq. 6.5) (parameter adopted from tab. 6.1), dashed lines in 
(a) correspond to ignition temperatures Tign calculated by eq. B.42 (appendix B.6) 

 
Effect of catalyst and support 
In this section, the focus is on the heat conduction and capacity of the solid catalyst phase 
and the corresponding support material, respectively. Usually, to avoid hot spots in the 
reactor fixed bed the catalyst is diluted by the limited surface material, α-Al2O3 (Brinkmann 
et al., 1999). Compared to the catalyst support γ-Al2O3 the inert material α-Al2O3 offer a 
higher density and heat capacity (Yaws, 1999). Independent from catalytic activity the heat 
transfer and thermal conductivity of these two limit cases is studied below. Therefore, in 
fig. 6.14 the calculated temperature and conversion profiles of the heat capacity and heat 
conductivity variation is shown, respectively. 

The main advantage of the LR concept is that the heat transfer between the gas and 
solid phase is optimized (Barresi et al., 1999). Thus, additional heat exchanger units can 
be omitted (Fissore et al., 2003). The heat transfer between the phases involved, is a 
function of the dimensionless Reynolds and Prandtl number (Verein Deutscher Ingenieure, 
2006). Based on this, the variation of the heat capacity does not affect the heat transfer 
kinetic and accordingly the shape of the exothermal reaction and leading thermal front, 
respectively. Moreover, the adiabatic temperature rise depends on reactant and reaction 
properties only (part of eq. 6.2). Accordingly, the maximum temperature is constant in this 
study (fig. 6.14a). However, the variation of the solid phase heat capacity includes changes 
in switching time (eq. 6.4). This behavior is expressed in the derivation of the front veloci-
ties (eqs. 6.1 and 6.2). For the presented results, the range of the switching times corre-
spond to 37–111 min. In case of an experimental validation or industrial application such 
fluctuations of the catalyst and inert particle distribution have to considered (Zahn, 2012). 
Depending on the magnitude of the fluctuations, different switching times of the reactor 
segments can be observed. 

The variation of the catalyst support or inert material is attended by a modification of 
the effective heat conductivity of the solid phase. The results of this modification are shown 
in fig. 6.14c-d. An increase of the effective heat conductivity leads to smearing of the exo-
thermal reaction front and a corresponding reduction of the maximum temperature. Further 
the gradient of the leading thermal front is decreased as well. 
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Figure 6.14: (a and c) Temperature and (b and d) conversion profile in the middle of switching period for (a 

and b) different catalyst support materials using a constant normalized switching time (γ = 1.00; 
further parameter adopted from tab. 6.1) and for (c and d) increasing effective heat conductivity 
of the bulk material 

 
Using a single reactant inlet, the LR concept could be demonstrated successfully. How-
ever, the small operation window of stable ignited conditions is limited by several factors 
as characterized in the presented study. Accordingly, the switching time has to be adjusted 
on the reaction properties (residence time and catalyst support). Additionally, the maxi-
mum temperature, which is limited by the experimental equipment, is affected by residence 
time, initial reactant concentration and the reactant component. As assumed in eq. 6.1 the 
influence of the inert gas phase properties is insignificant. 
 

6.3.3 Multi reactant simulation study 
In the following section, the theoretical LR simulation study is continued for a multi-reactant 
inlet. Therefore, the inlet gas phase is extended by a second reactant. Using an industrial 
reactant mixture, the determination of the optimal switching time to achieve total conver-
sion of all reactants requires background knowledge of the reaction kinetics and the LR 
concept. The simplified power law reaction kinetic model of this additional feed gas is pre-
sented by eq. 6.5. The used kinetic parameters for both components are shown in tab 6.2. 
The reaction constants k∞,jR and the activation energies EA,jR correspond to the minimum 
and maximum value investigated in the single component model study (tab. 6.1). 
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Table 6.2: Kinetic parameters of the second reactant, remaining parameters adopted from tab. 6.1 

Parameter Value Parameter Value Parameter Value 
�hR,1, kJ·mol-1 -141 k�,1, s-1 2973 EA,1, kJ·mol-1 51.512 
�hR,2, kJ·mol-1 -206 k�,2, s-1 29732 EA,2, kJ·mol-1 81.512 

 
First results of this study are already presented in section 6.3.2. Based on educt reactivity 
and thermodynamic reaction properties the formed temperature and component conver-
sion profiles vary strongly (fig. 6.13). In (Zahn, 2012) a bifurcation analysis of the LR op-
eration using a binary mixture revealed different, nonuniform temperature profiles. The 
explanation is given by different exothermal reaction front velocities (see also eq. 6.2). 
Based on these velocities, two distinct operation isola of stable cyclic ignited conditions as 
function of the switching time are formed, one for each reactant. Operating in the higher 
temperature operation isola, complete conversion for all reactants is achieved. Using the 
low temperature switching time isola as operating conditions the second reactant offers 
incomplete conversion. Between these operation windows complex dynamic behavior can 
be observed. Furthermore, the inlet mixture ratio as well as the total flow-rate are setting 
parameters to affect the LR operation. 

To transfer these results to the present study different inlet concentrations as function 
of the normalized switching time γ are shown in fig. 6.15. The upper row illustrates tem-
perature and conversion profiles which are calculated using c1in = 0.25 mol·m-3 and c2in = 
0.05 mol·m-3 as inlet concentrations, respectively. In the second row the ratio of the inlet  
 

 
Figure 6.15: Cyclic steady state profiles of (a and d) normalized temperature (Tmax = 1578 K), (b and e) 

conversion of component 1 and (c and f) conversion of component 2 as function of varies switch-
ing times γ in open loop control (section 6.2.1); (a-c) c1in = 0.25 mol·m-3 and c2in = 0.05 mol·m-3 
and (d-f) c1in = 0.05 mol·m-3 and c2in = 0.25 mol·m-3 (further parameters adopted from tabs. 6.1-
6.2) 
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component concentrations is the other way around. Compared to the single component 
calculations in fig. 6.13 the total inlet concentration is set to be constant. It is obviously, 
that for the first set of inlet conditions especially in the fast switching regime total conver-
sion of the second component is not achieved (fig. 6.15c). A further increase of the switch-
ing velocity leads to an extinction of both reactants. Based on (Zahn, 2012) the fast switch-
ing regime operates in the low temperature operation isola. The maximum temperature for 
this switching time corresponds to 80 % of the absolute maximum temperature (fig. 6.15a). 
If the inlet concentration of the second component is increased the LR operates in the 
higher temperature isola (fig. 6.15d). Accordingly, total conversion of both components 
can be observed. Besides independent from inlet mixture ratio the shape of the reactor 
temperature as function of the normalized switching time γ corresponds to single reactant 
analysis (fig. 6.13 in section 6.3.2). 

The second part of the multi-component feed LR analysis focuses on the total inlet 
reactant concentration variation (ctotin = 0.05–0.30 mol·m-3). Therefore, in fig. 6.16a-c the 
reactor behavior as function of component 1 is presented. The second component inlet 
concentration and the normalized switching time are set constant (c2in = 0.05 mol·m-3 and 
γ = 1.00). In fig. 6.16d-f the inlet concentration of component 2 is varied and component 1 
is fixed (c1in = 0.05 mol·m-3). Remember, the frequency factor, the activation energy and 
the reaction enthalpy of r1 are decidedly lower compared to the second reaction (tab. 6.2). 
Accordingly, the reactivity and the produced thermal energy of the first reaction are lower  
 

 
Figure 6.16: Cyclic steady state profiles of (a and d) normalized temperature, (b and e) conversion of com-

ponent 1 and (c and f) conversion of component 2 for (a-c) as function of the inlet concentration 
of component 1 c1in = 0.00-0.25 mol·m-3 and constant component 2 inlet concentration (c2in = 
0.05 mol·m-3, further parameters adopted from tabs. 6.1 and 6.2) and (d-f) as function of the 
inlet concentration of component 2 c2in = 0.00-0.25 mol·m-3 and constant component 1 inlet 
concentration (c1in = 0.05 mol·m-3, further parameters adopted from tabs. 6.1 and 6.2) 
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as well. Thus, it can be mentioned for analyzing the first row of fig. 6.16 a small amount of 
component 2 is sufficient to get stable ignited conditions. If the inlet concentration of com-
ponent 1 is increased only a marginal effect for the maximum temperature or exothermal 
reaction front shift can be observed. Based on this knowledge it can be conclude that the 
system operates in the higher temperature isola, where total conversion of all reactants is 
obtained. 

Analyzing the second row (fig. 6.16d-f) the inlet concentration ratio of the reactants is 
switched. Obviously, using only component 1 as feed, extinction occurred (dashed line in 
fig. 6.16d). If the feed concentration of component 2 is increased, the maximum tempera-
ture is increased as well. Thus, stable ignited periodic operation is possible. However, for 
the low inlet concentration range total conversion of both reactants is not achieved. Ac-
cordingly, for these inlet conditions the LR system operates in the lower temperature isola. 

Based on these calculations it can be conclude, that an additional reactant, which offer 
a higher ignition temperature, in feed mixture is totally oxidized as well, profit from the 
exothermal heat energy release of the main reactant. However, in the opposite the exo-
thermal energy release is too low and total conversion is not achieved for the second re-
actant. To avoid this, the second component has to be in excess (Zahn, 2012). Thus, 
consider these results in the aspect of the industrial exhaust gas purification in the LR 
concept, complex reactant gas mixtures are feasible to total oxidized autothermal. 
 

6.4 Experimental results of hydrocarbon total oxidation using LR con-
cept 

In this section, the extensive LR performance results obtained theoretically for single and 
multi-component feed using a simplified kinetic model will be transferred into an experi-
mental investigation. As a real VOC system, the total oxidation of ethylene and propylene 
on a CrOx/γ-Al2O3 catalyst is used (fig. 5.2 in section 5). 

At first the developed experimental pilot plant is introduced. It is an extension of the 
plant described in (Zahn, 2012). 

Then experimental results of the LR concept using the total oxidation of hydrocarbons 
will be discussed. The main focus is on achieving stable ignited conditions for different 
reactant species, reactant inlet concentrations and total residence time. 
 

6.4.1 Experimental Loop Reactor equipment 
The experimental pilot plant was designed and constructed at the Max Planck Institute 
(MPI) in Magdeburg. The set-up was installed in the course of this thesis project in close 
cooperation with the electronic and mechanical workshops from the MPI. 

The test facility was subdivided in three parts. The gas supply unit provides the VOC 
example reactants ethylene (purity 99.95 %) and propylene (purity 99.5 %) diluted in air 
(technical grade) or nitrogen (purity 99.995 %). A second feed gas stream for an improved 
dosing concept between the reactor segments was available (Feed 2 in fig. 6.17). For the 
second feed gas two other VOC example gases were provided. To expand the reactant 
mixture, the second stream could be feed at the main inlet position as well. The individual 
component streams were adjusted using mass flow controller types F-201CV-100 (hydro- 
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carbons), F-201AV-50K (air) and F-201C-FBC (nitrogen) from Bronkhorst (appendix D). 
The reactor part consisted of two segments as shown in fig. 6.17. An additional fixed-

bed was filled with α-Al2O3 (not shown) and used as preheating system for an appropriate 
start-up behavior (see also section 6.3.2). The specified process line of several operation 
modes was controlled by nine on-off valves and presented in tab. 6.3. The thermal cou-
pling in the LR concept requires temperature-resistant pneumatic valves (Y104 and Y204 
in fig. 6.17, series U from Swagelok, Tmax = 648 °C) between the reactor segments. The 
valves in front and behind the reactor cascade operate in a temperature range below 
80 °C, respectively. 

The designed operation modes are listed in tab. 6.3. The first three were already in-
troduced in (Zahn, 2012) and corresponds to the standard cyclic LR operation in a two bed 
configuration. At the preheating procedure the gas flows through the preheater and sub-
sequent the reactor cascade. Following, the cyclic operation starts with the cold feed on 
R1 and the product outlet on R2. If the exothermal reaction front is leaving the first seg-
ment, the position is switched. The advanced LR operation includes the additional reactant 
dosing between the reactors to stabilize the cyclic ignited operation. The additional feed is 
introduced using the valves Y103 and Y203, respectively. Further information of the im-
proved dosing concept to the area of application is presented in a parametric study in 
appendix B.5. 
 

 
Figure 6.17: Schematic illustration of the process flow diagram of the reactor part of the constructed pilot 
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Table 6.3: Valve assignment of several operation modes of the constructed pilot LR plant adopted from 
(Zahn, 2012) 

Operation mode Y001 Y101 Y102 Y103 Y104 Y201 Y202 Y203 Y204 
preheating 1 0 0 0 1 0 1 0 0 
Without additional dosing (Feed 2 = 0 in fig 6.17) 
Feed on R1 0 1 0 0 1 0 1 0 0 
Feed on R2 0 0 1 0 0 1 0 0 1 
With additional dosing (Feed 2 ≠ 0 in fig 6.17) 
Feed on R1  0 1 0 1 0 0 1 1 0 
Feed on R2 0 0 1 0 1 1 0 0 1 

 
To ensure adiabatic behavior of the reactor segments several studies of static (Klerk, 
2005) and dynamic (Fissore et al., 2005; Hevia et al., 2006; Zahn, 2012) operations were 
already presented. In this work, the reactor segment consisted of a double jacket contain 
an evacuated jacket volume to minimize radial heat conduction controlled by PI101 and 
PI201 (fig. 6.17), respectively. Energy losses were reduced using a flexible ceramic can-
vas heat shield (3MTM NextelTM), which was fixed on a steel grid. Further insulation was 
achieved by stone wool within the void between the radiation shield and the reactor over-
jacket. Thus, the ratio of reactor length (Lseg = 0.45 m), inner diameter (dseg = 0.025 m) and 
catalyst particle size (dP = 0.001 m) was adjusted with respect to the pressure drop and 
maldistribution at the reactor wall according to (Winterberg and Tsotsas, 2000). The pres-
sure drop of each reactor and the corresponding absolute pressure was monitored by 
pressure transmitters (series BTE, TetraTec). The catalyst bed was fixed by metal sieves. 
Close to these sieves the connection lines between the reactors were placed in order to 
increase the distance to the flanges to reduce the effect of the dynamics of the temperature 
fronts. These lines were as short as possible and heated to compensate heat losses of the 
flanges and high temperature valves (Y104 and Y204 in fig. 6.17). To avoid an oversized 
energy input, the temperature controller of the heating band (Co. Horst) adjusted the out- 
and inlet temperature of the reactors, respectively. Based on the cyclic heating and cooling 
of the fixed-bed thermal forces had to be considered. To avoid a structural damage of the 
reactor pipe, these forces were taken up by a bellow. To minimize the effect on the moving 
fronts the bellow was installed outside the catalytic fixed-bed on top of the inner reactor 
pipe. 

To exploit the complete reactor length and improve the moving front observation, large 
inert heat transfer sections on the reactor entrance, which were described in (Brinkmann 
et al., 1999) were omitted. Each reactor segment was filled with 0.165 kg CrOx/γ-Al2O3 
catalyst particles (dP = 0.001 m) encased by 0.02 m inert material (α-Al2O3) at in- and outlet 
position to prevent catalyst discharge, respectively. The observation of the moving tem-
perature fronts along the catalyst fixed-bed was realized by stainless steel thermocouples 
of 0.001 m diameter in the center of the bed. To avoid radial heat bridges the thermocou-
ples were installed from the reactor bottom. Accordingly, different lengths were inserted. 
The accurateness of the sensor position depends on the length and amounts to ± 0.003 m. 
However, using this method experimental error introduced by axially non-uniform maldis-
tribution, heat conduction and undesired side reaction can occur (Zahn, 2012). 
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The third part of the experimental plant consisted of the analytics implemented. The 
quantitative analysis of the gas composition was realized by a FT-IR from Gasmet (cell 
length 5.0 m) which was already introduced in section 5.4.2. In addition, a gas chromato-
graph (Agilent 6890 GC) combined with a mass spectrometer (Agilent 5973 MS) was used. 
The setup GC-MS analytic can be referred in section 5.3. The gas phase sampling was 
done by on-off magnet valves (6011 Bürkert) and mass flow controller type F-201C-FBC 
from Bronkhorst at several positions in the experimental plant. Thus, total reactant conver-
sion and product yield of each reactor segment can be observed. In order to reduce the 
dead volume and product condensate within the sampling system, 1/16” heated lines were 
installed. The corresponding schematic illustration of the analytic unit is given in the ap-
pendix D. 

In order to purify exposed exhaust gases from the LR and analytic system a catalytic 
post-combustion reactor was installed (not shown in fig. 6.17). This reactor was filled with 
a platinum catalyst and works at 450 °C. The reaction temperature was set using heating 
sleeves from Horst and monitored by several thermocouples. For a sufficient air supply an 
additional air flux was given by a mass flow controller from Bürkert (type 8712 with profi-
bus) (Hamel, 2008). 

The system control of the experimental LR plant was realized by a Siemens SIMATIC 
PCS7 system. This system was able to control the installed thermocouples, the gas phase 
flow-rates and the valve positions. Additionally, the data recording and safety as well as 
pre-processing and post processing procedures can be implemented. Thus, the already 
introduced open and closed loop switching control concepts (Barresi et al., 1999; Brink-
mann et al., 1999; Zahn et al., 2011) of the LR system was realized (see also section 6.2). 
 

6.4.2 Experimental observed periodic operation 
In fig. 6.18 are illustrated experimentally observed temporal temperature profiles. The inlet 
volumetric flow-rate was set to V̇tot = 825 l·h-1 at ambient temperature. This corresponded 
for mcat = 0.165 kg to a catalyst weight to volumetric flux ratio of W/F = 720 kgcat·s·m-3. The 
inlet molar ratio of propylene was set xC3H6in = 0.4 %. Cyclic steady state operation was 
controlled by the closed loop controller concept adopted from (Zahn et al., 2011). The 
closed loop control concept applied was based on the Multi-Sensor approach (section 
6.2.2). To remember, at the end of each reactor fixed bed one thermocouple (TIC105 and 
TIC205) was installed. If the temperature set-point (Tsw = 400 °C) has been reached from 
top to down, the switch of the inlet and outlet ports were triggered. Thus, robustness and 
a fast start-up procedure were achieved (Brinkmann et al., 1999; Zahn et al., 2011). 

The duration of the start-up phase (approx. 5.5 h) is illustrated in fig. 6.18a. In this 
time, the reactor cascade entrance is heated up above 400 °C. Within the first reactor 
segment a temperature difference from entrance to outlet position of 60 °C was observed. 
Afterwards, periodic operation was initiated. The cyclic steady state was attained approx-
imately after 15 switches. Within this initial operation, the closed loop controlled switching 
time was decreased from 55 to 32 minutes for the first reactor segment (fig. 6.19a). During 
the preheating procedure, the entrance of the first segment was heating up as well. Thus, 
the first tacts were affected by heating release of the segment shell. Accordingly, based  
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Figure 6.18: Closed loop reactor operation (section 6.2.2): (a) Temperature signals of reactor 1 (TI102-105) 

for start-up behavior and periodic operation and (b) temperature signals of reactor 1 (blue lines, 
TI102-105) and reactor 2 (red lines, TI202-205) within two reactor cycles 

 
on this none ideal adiabatic condition, the exothermic reaction front was smearing. Con-
sequently, the switching time was increased during the maximum temperature was de-
creased, respectively. The cyclic steady state maximum temperature was reached after 
seven tacts and close to 575 °C for both segments (fig. 6.19b). The different obtained 
maximum temperatures inside one and the same segment within one tact can be ex-
plained by the thermocouple positions. During the segment filling procedure, it was attempt 
to place the measuring points directly in the catalyst bed center. However, because of 
mechanical stress of the thermocouples this precision is not warranted. 

The transfer of the time dependent temperature signals (fig. 6.18) to spatial profiles is 
illustrated in fig. 6.20. Based on thermocouple positions inside the catalyst fixed bed, the 
upper diagram represents the reaction temperature along the reactor cascade within the 
40th switching period. The feed position is in front of the first reactor (see arrow at z/Lcas 
= 0). The pipe distance between the reactors is excluded. In order to follow the front mov-
ing, several snapshots (every 10 min) of the temperature profile are shown (t0 < t1 < t2 < t3 
< tend). The relatively sharp exothermic reaction front was moving inside the first segment 
and offered a maximum temperature of close to 575 °C. Simultaneously, the leading ther-
mal front heated up again the second segment. If the feed position was switched (see 
arrow at z/Lcas = 0.5) the exothermic reaction front was moving through the second seg- 
 

 
Figure 6.19: Temporal course of (a) experimental observed switching time for closed loop control (section 

6.2.2) and (b) the maximum temperature of reactor one and two for increasing tact index 
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Figure 6.20: Closed loop reactor operation (section 6.2.2): temperature profiles as function of the reactor 

cascade length for two switching periods. Snapshots are shown every 10 min (t0 < t1 < t2 < t3 < 
tend). (a) feed on the first segment (z/Lcas = 0) and (b) feed on second reactor segment (z/Lcas 
= 0.5)) 

 
ment and the first reactor was heated up again (lower diagram in fig. 6.20). 

The characteristic properties of the observed temperature profiles are in agreement 
to the model study (section 6.3). A self-sharpening exothermal reaction front as well as a 
dispersive leading thermal front can be observed. The experimental front velocities of the 
first reactor segment were determined to 2.36 cm·min-1 for the thermal front and 
1.41 cm·min-1 for the exothermal reaction front. Based on these front velocities the thermal 
regeneration is considerably faster than the reaction is in progress. Thus, cyclic stable 
ignited conditions are adjusted. Experimental front velocity fluctuations between the reac-
tor segments can be explained by different void fractions. If the void fraction is increased 
the front velocity increases as well (Zahn, 2012). 

As mentioned in section 6.4.1 heat losses at the connection pipe and the high tem-
perature valve between the reactor segments could not be avoided experimentally. To 
reduce and compensate this energy loss diverse strip heater were installed. However, the 
temperature profiles offered a kink at the interface between the reactors and the transfer 
of the leading thermal front to the next segment was hindered. Further experimental un-
certainties occurred in the non-ideality of the thermal insulation of the reactor segments 
and axial as well as radial heat dispersion in the catalyst fixed bed. 
 

6.4.3 Single component feed gas: ethylene or propylene 
The experimental investigation of oxidizing a single reactant was realized using propylene 
or ethylene as reactant and air as oxidizing agent in the feed gas mixture. To maintain 
stable ignited conditions, the closed loop control concept was applied (Tsw = 400 °C) (sec-
tion 6.2.2). Further reaction conditions were adopted from section 6.4.1. Based on the 
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obtained modeled results in section 6.3 several aspects were evaluated experimentally, 
namely the influences of residence time, initial concentration and feed component. 
 
Residence time Following the theoretical analysis given in section 6.3 the 
variation of the total volumetric flow-rate is studied in fig. 6.21. There experimental ob-
served temperature profiles as well as maximum temperature and average switching time 
are shown. The volumetric flow-rate was varied in the range between 500 l·h-1 and 
1000 l·h-1. The inlet molar ratio of propylene was set constant to 0.4 %. As expected the 
switching time was adjusted to the corresponding volumetric flux by the closed loop con-
troller concept (fig. 6.21a). Based on the exothermal reaction front velocity calculation (eq. 
6.2) uR was directly proportional to ugas. Accordingly, if the gas velocity was doubled the 
front velocity was doubled as well. Thus, the experimental observed switching time (see 
also controller concept in section 6.2.2) was halved. This is seen in fig. 6.21a. 

Similar to the theoretical results the maximum temperature of the reaction front was 
decreased by increasing residence time (fig. 6.21b-c). However, the observed effect was 
smaller pronounced as predicted in the feasible study (see also fig. 6.10). The reason for 
the deviations from theoretical prediction can be explained with non-ideal adiabatic reactor 
behavior. The model study did not include heat losses over the reactor segment length 
and especially between the segments. Moreover, these heat losses by thermal radiation 
increase by the fourth cube with temperature. Correspondingly, the maximum temperature 
raise with total volumetric flux increase is reduced. 
 

 
Figure 6.21: (a) Experimental observed cyclic steady state switching time tsw, (b) maximum temperature Tmax 

and (c) temperature profiles along the reactor cascade (exothermal reaction front directly posi-
tioned at T103 (see also fig. 6.17)) for different total flow-rates in closed loop control of the first 
segment as function of the total flow-rate (xC3H6in = 0.40 %; Tsw = 400 °C) 
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Depending on the maximum temperature the leading thermal front is more or less flattened 
with a residence time increase (fig. 6.21c). 
 
Inlet concentration The experimental series of different propylene molar inlet are 
shown in fig. 6.22. The propylene molar inlet ratio xC3H6in was varied between 0.35 % and 
0.5 %. The total volumetric flux was set constant at 750 l·h-1. Each set of inlet conditions 
was fixed for at least 24 hours. As expected the adiabatic temperature rise led to an in-
crease of the maximum temperature of the exothermal reaction front (fig. 6.22b-c). This 
was accompanied by largely increased switching times ranging from about 35 min up to 
45 min for segment 1 (fig. 6.22a). As illustrated in eq. 6.11 the increased adiabatic tem-
perature rise decreased the exothermal reaction front velocity, which required larger 
switching times in closed loop reactor control. Using propylene molar ratios below 0.4 % 
reactor extinction occurred (dashed line fig. 6.22c). 
 

 
Figure 6.22: (a) Experimental observed cyclic steady state switching time tsw, (b) maximum temperature Tmax 

and (c) temperature profiles along the reactor cascade (exothermal reaction front directly posi-
tioned at T103 (see also fig. 6.17)) for different propylene inlet concentrations, in closed loop 
control as function of the inlet propylene molar ratio xC3H6in (V̇totin = 750 l·h-1; W/F = 790 kg·s·m- 3; 
Tsw = 400 °C) 

 
Reactant species Analyzing the simulation study for single component feed the 
most pronounced influence at the reactor cascade was due to the reactant oxidized. As 
shown above the modeled maximum temperature increased for higher activation energies 
(fig. 6.13). Based on these results, in fig. 6.23 experimental observed temperature profiles 
of ethylene and propylene as single reactant inlet are presented, respectively. For com-
parison, each reactant inlet concentration was set 0.6 % at a total volumetric flux of  
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Figure 6.23: Experimental observed cyclic steady state temperature profiles along the reactor cascade (ex-

othermal reaction front directly positioned at T103 (see also fig. 6.17)) in closed loop control of 
the first segment for ethylene (dashed line) and propylene (solid line) as inlet component (xjcin = 
0.6 %; V̇totin = 750 l·h-1; W/F = 790 kg·s·m-3; Tsw = 400 °C) 

 
750 l·h- 1. As expected the temperature profile shapes were almost identical for both reac-
tants. However, the model predicted maximum temperature increase was unverifiable. The 
experimental observed difference was below 1 °C and corresponded to the measuring 
error of the applied thermocouple. In contrast the comparison of the observed reaction 
front velocity possessed clear differences. Provided that the maximum temperature Tmax 
was constant, eq. 6.2 offers that the reaction front velocity uR decreases, if the adiabatic 
temperature rise ΔTad is increased. Accordingly, the adjusted switching time (closed loop 
control with Tsw = 400 °C) for propylene (tsw ≈ 62 min) was obviously higher than for eth-
ylene (tsw ≈ 30 min). Based on these values the reaction front velocity for the ethylene inlet 
was twice as big as for the propylene inlet. However, if similar gas phase properties (reac-
tants were diluted in air) and total flux conditions were assumed, the predicted reaction 
front velocity ratio by eq. 6.2 was less than the experimental observed value. This phe-
nomenon is explained by non-ideal adiabatic reactor segment behavior. Additional energy 
accumulation effects of the reactor shell distort the observed front velocities. Inde-
pendently from reactant gas the controller concept enabled an ignited cyclic steady state 
operation. 

Considering the thermal front velocities, no differences were obtained. These veloci-
ties depend only on the gas phase velocity and physical properties of the gas phase and 
solid catalyst phase. These parameters were almost constant. However, because of dif-
ferent reaction front velocities, the thermal front was far ahead and a broadened high tem-
perature zone was occurred for the propylene feed. 
 

6.4.4 Mixture feed gas: ethylene and propylene 
The LR performance is shown for mixture feed concentrations and the total flow-rate in fig. 
6.24. The first row (fig. 6.24a) displays the thermocouple signal TI103 which was placed 
on the second position within the first reactor segment (see also fig. 6.17). Considering the 
time dependent temperature profile, changes in front velocity and maximum temperature 
can be observed. The second and third row (fig. 6.24b- c) illustrates the set inlet conditions 
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of the total flow-rate and the propylene and ethylene concentrations, respectively. The last 
row (fig. 6.24d) shows the adjusted switching time by the controller output. 

The long time experiment was carried out over 4.5 days. After preheating the reactor 
cascade (first 5 hours) the reactant inlet concentrations of ethylene and propylene were 
varied at a constant total volumetric flow-rate. This first part started with a propylene molar 
ratio of 0.5 % at 750 l·h-1 (xC2H4 = 0). Following the propylene inlet concentration was step-
wise decreased while the ethylene inlet concentration was step-wise increased. At the 
second part the reactant inlet concentrations were set constant (xC3H6 = 0.3 % and xC2H4 = 
0.25 %) and the total flow-rate was varied step-wise (V̇tot = 500–1000 l·h-1). Each inlet 
condition set of these two parts was hold for 10 hours. 
 
Inlet concentration As aforementioned, within the first part of the long time experiment, 
the reactant inlet concentrations were varied at a constant total volumetric flow-rate. As a 
result, the maximum temperature inside the catalytic fixed bed was increased with the 
ethylene molar fraction. The adjusted switching times by the controller concept became 
smaller revealing a higher exothermal reaction front velocity. (Zahn, 2012) explained this 
 

 
Figure 6.24: Experimental study LR performance by step wise input variation of reactant inlet concentration 

(ethylene/propylene mixture) and total flow-rate: (a) experimental observed temperature signal 
TI103 (see fig. 6.17), (b) total flow-rate, (c) ethylene and propylene inlet molar ratio and (d) 
switching time 
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phenomenon by reaction kinetics. As found before in the reaction kinetic analysis (section 
5), the total oxidation of ethylene was much slower than the propylene oxidation. Accord-
ingly, a decreased reaction rate leaded to a higher exothermal reaction front velocity and 
a maximum temperature increase. This phenomenon was already seen in the comparison 
of the different reactant species. In this connection, the switching time of ethylene as re-
actant was found to be approximately half of the switching time of propylene at otherwise 
constant conditions (section 6.4.3). This difference between the reactant species illustrates 
the importance of the detailed reaction kinetic analysis. Moreover, significant deviations 
between the reactor segments were observed. The switching time of the first segment was 
obviously larger than of the second segment. This can be explained by different front ve-
locities within the segments caused by different void fractions. 

Considering the controller performance, a stable ignited cyclic steady state operation 
for the complete mixture inlet concentration spectrum was observed. Large input steps in 
the feed concentration could be handled. However, the differences between the reactant 
species were marginal. The effect of more complex reactant mixtures could not be evalu-
ated in the course of this thesis. 
 
Residence time After 55 hours the reactant inlet concentrations were set constant 
and the total flow-rate was varied systematically. As already shown in the simulation (sec-
tion 6.3) and the single reactant experimental study (section 6.4.3), an increased flow-rate 
pushed the exothermal reaction front as well as the leading thermal front faster through 
the cascade segments, respectively. Accordingly, the adjusted switching time by the con-
troller concept was decreased by higher volumetric flow-rates. The effect of different 
switching times of the segments, caused by the different void fractions, was increased for 
the higher flow-rates. Compared to the mixture inlet concentration analysis the effect of 
the total flow-rate relating to the switching time and the maximum temperature was much 
more pronounced. This relation has to be considered in continuing experimental study. 

Despite of the changes in the total flow-rate, the overall performance of the relatively 
simple controller applied can be positive evaluated. Stable ignited operation could be 
maintained over a longer time. 
 

6.5 Validation of detailed kinetic model using single feed propylene 
For a more detailed analysis of the experimentally observed temperature and conversion 
profiles of the LR concept, the simplified reactor and kinetic models used in section 6.3, 
are not sufficient. Therefore, to further quantify and characterize the experimental data, 
the detailed kinetic model of the total oxidation reactions determined via the GCCK ap-
proach (section 2.1 and 5) was applied. Moreover, deviations from adiabatic conditions 
due to energy losses and temperature dependent physical properties were considered in 
a more detailed reactor model. Hereby, the energy losses between the cascade segments, 
which were compensated by heating, were neglected. The set of equations forming the 
applied pseudo-homogeneous mass and energy balances as well as temperature depend-
ent component properties are not given here. They are summarized in appendix B.4. The 
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use of this extended model was more time consuming. The computational effort of one 
switching period amounts approximately 10 hours. 

To evaluate the model, in fig. 6.25 is given just one example of cyclic steady state LR 
operation (xC3H6in = 0.45 %; V̇totin = 750 l·h-1; W/F = 790 kg·s·m-3; Tsw = 400 °C). There the 
experimental and modeled temperature profiles are compared at one-third of the switching 
period (feed on z/Lcas = 0). The modeled profiles are in qualitative agreement with the 
experimental data. A steep reaction front and a sharp decline of the leading thermal front 
within the first segment could be observed. Additional energy accumulation of the reactor 
pipe leaded to smearing of the experimental formed temperature fronts. Therefore, the 
base point of the temperature and reaction front differed from the model prediction. This 
was seen at the remaining reaction front at the cascade outlet directly after switching op-
eration as well. For that, the experimental observed temperature at the outlet position was 
rising again. Further the maximum temperature of the reaction front was about 90 °C over-
estimated. 

To improve the model prediction, the LR model has to be stated more precisely. In 
addition to the catalytic fixed-bed, the reactor shell offered an energy accumulation as well. 
Therefore, the inlet gas mixture was preheated by the reactor shell before the exothermal 
reaction front was reached by the reactants. Thus, the experimental obtained exothermal 
reaction front was smeared which includes a reduced observed maximum temperature. 
Further simulation work should include more sophisticated rigorous reactor models. 

About the transient start up period required to reach the constant pattern state of the 
exothermal reaction front no information can be provided here. Based on constructional 
limits the first thermocouple was positioned after one-third of the catalyst fixed bed. At this 
point the constant pattern state was already reached. This observation was in agreement 
with literature observations (Zahn, 2012). 
 

 
Figure 6.25: Comparison of experimental observed (symbols) and modeled (line) cyclic steady state temper-

ature profiles along the reactor cascade in closed loop control operation for propylene as inlet 
component (exothermal reaction front directly positioned at T103 (see also fig. 6.17); xC3H6in = 
0.45 %; V̇totin = 750 l·h-1; W/F = 790 kg·s·m-3; Tsw = 400 °C) 



6.6 Conclusions 

137 

6.6 Conclusions 
The aim of this section was to investigate theoretically and experimentally the periodic 
operation of the challenging multi fixed-bed Loop Reactor concept for the oxidation of eth-
ylene and propylene (section 5). 

The multi fixed-bed Loop Reactor aims at trapping the exothermal reaction front in a 
reactor cascade by shifting the feed position into flow direction. Thus, an autothermal op-
eration, in which the inlet flux is introduced at ambient temperature, can be achieved. To 
characterize the LR concept for single reactant inlet and industrial more relevant mixtures, 
a simulation study was realized. To reduce the computational effort at first a simplified 
reaction kinetic model was adopted from (Haynes and Caram, 1994). To reveal the reac-
tion and temperature front velocities as well as the expected maximum temperature within 
the reactor cascade the segment number, switching time of the inlet and outlet ports, res-
idence time and gas and catalyst phase properties are varied in a suitable range. The most 
significant effect on the maximum temperature is achieved by the chosen reactant. Ac-
cordingly, in an experimental validation, the reactant mixture composition has to be ana-
lyzed carefully. Further, to enable an ignited cyclic steady state operation the switching 
time tsw has to be adjusted on external circumstances. Therefore, the closed loop control 
concept was applied (Zahn et al., 2011) and suitable switching temperatures Tsw were 
studied. 

The second part of this section described the experiments performed in this work and 
present a model based analysis of the LR concept. To perform the experiments a new pilot 
plant unit was set-up and the total oxidations of ethylene and propylene in air were used 
(section 5). The corresponding reaction kinetic models were determined before as de-
scribed in section 5 using the GCCK approach (section 2.1). Periodic operation of a two 
bed LR experimental plant was investigated. Systematic experiments of reactant inlet con-
centration and total volumetric flux variations in closed loop control reveal the domain of 
ignited reactor states. Simulation results using an augmented reactor model showed a 
good qualitative agreement with experimental observed data. Further improvements of 
reactor modeling should be done by more rigorous reactor models. Moreover, the total 
oxidation of mixtures of ethylene and propylene was studied. Larger feed fraction of eth-
ylene leads to a faster reaction front, which is compensated by adjusting smaller switching 
times of the control concept. The multi reactant experiments of the LR concept also re-
vealed, that for the observed ethylene and propylene mixtures the reactor control does not 
pose larger problems. 

Finally, the full kinetic model of the total oxidation network of propylene determined by 
the GCCK approach (section 2.1 and section 5) was used together with a more detailed 
reactor model taking into account heat losses in order to predict experimental LR perfor-
mance. The modeled temperature profile was in qualitative agreement with the experi-
mental observed data. A steep reaction front and a sharp decline of the leading thermal 
front within the first reactor segment could be observed. However, deviations from adia-
batic conditions due to energy accumulation of the reactor pipe lead to broadening of the 
experimental formed temperature fronts. This phenomenon was not in the reactor model 
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and therefore could not be predicted by the simulations. Further model predictions are 
required using more detailed rigorous reactor models. 
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Part IV 
Summary 
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7 Overall Conclusions and Outlook 
7.1 Overall conclusions 
This thesis contributed to four problems of large relevance for chemical reaction engineer-
ing. At first, a powerful classical theoretical tool for analyzing reaction networks and quan-
tifying reaction kinetics was described and reevaluated in order to promote its wider appli-
cation. This concept was then applied in two different case studies in order to demonstrate 
its potential for quantifying rates in two industrially important fields of catalysis, namely 
homogeneous and heterogeneous catalysis. The last section of this thesis provided a con-
tribution to future reactor technology. A challenging new dynamic reactor operation con-
cept exploiting a periodically connection of several reactor segments was investigated both 
theoretically and experimentally. 
 
Analysis of reaction mechanisms and kinetics 
The design and optimization of chemical reactors requires reliable models capable to de-
scribe the kinetics of the reactions of interest in a broad concentration and temperature 
range. The frequently applied addition of catalysts in the same or another phase (homo-
geneous or heterogeneous catalysis) makes quantitative descriptions rather difficult. 

Due to the complexity of the kinetics of simultaneously occurring reactions frequently 
simple empirical rate expressions are applied, as e.g. power laws. They can capture main 
features of the reaction kinetics and are in some cases in good agreement with available 
experimental data. However, due to their simplicity there are clear limitations of such non-
mechanistic rate equations. Consequently, extrapolations beyond the range of measure-
ments are highly uncertain. 

In this thesis a very general and widely applicable methodology was first reviewed and 
subsequently applied in different case studies. The concept was first suggested by Chris-
tiansen already in the 1930’s (Christiansen, 1931, 1935, 1953). More recently, it was “re-
discovered”, reviewed and evaluated by several authors (Helfferich, 2004; Murzin and 
Salmi, 2005; Marin and Yablonsky, 2011). The approached was designated in this thesis 
as “General Catalytic Cycle Kinetics (GCCK)”. It is not based on the frequently applied 
concept of identifying in early stage rate determining steps in order to reduce the model. 
In contrast, it assumes pseudo-first order rate laws for all elementary steps and includes 
explicitly just one catalyst species. More than one catalyst species involved in the catalytic 
cycle cannot be handled by the standard GCCK approach. Nevertheless, a large number 
of unknown kinetic parameters arises, which have to be estimated based on experimental 
data. Hereby, there are frequently correlations between parameters, which inhibits their 
identification. This is the main reason, why the approach has been applied so far only 
rarely, mainly to analyze homogeneously catalyzed reactions. It has not reached wider 
recognition and acceptance. 

After introducing the general framework, concepts were introduced and discussed 
mainly devoted to reduce the sizes of the models originating from the GCCK approach. 
The ill-posed inverse parameter estimation problems were treated in this thesis by means 
of reaction network decomposition and mathematical model reduction techniques. In order 
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to identify subsets of sensitive kinetic parameters, a model reduction technique based on 
singular value decomposition combined with a rank revealing QR factorization was ap-
plied. Using the strategy of the reaction network decomposition and the model reduction 
technique, the calculated confidence intervals of the estimated kinetic and catalyst equi-
librium parameters could be significantly decreased for the examples considered. 

Based on this theoretical introduction, in the next sections of this thesis two challeng-
ing example reaction networks coming from both homogeneous and heterogeneous ca-
talysis are considered. In these two case studies, experimental data were readily available 
or were newly acquired in the course of this work. To accomplish the desired derivation of 
reduced mechanistic kinetic rate equations, beside the kinetic models, also suitable mod-
els were needed to describe the laboratory reactors used to generate the experimental 
data basis. 

The description of the methods and of the tools for application and the successful 
demonstration and validation of the general GCCK approach provided in this thesis should 
encourage its wider use. 
 
Application of the GCCK approach in homogeneous catalysis 
The rhodium-biphephos catalyzed hydroformylation of 1-dodecene with synthesis gas was 
investigated as a challenging and relevant example for a homogeneously catalyzed reac-
tion. This reaction was carried out in a thermomorphic multi-component solvent system 
(olefin/decane/DMF). The network analysis was based on experiments performed in a 
broad range of temperatures, total pressures and partial pressures of carbon monoxide 
and hydrogen, respectively. The derivation of mechanistic kinetic rate models for the hy-
droformylation, hydrogenation and isomerization of 1-dodecene was based on the widely 
accepted Wilkinson catalytic cycle. Quantification of hydrogen and carbon monoxide gas 
solubilities was based on separate experiments and a two phase mass transfer model. 
The corresponding model parameters were estimated analyzing experimental data ob-
tained in a batch reactor. The formation of the active catalyst in the resting state, i.e. the 
initial point of the catalytic cycles considered for the main and the side reactions, was 
described by a rhodium equilibrium balance approach. To correlate the amount of ob-
served inactive catalytic species (e.g. a rhodium dimer) a function of partial pressures of 
hydrogen and carbon monoxide and of the rhodium precursor concentration was derived. 
The required equilibrium constant of the catalyst formation step could be also estimated 
based on experimental kinetic data. To reduce the number of parameters in the models 
the less important rates of the consecutive hydroformylation and hydrogenation reactions 
of iso-dodecene were described in a simplified manner by empirical power laws. 

Since the simultaneous estimation of a large number of kinetic parameters is difficult 
due to numerous local optima, a reaction network analysis was performed first sequentially 
for four sub-networks with increasing complexity and only finally for the total network. The 
kinetic parameters estimated for the sub-networks were transferred to the progressively 
larger sub-network. The free parameters of the additionally required reactor models were 
identified by analyzing batch reactor runs. In order to identify subsets of sensitive kinetic 
parameters, the subset selection method was applied. The final set of kinetic parameters 
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was able to describe the main and most important side reactions in a broad range of tem-
peratures, total pressures and partial pressures of hydrogen and carbon monoxide as well 
as concentrations of the active catalyst in the resting state. 

The determined reaction kinetic models were applied and evaluated in different oper-
ating modes, namely batch, semi-batch, perturbed batch and continuous operation. The 
extrapolation of the estimated set of kinetic parameters in operation modes beyond batch 
runs failed. Only after modifying some reaction rate parameters, including the carbon mon-
oxide order in the catalyst equilibrium equation as well as in eq. 4.2 the hydroformylation 
of 1-dodecene to iso-aldehyde, the kinetic models were able to describe experimental re-
sults observed using other operating modes, including continuous stirred tank reactor data. 
Finally, the reaction kinetic models were used to identify an optimal strategy for dosing the 
terminal olefin and the corresponding isomers in order to improve the yield with respect to 
the terminal aldehyde. Altogether, the derived and quantified mechanistic kinetic rate 
model is seen to be appropriate to design and optimize new reactor and process concepts 
for this type of homogeneously catalyzed multi-phase hydroformylation reactions. 

The hydroformylation reaction network analysis performed has proven that the GCCK 
approach could be applied successfully for this example originating from homogeneous 
catalysis. 
 
Application of the GCCK approach in heterogeneous catalysis 
Studying multi-phase systems additional phase equilibrium data of reactants and products 
have to be considered in kinetic modeling. Therefore, the GCCK approach was applied so 
far only rarely for heterogeneous reactions. In order to demonstrate its corresponding po-
tential, the partial and total oxidations of ethylene, propylene, mixtures of both and carbon 
monoxide on a CrOx/γ-Al2O3 catalyst were studied. The mentioned reactions proceed in a 
broad range of temperatures and partial pressures. 

The derivation of mechanistic rate models using the GCCK approach provides in gen-
eral rate equations without any assumptions. The formulation of mechanistic rate ap-
proaches is in heterogeneous catalysis typically based on established reaction mecha-
nisms, such as e.g. the Mars/van Krevelen and Eley/Rideal mechanisms. Considering the 
assumptions used in deriving these reaction mechanisms, it can be shown that the result-
ing rate expressions form subsets of the general rate equations obtained from the Christi-
ansen methodology. 

In order to support the parameter estimation, the kinetic and thermodynamic effects 
were separated in this work by acquiring experimentally additional phase equilibrium data. 
Single component adsorption isotherms were measured for all reactants and products in 
a broad temperature and concentration range. The quantification of the experimental ad-
sorption isotherms occurred using the conventional Langmuir adsorption model. In this 
way the single component adsorption behavior could be characterized quite well. By 
means of the Multi-Langmuir model, based exclusively on the parameters of the single 
component isotherms, the competitive adsorption behavior of ethylene and propylene mix-
tures could be predicted as well. Using these separately determined adsorption parame-
ters within the kinetic analysis, a more profound description of the reaction rates was fea-
sible by separating kinetic and thermodynamic effects. This kinetic study of the partial and 
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total oxidation of carbon monoxide, ethylene and propylene occurred considering three 
different sub-networks. In order to describe the experimentally observed performance pa-
rameters, several postulated mechanistic kinetics were tested and ranked. The kinetic pa-
rameters of the best performed equations were selected and transferred to the progres-
sively larger sub-network and finally to the total network. All sub-networks and the total 
reaction network could be well described by using one set of kinetic parameters. Based 
on this analysis, the carbon monoxide oxidation corresponds to the Mars/van Krevelen 
mechanism and the hydrocarbon partial and total oxidation reactions to the Eley/Rideal 
approach, where the hydrocarbons react from gas phase with adsorbed oxygen. The val-
idation of the parameterized reaction model occurred by analyzing several inlet mixtures 
of ethylene and propylene in a broader temperature and concentration range. Based on 
the competitive adsorption results mutual retardation of both reactants was predicted by 
the kinetic modeling and indeed observed experimentally. 

The total oxidation reaction network analysis performed has proven that the GCCK 
approach combined with established reaction mechanisms could be applied successfully 
for the quantification of heterogeneously catalyzed reactions. 
 
Validation of Loop Reactor concept 
In section 6 the periodic operation of a challenging multi fixed-bed Loop Reactor (LR) was 
investigated. The study was also used to validate the ethylene and propylene total oxida-
tion kinetic models determined by the GCCK approach. By means of trapping self-sus-
tained exothermal reaction fronts inside the multi fixed-bed LR an autothermal, energy 
efficient operation can be obtained, in which the inlet mixture can be introduced at ambient 
temperature. The desired function is achieved by shifting the feed position in the direction 
of the flow when the reaction front leaves the currently active reactor segment. In this way, 
extinction can be avoided and continuous operation can be achieved.  

As general characterization of the LR concept, a simulation study for single compo-
nent and multi-component feeds was performed. Since the simulation of the rigorous re-
actor model in combination with detailed mechanistic kinetic models is numerically very 
expensive, at first simplified reaction kinetic models were adopted as available in the liter-
ature (Haynes and Caram, 1994). To understand the reaction and temperature front ve-
locities as well as the maximum temperature within the reactor cascade, the most relevant 
operating and reactor parameters were varied in a wide range. A potentially high impact 
on the maximum temperature of the multi fixed-bed Loop Reactor is related to the type of 
reactants. To prepare the experimental investigations, the reactant mixture composition 
was analyzed systematically. To maintain an ignited cyclic steady state, the switching time 
tsw has to be adjusted. Therefore, the closed loop control concept suggested in (Zahn et 
al., 2011) was applied. 

The second part of section 6 described a challenging experimental study performed 
in this work. As in the model study, as the reaction system the total oxidation of ethylene 
and propylene in air on a CrOx/γ-Al2O3 catalyst was considered. Hereby the periodic LR 
operation was investigated using a two bed configuration. Systematic experiments of the 
LR operation using closed loop control revealed the domain of ignited reactor states as 
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function of the reactant inlet concentrations and the total volumetric fluxes. Simulation re-
sults using an extended reactor model and the mechanistic kinetic models determined via 
the GCCK approach (section 5) gave a relative good qualitative agreement with respect 
to the temperature profiles. The lack of exactly describing the maximum temperature is 
due to experimental uncertainties regarding the non-perfect adiabatic reactor behavior. 
Further improvements of reactor modeling should be done essentially implementing a 
more detailed reactor model. The experiments of totally oxidizing mixtures of ethylene and 
propylene generated increased reaction front velocities for larger fractions of the less re-
active reactant ethylene. This issue could be compensated by applying smaller switching 
times as generated by the Multi-sensor control concept. However, if the reaction rates of 
the reactant mixture differ significantly, more complex ignition-extinction operation can be 
expected (Zahn, 2012) and further validation is needed. 
 

7.2 Suggestions for further activities 
1) The large potential of the “General Catalytic Cycle Kinetics” approach based on the 

Christiansen’s methodology could be demonstrated with respect to the derivation and 
parametrization of mechanistic rate models both for homogeneously and heterogene-
ously catalyzed reactions of different complexity. Further application of this powerful 
and elegant concept and the tools available is recommended. Extensions are seen in 
quantifying rates of enzymatic reactions (see also appendix A.3). 
 

2) The Rh-catalyzed hydroformylation of long chain olefins is possible in thermomorphic 
solvents (TMS) that allow for efficient recovery of the precious catalysts. This concept 
should be further exploited considering renewable resources as feedstocks. The re-
quired kinetic models can be determined using the approach followed in this thesis. 
 

3) Due to complexity of single and multi-component phase equilibria in heterogeneous 
catalysis frequently Langmuir expressions are applied. More realistic but sophisticated 
phase equilibrium models for single and competitive adsorption behavior are so far 
rarely used. Therefore, the Ideal Adsorbed Solution (IAS) theory is suggested to de-
scribe thermodynamic consistent competitive adsorption behavior of reactants and 
products within kinetic modeling. 

 
4) The Loop Reactor is seen as an attractive energy efficient concept capable to perform 

efficiently heterogeneously catalyzed total oxidation reactions. Future investigations 
are recommended to apply this concept also for other reactions, e.g. hydrogenations. 
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Nomenclature 

Latin Symbols 
A m² surface 
BjE - total amount of jE elements 
c mol·m-3 concentration 
cp J·(mol·K)-1 heat capacity 
D m2·s-1 dispersion coefficient 
d m diameter 
df - degree of freedom 
EA kJ·mol-1 activation energy 
F - phase ratio 
FIM - Fisher-Information matrix 
ΔGf kJ·mol-1 Gibbs enthalpy of formation 
ΔGR kJ·mol-1 Gibbs enthalpy of reaction 
H mol·(kgcat·Pa)-1 Henry adsorption constant 
Δhads kJ·mol-1 sorption enthalpy 
Δhf kJ·mol-1 enthalpy of formation 
ΔhR kJ·mol-1 enthalpy of reaction 
J kmol·(m²·min)-1 molar flux density 
jc - index of component 
jE - index of elements 
jit - index of iteration 
jobs - index of observation 
jstep - Index of step 
jtact - index of experimental Loop Reactor tact 
jΘ - index of optimization parameter 
jω - index of catalytic cycle step 
K Pa-1 adsorption constant 
K varies lumped inhibition coefficient in rate approaches 
Keq - reaction equilibrium constant 
k varies reaction rate constant 
keff min-1 effective mass transport coefficient 
kW W·(m²·K)-1 wall heat transfer coefficient 
L m length 
m kg mass 
n mol amount of substance 
ṅ mol·s-1 molar flux 
q mol·kgcat-1 load capacity 
P - permutation matrix 
Pe - Peclet number 
p Pa pressure 
p* Pa fictitious pressure 
R̃ J·(mol·K)-1 universal gas constant 
r mol·(kgcat·s)-1 reaction rate 
M̃ kg·kmol-1 molar mass 
S J·K-1 entropy 
S - sensitivity 
SSR - objective function 
T K or °C temperature 
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t s or min time 
t - student-t distribution 
tol - tolerance 
Useg m perimeter of reactor segment 
u m·s-1 velocity 
V m3 volume 

 m3/s volumetric flux 
W/F (kgcat·s)·m-3 catalyst weight to flow-rate ratio 
X % conversion 
x % volume fraction 
Y % yield 
yobs - observed system response 
z m spatial coordinate 

Greek Symbols 
α - level of significance 
β - element-species-matrix 
γ - normalized switching time 
Ε - diagonal matrix 
ε - void fraction 
η Pa·s dynamic viscosity 
Θopt - optimization parameter vector 
κ - condition number 
λ - eigenvalue 
λ - Lagrange multipliers 
λeff J·(m·s·K)-1 effective heat conductivity 
ν - stoichiometric coefficient 
π Pa spreading pressure 
ρ kg·m-³ density 
σ2 - variance 
τ s residence time 
Ω - Christiansen matrix 
ω - reaction step frequency 

Subscripts 
ad  adiabatic 
B  bottom 
cas  cascade
cat  catalyst 
fl  fluid 
gas  gas phase 
ign  ignition 
L  ligand 
li  liquid phase 
mix  mixture 
opt  optimization 
ox  oxidation 
P  particle 
per  perturbation 
R  reaction 
red  reduction 
ref  reference 
s  solid phase 
seg  reactor segment 

V
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sol  solubility 
sw  switch 
T  temperature 
tot  total 
W  wall 

 
Superscripts 
dos  dosing 
exp  experiment 
F  finish 
I  initial 
in  inlet 
max  maximal 
mod  model 
NC - number of components 
NE - number of elements 
Nexp - number of experiments 
Nobs - number of observations 
NR - number of reactions 
Nseg - number of reactor segments 
Nsp - number of samples 
Nstep - number of cycle steps 
NΘ - number of optimization parameter 
out  outlet 
sat  saturation 

 
Abbreviations 
AL  alkane 
CI  confidence interval 
CSTR  continuous stirred tank reactor 
ER  Eley/Rideal 
FA  frontal analysis 
GA  general approach 
GC  gas chromatograph 
GCCK  general catalytic cycle kinetics 
GIT  group increment theory 
HC  hydrocarbon 
hf  hydroformylation 
hg  hydrogenation 
iAD  iso-aldehyde 
IAS  ideal adsorbed solution 
ICP-OES  Inductively Coupled Plasma Optical Emission Spec-

troscopy 
iOL  iso-dodecene 
iso  isomerization 
LH  Langmuir/Hinshelwood 
LR  Loop Reactor 
MPI  Max Planck Institute 
MvK  Mars/van Krevelen 
nAD  n-aldehyde 
nOL  n-dodecene 
OLS  ordinary least square 
PFTR  plug flow tubular reactor 
QRD  QR decomposition 
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rds  rate determining step 
RFR  Reverse Flow Reactor 
svd  singular value decomposition 
Sym  symbols 
TMBR  true moving bed reactor 
TMS  thermomorphic multicomponent solvent 
TPR  temperature programed reduction 
VOC  volatile organic compound 
WLS  weighted least square 
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A. Derivation of Mechanistic Rate Models 
Using the GCCK approach (or Christiansen methodology), which is amplified in section 
2.1, mechanistic rate models in homogeneous, heterogeneous and biological catalysis can 
be derived. In the following, the derivation of applied rate models is shown. 
 
A.1 Homogeneous catalysis 
A.1.1 Hydrogenation of 1-dodecene 
In section 2.1.1 were derived rate expressions for the olefin isomerization reaction based 
on the network and the catalytic cycle shown in figs. 3.1 and 3.2. In analogy to eqs. 2.3-
2.6 corresponding expressions can be derived capable to describe the hydrogenation of 
the terminal olefin. Below are given the most essential steps. 

Considering besides the resting state of the catalyst (see figs. 3.2 and 3.3) also the 
states (2), (3) and (8) involved in the hydrogenation cycle the following eq. A1 can be 
derived. 
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 (A.1) 

If the step reactions constants from step (hf.2), (hg.1) and (hg.2) (see fig. 3.2) are excluded 
and rearranged, the eq. A.2 results. 
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 (A.2) 

Excluding (khf.1-khf.2-(khg.2++khg.1-)·(khf.2+khg.1+khg.2+)-1) in the denominator eq. A.3 holds. 
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This equation can be written in a more compact way using lumped parameters. 
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A.1.2 Hydroformylation of 1-dodecene 
Similarly, the rate expression of the hydroformylation of 1-dodecene is derived. Using the 
resting state of the catalyst and also the states (2-5), the rate law yields in eq. A.5. 
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Exclude the steps (hf.2-4) lead to eq. A.6. 
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Similar to the hydrogenation the exclusion of the term (khf.1-khf.2-khf.3-(khf.5++khf.4-)· 
(khf.2+khf.3+khf.4+khf.5+)-1) inside the denominator holds eq. A.7. 
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Using lumped parameters, the final expression of the hydroformylation of 1-dodecene is 
given by eq. A.8. 
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A.2 Heterogeneous catalysis: Langmuir/Hinshelwood approach 
The Langmuir/Hinshelwood mechanism is one of the most used kinetic rate approaches 
in heterogeneous catalysis (Kumar et al., 2008). For a simplified reaction with two educts 
and two products (A + B → C + D) follows (Murzin and Salmi, 2005; Murzin, 2010): 
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In this case, the surface reaction between the adsorbed components is the rate determin-
ing step. So the reaction kinetic can be written as a function of the kinetic constant (krds) 
and the surface concentration of the component A and B (ΘA and ΘB): 
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� �rds rds A Br k T � �� � �  (A.9) 

To describe the relationship between coverage of a particular gas and its partial pressure 
above the surface the Langmuir adsorption model is often used. The concept assumes 
identical binding energies of all adsorbed components at all surface sites. Added no inter-
actions between the adsorbed components are accepted (Duong, 1998; Chorkendorff and 
Niemantsverdriet, 2003; Murzin and Salmi, 2005). Thus, the adsorption (ads) and desorp-
tion (des) process holds: 
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At equilibrium conditions the adsorption and desorption rates are equal (rads = rdes). For 
these conditions the surface concentration of a component jC is a function of all empty sites 
at the catalyst surface. 
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Added to the surface conditions of each component the correlation of all empty sites can 
deviate from the balance equation of all available sites. 
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The insertion of eq. A.12 in formula A.11 results in an expression of an adsorption isotherm 
of each component as a function of temperature and the partial pressures and all present 
gases. 
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With this expression and the assumption that all educts and products can be adsorbed at 
the catalyst surface, the reaction rate of the rate determining step for the fictive chemical 
reaction results in the following expression: 

� � � � � �
� � � � � � � �� �

rds A A B B
rds 2

A A B B C C D D1

k T K T p K T p
r

K T p K T p K T p K T p

� � � �
�

� � � � � � � �
 (A.14) 

Analyzing the derived Langmuir/Hinshelwood approach, including product adsorption, the 
rate approach can be general formulated by eq. A.15 according to Hougen/Watson. 
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�
�  (A.15) 

The temperature dependents of the reaction rate constant and all adsorption constants 
can be assumed by an Arrhenius approach. The kinetic rate approaches of the total oxi-
dation of the hydrocarbons ethylene and propylene as well as of carbon monoxide are 
shown in eq. 5.1. 
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A.3 Biological catalysis 
Generally the GCCK approach (or Christiansen methodology) is applicable in biological 
catalysis, too (Helfferich, 2004; Murzin and Salmi, 2005). However, the real determination 
of the enzyme catalyst concentration is obviously complicated. Based on the chemical 
structure of an enzyme the catalytic behavior can be vary substantially for different reaction 
properties. Accordingly, the real reaction mechanism remains unknown. Additional cata-
lyst poison or other effects reduce also the concentration of the catalyst enzyme in resting 
state. Normally the serious quantification of such transformation effects is not possible. 
Based on these difficulties the effort of deriving mechanistic kinetic rate approaches in 
biological catalysis will be avoid. However, to round off the demonstration of the method-
ology in biological catalysis the derivation of the mechanistic kinetic rate approach of the 
synthesis of the prebiotic galacto-oligosaccharides (GOS) is shown below. 

Positive physiological properties on humans are provided e.g. by GOS. GOS are part 
of the human breast milk and are considered to be responsible for the bifidogenic effect 
(Tanaka et al., 1983). The production of GOS is characterized by a consecutive equilibrium 
limited transgalactosylation reaction of lactose and mono saccharides (Palai and 
Bhattacharya, 2013; Palai et al., 2015). In that way, lactose (lac) is converted initially to 
glucose (glu) and galactose (gal) forming in a series polymerization GOS. The hydrolysis 
of the enzyme-galactose-complex (E[galactose]) occurs in parallel. Preliminary experi-
ments with feed mixtures (lactose + products) and instructive dynamic perturbations with 
glucose and / or galactose revealed an inhibiting effect on the active catalyst / enzyme (E) 
and reduce the reaction rate drastically. Based on these experiments the reaction network 
and the corresponding catalytic cycle are shown in fig. A.1. 

First the lactose decomposition to galactose and glucose include the single reaction 
steps 1, 2, 3 and 6. Additionally the inhibition of the catalyst concentration in resting state 
by galactose and glucose is considered. Thus, the reaction rate follows eq. A.16. 
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Assuming that the glucose elimination (step 3) is irreversible (ω3- = 0) eq. A.16 can be 
simplified to: 
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By substitution of the single step frequencies by the step kinetic constants and some re-
arrangements eq. A.17 can be written as: 
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Figure A.1: Postulated reaction network of the lactose splitting, the galacto-oligosaccharide formation and 

the corresponding catalytic cycle at an enzyme catalyst including glucose and galactose inhibi-
tion at the enzyme catalyst (Müller et al., 2017) 
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The lumped inhibition constants K11 and K12 correspond to the eqs. A.19 and A.20, respec-
tively. 
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Based on these assumptions the number of unknown parameters can be reduced from 14 
to 6. Nevertheless, the parameter estimation is still difficult because of the product of the 
inhibition constant K12 and the equilibrium constants K6-8. Subset-Selection methods would 
reveal such linear combinations. Thus, a further model simplification is possible. More in-
formation about model reduction techniques can be found in section 2.3. 

At the second reaction, the GOS polymerization from galactose and lactose, the single 
reaction steps from 4 to 6, are considered (see fig. A.1). In addition, the inhibition behavior 
of galactose and glucose will be included as well (see eq. A.21). 
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Assuming the rate determining polymerization step (ω4 << ω5 and ω4 << ω6) eq. A.21 
reduces to eq. A.22. 
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By inserting of the single step constants and definition of the equilibrium reaction constant 
Keq (Helfferich, 2004) the mechanistic reaction rate approach of the GOS polymerization 
follows eq. A.23. 
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On closer inspection of the derived reaction rate approaches (eqs. A.18 and A.23) the 
single step equilibrium constants K6-8 are part of both. Correspondingly the parameter es-
timation of the rate laws has to be simultaneously at the available experimental data. Ad-
ditionally based on slightly simplification the most significant used reaction rate approach 
in biological catalysis, the Michaelis/Menten kinetic, can be derived (Helfferich, 2004). 
 
A.4 Equilibrium constant 
The chemical equilibrium of a reaction is reached, if the free enthalpy G (also Gibbs free 
energy) offers a minimum. On the one hand this enthalpy can be calculated using the total 
differential equation as function of pressure p, temperature T and the amount of substance 
of the involved components njc. 
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On the other hand the Gibbs-Helmholtz equation can be used, which connect the free 
enthalpy with the entropy S and enthalpy H. 
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If temperature and pressure is assumed to be constant and the chemical potential of each 
component μjc is applied, the total differential equation holds: 
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Further changes of the amount of substance can be described by the extent of reaction ξ. 

� �
C C

C

C C
C C

o
R 0

1 1
0 ln d

N N
j

j j
j j

p
G T RT

p
8 � 9

� �

� �� �
� � � � � �� 	� 	� 	
 �
 �

� �
C

lln
��

ln  (A.27) 

The first part of eq. A.27 corresponds to the Gibbs free energy at standard conditions, 
which is tabulated for the major part of chemical substances. The second part can be 
replaced by the definition of the equilibrium constant Keq. Thus, eq. A.28 holds. 
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The transformation of eq. A.28 to the equilibrium constant leads to final expression. 
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B. Reactor Models 
B.1 Mass balance 
The derivation of the partial mass balance from the general mass balance occurred on a 
fixed and time constant control volume of random size and form. The basis is the verbal 
formulation of the differential balance equation in section 2. The accumulation term of a 
component jC is defined as follows. 
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The inlet and outlet flows of the convection part are described by an integral of the mass 
flow density across the control volume surface. 
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The negative sign of nk has to be considered because of the flow direction definition. Ac-
cordingly, inlet flows are defined as positive and outlet flows as negative. Using the defini-
tion of the mass diffusion current density (eq. B.3): 
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and the Gauss theorem (is used to transfer the surface integral in a volume integral), eq. 
B.2 can be described by eq. B.4. The mass dispersion is later described by 1.Fick’s law. 
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To consider chemical reaction inside the control volume, which changes the mass of the 
observed component jC, the mass specific source density is introduced (see eq. B.5). 
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Thus, summarizing the accumulation, convection and diffusion as well as the source term 
for one component jC, the partial mass balance in integral form can be written as follows. 
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Considering the random size and shape of the fixed control volume, the integrand for all 
terms disappear, so that the partial differential mass balance equation in local form results 
in eq. B.7. 
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Using the definition of the component concentration (eq. B.8), the final partial concentra-
tion balance equation is defined by eq. B.9. 
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B.2 Energy balance 
Initial point of the energy balance equation in temperature form is the specific enthalpy in 
substantial formulation. 
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To transfer this balance, the total differential of the enthalpy is introduced in eq. B.10. 
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Using the specific heat capacity cp, the specific partial enthalpy hjc of component jC and the 
specific partial mixture enthalpy Δhmix,jc, the total differential equation of the enthalpy can 
be written as: 
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This equation inserted in eq. B.10 holds eq. B.13 
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The accumulation term of the molar ratio can be substituted by the molar ratio balance 
(see eq. B.14). 
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Further the energy flow vector q’k is split in the heat flow because of heat conduction and/or 
radiation and the enthalpy diffusion flow. 
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To model the differential balance equation, the temperature field is transferred from the 
substantial to the local formulation by the operator equation (see eq. B.16).
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Finally, using the eqs. B.14-16, the energy balance in temperature form can be written as 
follows.  
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Using the first derivative with respect to the local position of the heat flow, the heat con-
duction over the reactor shell can be explained by eq. B.18. 
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k B

d
d
q Uk T T
z A

� � �  (B.18) 

However, at kinetic parameter estimation problems the additional solving of a thermal en-
ergy balance is quite difficult because of parameter correlation. Therefore, the use of an 
empirical polynomial approach is suitable as well (see eq. B.19). 

� � 2
T,1 T,2 T,3T z P z P z P� � �  (B.19) 

By means of eq. 2.25 predictions of temperature profiles are not possible. Accordingly, 
experimental temperature data are needed to estimate PT,1-3 separately. 
 
B.3 Two phase mass transfer model 
The two phase model (see fig. B.1) assumes that the molar flux of a component jC is in 
equilibrium conditions. 

C C,gas ,lij jJ J�  (B.20) 

Using the definition of the molar flux from the bulk phase to the boundary layer
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in combination with the perfect gas law, eq. B.20 can be written as follows. 
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This equation can be reformed to c*jc,li , considering the Henry absorption isotherm 
(p*jc=Hjc·c*jc) to the final eq. B.23. 
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Figure B.1: Molar amount profile of a component over a gas liquid boundary layer 
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B.4 Loop reactor model for experimental data prediction 
A well-established classification of continuum models for fixed bed reactor simulations was 
drafted by Froment et al. (Froment and Bischoff, 1990). The models differ between which 
phases are considered in the modeling. Frequently often single pseudo-homogeneous or 
heterogeneous phase models with respect to the spatial resolution are used. Considering 
phase transitions between gas, liquid and solid phases additional information are required. 

The derived partial mass balances as well as the thermal energy balance based on 
the control volume illustrated in fig. B.2. The one dimensional effective reactor model is 
presented by a pseudo-homogeneous model neglecting interphase transport limitations. 
Based on the weighed catalyst mass for each reactor, a constant void fraction ε is as-
sumed. For all gas phase components, the ideal gas law is applied. Due to large temper-
ature gradients inside the catalyst fixed bed, gas phase properties and gas velocity are 
calculated as function of temperature. Radial heat transfer through the reactor jacket is 
measured separately and considered in reactor modeling. 

 
Figure B.2: Control volume for the reactor model 

B.4.1 Mass balance 
The partial molar flux balance for component jC is defined by eq. B.24: 
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The used initial and boundary conditions according to (Danckwerts, 1953) are defined by:  
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B.4.2 Thermal energy balance 
The thermal energy balance including radial heat transfer through the reactor jacket is 
specified as follows: 
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With the initial and boundary conditions according to (Danckwerts, 1953): 
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B.4.3 Parameterization 
Physical properties of the gas phase components jC and the solid catalyst phase are tem-
perature dependent, because of the large temperature fluctuations inside the reactor fixed 
bed. The respective values are shown in the following.  
 
Catalyst heat capacity The heat capacity of the catalyst particles in J·(kgcat·K)-1 is 
measured as function of temperature using DSC 111 calorimeter (Setaram). The approxi-
mation is given by eq. B.28. 

� � � �� � � � � �p,cat 2365 0.481 585 lnc T T T  (B.28) 

 
Gas phase heat capacity the heat capacity of several gas phase components in 
J·(mol·K)-1 is calculated by a polynomial equation. The corresponding parameters are 
taken from (Yaws, 1999). 
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Table B.1: Used parameters for single component heat capacity calculation (eq. B.29) (Yaws, 1999) 

 Pcp,gas,1 Pcp,gas,2 Pcp,gas,3 Pcp,gas,4 Pcp,gas,5 
C2H4 32.083 -1.4831·10-2 2.4774·10-4 -2.3766·10-7 6.8274·10-11 
C3H6 31.298 7.2449·10-2 1.9481·10-4 -2.1582·10-7 6.2974·10-11 
O2 29.526 -8.8999·10-3 3.8083·10-5 -3.2629·10-9 8.8607·10-12 
CO 29.556 -6.5807·10-3 2.0130·10-5 -1.2227·10-8 2.2617·10-12 
CO2 27.437 4.2315·10-2 -1.9555·10-5 3.9968·10-9 -2.9877·10-13 
H2O 33.933 -8.4186·10-3 2.9906·10-5 -1.7825·10-8 3.6934·10-12 
N2 29.342 -3.5395·10-3 1.0076·10-5 -4.3116·10-9 2.5935·10-13 

 
Depending on the current gas phase composition, the total gas phase heat capacity is 
calculated by the sum of all components. 
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Enthalpy of formation Similar to the gas phase heat capacity, the enthalpy of for-
mation in kJ·mol-1 is calculated for each reactant and product component as function of 
temperature by a polynomial of second degree. The corresponding parameters for each 
component are listed in table B.2 (Yaws, 1999). 
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Table B.2: Used parameters for enthalpy of formation calculation (eq. B.31) (Yaws, 1999) 

 PHf,gas,jc,1 PHf,gas,jc,2 PHf,gas,jc,3 
C2H4 63.053 -4.1076·10-2 1.6598·10-5 
C3H6 37.334 -6.5191·10-2 2.8085·10-5 
O2 0 0 0 
CO -112.190 8.1182·10-3 -8.0425·10-6 
CO2 -393.422 1.5913·10-4 -1.3945·10-6 
H2O -241.800 0 0 

 
Enthalpy of reaction The enthalpy of reaction of all considered reaction is calcu-
lated by the law of Hess (eq. B.32). The corresponding single component formation en-
thalpies were calculated by eq. B.31 and the stoichiometric coefficient can be read from 
the reaction network (see fig. 5.2). 
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B.4.4 Effective axial energy dispersion 
The effective axial heat conductivity for the standard model can be calculated by Zehner, 
Bauer and Schlünder as shown in (Verein Deutscher Ingenieure, 2006). 
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The axial heat conductivity of the gas phase components in W·(m·K)-1 is calculated by a 
polynomial of second degree (eq. B.34). The corresponding parameters are listed in tab. 
B.3 (Yaws, 1999). 
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Table B.3: Used parameters for single component heat conductivity calculation (eq. B.34) (Yaws, 1999) 

 Pλ,jc,1 Pλ,jc,2 Pλ,jc,3 
C2H4 -0.00123 3.6219·10-5 1.2459·10-7 
C3H6 -0.01116 7.5155·10-5 6.5558·10-8 
O2 0.00121 8.6157·10-5 -1.3346·10-8 
CO 0.00150 8.2713·10-5 -1.9171·10-8 
CO2 -0.01183 1.0174·10-4 -2.2242·10-8 
H2O 0.00053 4.7093·10-5 4.9551·10-8 
N2 0.00309 7.5930·10-5 -1.1014·10-8 

 
Depending on the current gas phase composition, the total gas phase heat conductivity is 
calculated by the sum of all components. 
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B.4.5 Effective axial mass dispersion 
The effective axial mass dispersion is described by eq. B.36. For this expression averaged 
and space independent for the molecular dispersion Dm for each species in the gas phase 
are assumed. The first term on the right hand side is obtained from the fixed bed porosity 
(Verein Deutscher Ingenieure, 2006). The mass Peclet number is defined in eq. B.37. 
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The molecular axial dispersion for each gas phase species is calculated by the basis of 
(Hirschfelder et al., 1964). 
 
B.4.6 Heat transfer through reactor jacket 
The effective heat transmission coefficient through the reactor shell is measured experi-
mentally. Therefore, the catalyst fixed bed is heated up to a maximum of 700 °C. If the 
temperature is reached the gas flow is set zero. Thus, the cooling curve of the catalyst 
fixed bed is recorded (see fig. B.3). Subsequent the effective heat transmission coefficient 
is estimated as function of the temperature. The corresponding expression and estimated 
parameters are shown in eq. B.38. 
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Figure B.3: Cooling curve of the catalyst fixed bed over time (ugas = 0) 
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B.5 Simulation study for improved Loop Reactor operation 
The LR concept is prepared to total oxidize autothermal lean waste gas streams (Shein-
tuch and Nekhamkina, 2005). Variations in feed concentrations and total flow-rate within 
the reactor bounds can be successfully controlled within ignited conditions by the used 
controller concept developed by (Zahn et al., 2011) (section 6.2.2). An increase of the VOC 
inlet concentration or the total flow-rate above the designed reactor limits leads to a local 
overheating of the reactor cascade. However, in industrial application the exhaust gas flow 
properties offer temporal fluctuations. Accordingly, the maximum and minimum values can 
be beyond the specified limits of the LR plant. For such situations usually a surge drum is 
required to average the inlet values and stabilize the LR process. 

 In this work the idea of an improved dosing concept is studied to prevent a reactor 
overheating avoiding hot spots and catalyst deactivating (fig. B.4). The experimental real-
ization is already introduced in fig. 6.17. The additional dosing of feed gas between the 
reactor segments (see Feed 2 in fig. 6.17 and fig. B.4) can be used to split the overloaded 
exhaust gas stream in two parts. Accordingly, the VOC amount is decreased within the 
reaction zone of one segment. If required, 
a dilution of both feed fluxes (Feed I and 
Feed II) with nitrogen or air provides an 
additional adiabatic temperature rise de-
crease. Basic requirement of this proceed-
ing is a preheated second reactor seg-
ment in the cascade. For this purpose, in 
the parametric study the reactor cascade 
is enlarged by a third segment. Thus, two 
segments are available for the total oxida-
tion and one segment is heated up again. 

First simulation results are shown in 
fig. B.5. The results are created using the 
full total oxidation kinetic model deter-
mined by the GCCK approach in section 5. The reactor and catalyst fixed bed geometry 
is adopted from the experimental part in section 6.4.1. As overall inlet conditions a total 
volumetric flux of 1000 l·h-1 and a propylene molar ratio of 1 % is used. To illustrate the 
effect of the second dosing position the split ratio of the total inlet molar flux is varied (100:0 
/ 95:5 / 90:10). The remaining parameters are set constant and adopted from the experi-
mental study (section 6.4). Based on the autothermal operation mode, both feed fluxes 
are on ambient temperature. 

The simulated temperature, conversion and yield profiles of the standard operation 
mode (fig. B.5) correspond to the single reactant results from section 6.3. The maximum 
temperature of the exothermal reaction front is above 850 °C. In this reaction front, total 
conversion of the propylene reactant is achieved. Based on the observed reaction network 
CO and CO2 is produced, in which CO is immediately total oxidized to CO2. This interme-
diate production of CO and the corresponding total oxidation to CO2 illustrates the im-
portance of the reaction kinetic investigation in section 5. If the maximum temperature 
goes below 600 °C a total hydrocarbon conversion to CO2 is not ensured. 

II

Feed IProduct

Feed IIFeed III

Gas ugas

Figure B.4: Loop Reactor scheme for an
advanced dosing concept using
three reactor segments
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Figure B.5: Cyclic steady state profiles of (a) reaction temperature, (b) conversion of propylene and (c and 

d) yield of CO and CO2, respectively, in closed loop operation mode (section 6.2.2; Tsw = 400 °C) 
for different split ratios of the total molar inlet flux. Dosing positions are in front of the first and 
second reactor segment (z/Lcas = 0 and 0.33) (V̇tot = 1000 l·h-1; xC3H6in = 1 %) 

 
If the split ratio is increased, the residence time of the first reactor segment is increased 
as well. As aforementioned in the theoretical analysis (section 6.3.2) and experimental part 
(section 6.4.3) the maximum temperature of the reaction front can be decreased by in-
creasing the residence time. The modeled values for the different split ratios are shown in 
fig. B.6. The calculated propylene conversion and product yields are related to the total 
reactant inlet (xC3H6in,feed I + xC3H6in,feed II). Accordingly, the conversion and CO2 yield profiles 
offer a step between the first and second formed reaction front. A further increase of the 
 

 
Figure B.6: Simulated maximum temperature of the exothermal reaction front for several studied dosing 

ratios 
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split ratio leads to partial extinction of the reactor cascade. Based on the second cold inlet 
feed, the entrance temperature of the second segment is decreased. Related to this, the 
reaction temperature inside the second segment is insufficient to total oxidize the produced 
carbon monoxide. 

In summary it can be mentioned that the improved dosing concept offer the potential 
to decrease the maximum temperature in a defined range. However, split ratios beyond 
the limit lead to partial extinction of the reactor cascade. 

B.6 Estimation of reactant ignition temperature 
The estimation of the ignition temperature of a reactant species can be approximated by 
a zeroth order reaction approach (with k0(T), reaction rate constant of the zeroth order 
reaction). The corresponding reactor pipe mass balance is shown in eq. B.39. 

 (B.39) 

The integration over the reactor length and the concentration bounds holds:

 (B.40) 

If total conversion is assumed (cout = 0) and the reaction rate constant is replaced by an 
initial reaction rate of a first order reaction (see eq. B.41): 

 (B.41) 

the ignition temperature Tign can be provided by the explicit expression in eq. B.42. 

 (B.42) 

B.7 Definition of traveling front velocities 
Spatio-temporal patterns of reactor dynamics as well as forced unsteady state operations 
have been extensively studied in literature (Wicke and Vortmeyer, 1959; Lauschke and 
Gilles, 1994; Luss and Sheintuch, 2005). Based on this knowledge the thermal and exo-
thermal reaction front velocities can be determined. 

Thermal front The propagation of temperature disturbances in 
packed beds can be approximated by a simplified pseudo-homogeneous energy balance 
neglecting heat transfer, reaction and heat dispersal. Thus, eq. 2.50 results in eq. B.43. 

 (B.43) 

Using the following manipulation of the energy balance the thermal front velocity uT can 
be given by eq. B.44. 
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 (B.44) 

In general, the volumetric heat capacity of the gas phase is by orders of magnitude smaller 
than of the catalyst. Accordingly, the following expression is suggested. 

� � � �p pgas cat
c c, ,44  (B.45) 

Thus, eq. B.4 can be simplified to eq. B.46. 

 (B.46) 

 
Exothermic reaction front The deviation of the exothermic reaction front velocity 
is considerably more difficult than the thermal front because of the strongly coupled energy 
and mass balance via the reaction term. First detailed modeled analysis of the exothermic 
reaction front and the identification of the principal properties were done by (Frank-Kame-
net︠ s︡kiĭ, 1959; Wicke and Vortmeyer, 1959; Kiselev and Matros, 1980; Burghardt et al., 
1999). 

The origin of the deviation is the already presented pseudo-homogeneous energy (eq. 
2.50) and molar flux (eq. 2.47) balance of the LR system. Neglecting heat and mass dis-
persal as well as mass accumulation the balances can be reduced to eqs. B.47 and B.48, 
respectively. 

 (B.47) 

 (B.48) 

The steady state molar flux balance can be rearranged considering the reaction rate R 
and insert in the energy balance. Thus, the energy balance results in eq. B.49.

 (B.49) 

Using the manipulation of eq. B.50 for the exothermic reaction front velocity and insert 
them in eq. B.49, eq. B.51 holds. 

 (B.50) 

 (B.51) 

The integration occurred in the temperature range from the inlet Tin to the maximum Tmax 
and for concentration from the initial cjc0 to zero, which corresponds to total conversion. 
Additionally, using the thermal front velocity uT (eq. B.44) and the adiabatic temperature 
rise (eq. B.52) the exothermic reaction front velocity follows to eq. B.53. 

 (B.52) 
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C. Single Component Adsorption Isotherms 
Corresponding to fig. 5.6c single component adsorption isotherms of all measured reac-
tants and products are shown in fig. C.1. Single component experimental adsorption iso-
therms are described by Henry-Langmuir adsorption models (eq. 5.8). The adsorption pa-
rameters are presented in tab. 5.1. In fig. C.2 single component experimental adsorption 
isotherms are described via simplified Langmuir isotherm models (eq. 5.6). Corresponding 
adsorption parameters are presented in tab. 5.2. 
 
 

 
Figure C.1: Single component adsorption isotherms for different temperatures for (a) ethylene, (b) propyl-

ene, (c) carbon monoxide and (d) oxygen described by Henry-Langmuir adsorption models (eq. 
5.8), estimated adsorption parameters from tab. 5.1 
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Figure C.2: Single component adsorption isotherms for different temperatures for (a) ethylene, (b) propyl-

ene, (c) carbon monoxide and (d) oxygen described by Langmuir adsorption models (eq. 5.6), 
estimated adsorption parameters from tab. 5.2 
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D. Schematic Illustrations of the Loop Reactor Plant 
In this section the schematic illustration of the gas supply unit (fig. D.1) and the analytic 
unit (fig. D.2) of the Loop Reactor plant (fig. 6.17) are shown corresponding to the expla-
nation of section 6.4. 
 

 
Figure D.1: Schematic illustration of the gas supply unit including gas mass flow controller (Bronkhorst) and 

magnetic valves (Bürkert) of the Loop Reactor plant, explained in more detail in section 6.4 
 

 
Figure D.2: Schematic illustration of the analytic unit including gas mass flow controller (Bronkhorst) and 

magnetic valves (Bürkert) of the Loop Reactor plant, explained in more detail in section 6.4 
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