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Abstract
This study presents strategies capable to intensify the thermal dehydrogenation of propane (TDH)
using integrated reactor concepts. An inert packed bed membrane reactor for distributed dosing of
oxygen to realize the oxidative dehydrogenation (ODH) was studied and compared to a reactor with
catalytically active membrane. The latter concept allows to combine TDH and ODH in one apparatus
to overcome the chemical equilibrium by in-situ conversion of the by-product H2 using O2 or in a
reverse water-gas shift reaction by CO2. If CO2 is used as active sweep gas the reactor offered better
performance regarding yield and selectivity. Strategies for further thermal integration are discussed.
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Introduction
A challenge in chemical engineering is the optimization of processes with respect to the reactor
performance (productivity, yield) as well as economic factors such as investment and operating costs.
A promising approach to optimize these parameters is process intensification applying multifunctional
reactors [1, 2]. In a multifunctional reactor the reaction is enhanced by the integration of one or more
additional unit operations in the same apparatus e.g. separation of products and by-products or heat
exchange [2]. In this way it is possible to provide advantageous temperature or concentration profiles
in order to optimize reaction rates and selectivity.
Numerous research activities in the field of process intensification are connected to membrane
reactors, which allow to combine a chemical reaction with a simultaneous extraction of intermediates
or products and a distribution of reactants, respectively [3]. Different setups are possible with respect
to the function of the membrane, e.g. membrane distributors and extractors [4]. Membranes can be
categorized as selective, nonselective and catalytically active [5].
The dehydrogenation of propane is chosen as a model reaction for this study. The on-purpose
dehydrogenation of propane has a growing relevance in industry [6]. Around 80% of the market is still
served by propylene produced as a by-product in traditional processes as pyrolysis and catalytic
cracking of hydrocarbons [7]. Because of a shift in the supply of cracking feedstock and a growing
demand of on-purpose production a further intensification of these processes is of increasing
importance. Today’s industrial processes are based on the highly endothermic thermal
dehydrogenation reaction (ΔRH = 124 kJ mol-1, Catofin, Oleflex, Star, FBD, PDH) [6, 7] (Eq. (1)).
𝑟1 :

𝐶3 𝐻8 ⇌ 𝐶3 𝐻6 + 𝐻2
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The catalysts used in these processes provide a high selectivity but need to be regenerated regularly
because of rapid deactivation due to coking [8]. Furthermore, the thermal dehydrogenation (TDH) is
limited by chemical equilibrium. Efficient H2 conversion or removal seems to be promising. Examples
for enhancing this reaction using membranes can be found in recent literature. Theoretical studies [9–
11] and experimental contributions [12] mainly discuss the separation of hydrogen to overcome the
reaction equilibrium exploiting selective and cost-intensive Pd membranes.
An alternative reaction is the oxidative dehydrogenation (ODH) (Eq. (2)).
𝑟2 :

𝐶3 𝐻8 + 0.5 𝑂2 ⇌ 𝐶3 𝐻6 + 𝐻2 𝑂

(2)

The ODH is not limited by chemical equilibrium. It is an exothermic reaction (ΔRH = -118 kJ mol-1) that
proceeds at lower temperatures than the TDH and in the presence of oxygen. That prevents coking,
whereas the selectivity is significantly lower due to unwanted side reactions like total and partial
oxidations [13]. Experimental work on this reaction with respect to selective [14, 15] and non-selective
membranes [16] has been conducted. A reaction network including total and partial oxidation has been
suggested [17, 18] (Fig. 1).

Figure 1: Reaction network of the ODH and TDH [17].

By coupling the reactions thermally, the heat that is produced by the ODH is directly used to
compensate the heat requirements of the TDH in order to reduce the energy consumption of the whole
process. Thermal coupling in one apparatus provides better efficiency in comparison to external heat
exchange but limits the degrees of freedom available to control the process [19]. The concept of
thermal coupling of endothermic and exothermic reactions in membrane reactors has been studied by
different groups for steam reforming and partial oxidation of methane [20–22].

Aim and Analyzed Concepts
Aim of this study is to increase selectivity and conversion of the on-purpose propene production via
ODH and TDH by combining these two reactions in one membrane reactor. The coupling of both
reactions can lead to higher efficiency. For this reason, the following concepts have been studied:
a) As reference concept the well-established fixed bed reactor (FBR) was used for the ODH of propane
on a VOx catalyst (Fig. 2a). It is based on dosing all reactants in a co-feed mode.
b) Studies revealed that, due to unwanted parallel and side reactions, a distributed dosing of oxygen
is beneficial [23–25]. For that reason, initially an inert packed bed membrane reactor (PBMR) for
a distributed dosing and lowering O2 on VOx is considered (Fig. 2b) [16, 26, 27].
c) Furthermore, the ODH has been performed in a packed bed catalytic membrane reactor (PBCMR).
A catalytically active membrane (VOx) was combined with a fixed bed realized in a dead-end
configuration (Fig. 2c). The dead-end distributor configuration allows to control the crossmembrane flux of O2 and CO2 combining TDH and reverse water-gas shift reaction (Eq. (3)) to
remove hydrogen and to overcome the chemical equilibrium.
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d) Besides the dead-end configuration, a PBCMR can be used with an open-end (Fig. 2d). In that
extractor configuration, the reactive sweep gas CO2 can also be used to overcome the equilibrium
of the TDH by removing the hydrogen via reverse water-gas shift reaction (Eq. (3)).
𝑟3 :

𝐶𝑂2 + 𝐻2 ⇌ 𝐶𝑂 + 𝐻2 𝑂

(3)

Figure 2: Different reactor concepts: a) fixed bed reactor (FBR), b) packed bed membrane reactor (PBMR), c) packed bed
catalytic membrane reactor (PBCMR) in dead end configuration (distributor, O2), d) packed bed catalytic membrane reactor
(PBCMR) in open-end configuration (extractor) using i.a. active sweep gas CO2.

Experimental
Catalyst Preparation and Membrane
The inert γ-Al2O3 membrane used in this study, provided by Fraunhofer Institute for Ceramic
Technologies and Systems IKTS, has a length of 350 mm and an inner diameter/outer diameter of
21/32 mm. The permeable zone of the membrane is 104 mm long. For FBR experiments a completely
vitrified membrane was used to provide the same heat transfer compared to PBMR. Transport
properties and compatibility of membrane and reaction have been investigated in previous studies
[28].
For ODH a vanadium oxide (VOx) catalyst was used (configuration a) + b)). The catalyst was prepared
via impregnation of γ-Al2O3 spheres (diameter: 1mm, specific area: 168 m2 g-1) with vanadyl
acetylacetonate in acetone. The impregnated catalyst was washed, dried and calzinated. The
vanadium content of the catalyst was 1.4% and its specific area 158 m2 g-1 (BET) [26, 27, 29]. A
chromium catalyst (configuration c) + d)) was also prepared via impregnation of γ-Al2O3 support
(1.8 mm, 200 m2 g-1) with chromium nitrate nonahydrate in water and is characterized by a chromium
content of 5.8% and a specific area of 178 m2 g-1.
Since the membrane itself is catalytically not active in strategy a) and b), the raw membranes had to
be activated for strategies c) and d) by deposition of VOx on its surface. In analogy to the catalysts the
membrane was activated using the impregnation method.

Setup and Experimental Procedures
The experimental setup consists of a pilot plant scale reactor module with catalytic afterburner. The
membrane was installed in a stainless steel housing (inner diameter: 38.4 mm) including heating sleeve
3

control. Analysis of gas flows was realized using an online GC-MSD system (Agilent 6890GC with 5973
MSD). In the given setup it was possible to take samples of the gas phase at the inlet and the outlet of
the reactor (tube side). In runs with the PBMR and PBCMR, samples were also taken at the shell side.
All gas flows were controlled by mass flow controllers (Bürkert). The whole pilot plant was automated
by Simatic S7 (Siemens). The experimental procedures are described by Hamel et al. [26, 27].
For safety reasons the concentrations of hydrocarbons and oxygen were limited to lower explosion
limits. The mixtures were diluted with nitrogen. The inlet concentration of propane at FBR
(configuration a)) was set to 1%. Propane concentration in PBMR (configuration b)) was set to 1% with
respect to the overall volumetric flow. The ratio between propane and oxygen of 1 was adjusted. The
weight hourly space velocity (WHSV = mass of catalyst/total volumetric flow rate) was 100 kg s m-3 or
400 kg s m-3, respectively. For the PBMR measurements, the ratio of the volumetric flow between the
tube side and the shell side (TS/SS) was set to 8. Thus 88% of the overall volumetric flow is fed to the
reactor via the membrane.
In PBCMR experiments the catalytically active membrane (VOx) has been filled with particular Cr2O3
catalyst (config. c) + d)) to combine TDH, ODH and reverse water-gas shift reaction. Experiments with
catalytically active membrane have been conducted with 0.3% O2 in dead-end (distributor) and openend (extractor) configurations. Besides that, CO2 has been utilized as an active sweep gas. In extractor
as well as distributor configurations 2% CO2 have been used. In setups using catalytically active
membrane, a WHSV of 400 kg s m-3 has been tested. In all experiments the reactor was heated by
electric heating sleeves. To guarantee reproducibility at least three measurements have been carried
out in a temperature range between 350°C and 550°C.

Results
PBMR vs FBR
Fig. 3 reveals the performance of the FBR (config. a)) in comparison to the PBMR (config. b)) at different
temperatures and volumetric flow rates. The conversion increases in FBR as well as PBMR with
increasing temperature (Fig. 3a). An increase of temperature also leads to a decrease in selectivity
because undesired parallel and consecutive side reaction are more pronounced at higher
temperatures. Fig. 3b shows that a PBMR with O2 dosing outperforms the FBR at high temperatures in
terms of selectivity. That results in a higher yield for the PBMR especially at long contact times (Fig 3c).
The maximum yield of 7.4% is taken as a reference for the evaluation of the following concepts (Fig
3c).

Figure 3: Comparison of FBR and PBMR at different temperatures and WHSV of 100 and 400 kg s m-3 (xC3H8 = 1%, xO2=1%,
PBMR: TS/SS=8).
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Distributor vs Extractor Using CO2 as Active Sweep Gas
In comparison to the conventional FBR and the inert PBMR, a new PBCMR setup consisting of an
additional catalytically active membrane in distributor (config. a) and extractor configuration (config.
d)) has been analyzed. The results given in Fig. 4 indicate a better performance of the strategies c) + d)
compared to the conventional FBR and the PBMR. The conversion of propane is as high as in the
alternatives (Fig. 4a) but the selectivity increases significantly with increasing temperature (Fig. 4b).
That leads to a better yield especially at higher temperatures (Fig. 4c). The use of CO2 as an active
sweep gas seems to be particularly promising in order to overcome limitations by chemical equilibrium
in the reverse water-gas shift reaction. With 24.4% the yield of the extractor setup (config. d)) with
CO2 as an active sweep gas performs best and tripled the yield of the reference concept. Without an
active sweep gas, the yields are still substantially higher than in the other concepts.

Figure 4: Comparison of extractor and distributor setup at different temperatures and WHSV of 400 kg s m-3 (xC3H8 = 1%,
PBMR: TS/SS=8).

Conclusion
Subject of this study was the ODH of propane, which is not commercially realized yet, due to low yield
and selectivity. It has been shown that the distributed dosing of oxygen allows to perform this reaction
in a more efficient than in an FBR especially for long contact times. Yields up to 7.4% were achieved
with these setups.
Based on these findings an instructive combination of thermal and oxidative dehydrogenation in one
apparatus has been tested. Yields have been more than tripled by using integrated concepts with active
membranes. The distributor and the extractor setups offered yields of 18.3% and 24.4%, respectively,
utilizing CO2 as an active sweep gas. Formed H2 in TDH could be converted with CO2 in order to shift
the chemical equilibrium to enhance conversion and yield. Thus, the process can serve as a CO2 sink,
which is beneficial from an environmental point of view. Clearly, the combination of an exothermic
and an endothermic reaction reveals advantages due to thermal integration and can help to reduce
energy costs.
Different options of coupling of ODH and TDH in one apparatus are promising approaches.

Outlook
In analogy to the integrated reactor concepts shown in Fig. 2 a periodically operating reactor setup
including two fixed beds is imaginable. The option presented in Fig. 5 seems to be promising since a
mass and thermal coupling in one apparatus can be realized. The major drawback of this option is the
rapid coking of the TDH catalyst (phase 1). This problem could be solved by flow reversal within the
reactor to burn off the coke at the tube side and perform the TDH at the shell side during reaction
(phase 2). Such a periodically operated system is seen as attractive.
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Figure 5: Periodically operating reactor concept combining the ODH and TDH with regeneration of the coked catalyst.

Besides an experimental and model based analysis future work in this area will be focused on the
investigation of coking and regeneration kinetics.
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Symbols
ΔR H

[kJ mol-1]

standard enthalpy of reaction

x

[-]

mole fraction

TS/SS [ - ]

ratio of volumetric flow rate at tube side and shell side

WHSV [kg s m-3]

weight hourly space velocity

Abbreviations
FBR

fixed bed reactor

ODH

oxidative dehydrogenation

PBCMR

packed bed catalytic membrane reactor

PBMR

packed bed membrane reactor

TDH

thermal dehydrogenation
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