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Abstract: This study intends to provide insights into various aspects related to the reaction kinetics
of the VOx catalyzed propane dehydrogenation including main and side reactions and, in particular,
catalyst deactivation and regeneration, which can be hardly found in combination in current literature.
To kinetically describe the complex reaction network, a reduced model was fitted to lab scale
experiments performed in a fixed bed reactor. Additionally, thermogravimetric analysis (TGA) was
applied to investigate the coking behavior of the catalyst under defined conditions considering
propane and propene as precursors for coke formation. Propene was identified to be the main coke
precursor, which agrees with results of experiments using a segmented fixed bed reactor (FBR).
A mechanistic multilayer-monolayer coke growth model was developed to mathematically describe
the catalyst coking. Samples from long-term deactivation experiments in an FBR were used for
regeneration experiments with oxygen to gasify the coke deposits in a TGA. A power law approach
was able to describe the regeneration behavior well. Finally, the results of periodic experiments
consisting of several deactivation and regeneration cycles verified the long-term stability of the
catalyst and confirmed the validity of the derived and parametrized kinetic models for deactivation
and regeneration, which will allow model-based process development and optimization.
Keywords: deactivation; coking; regeneration; propane dehydrogenation; VOx catalyst; periodic
operation; kinetic modeling; reaction kinetics

1. Introduction
Light olefins are some of the most important building blocks in the chemical industry [1].
Most of the light olefins are currently produced by highly optimized steam cracking processes.
Since feedstocks are shifting progressively toward light alkanes, on-purpose technologies for the
production of propene and other short chain alkenes have drawn more and more attention and are still
considered in research [2–5]. Dehydrogenation of propane is a well-known alternative production
route for producing propene that was already commercialized [6]. Besides being energy intensive,
the catalysts used in these processes are known to suffer from rapid coking, which requires periodic
regeneration. Furthermore, the endothermic thermal dehydrogenation reaction itself is limited by a
chemical equilibrium.
Examples illustrating how industry faces these drawbacks are found with the Catofin and Oleflex
processes, among others (Figure 1). In the Catofin process, several adiabatic fixed bed reactors are used
in parallel to ensure a semi-continuous production of propene. Each reactor is used for dehydrogenation
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(Figure 1a) for around 10 min followed by a regeneration period (Figure 1b) of roughly 10 min (see
Figure 2) [7]. Between the dehydrogenation and the regeneration phase, the reactors have to be purged
and evacuated. Regeneration and production phases are scheduled to ensure a constant product flow.
During the production phase the catalyst loses activity due to coking and the temperature of the reactor
decreases due to the endothermic reaction. During the regeneration phase hot air is used to restore
the activity by burning the coke and to heat up the reactor again. It has to be noted that a continuous
production can only be realized by applying simultaneously several reactors due to the tremendous
downtimes of each individual reactor.
1

1

2 Figure 1. Simplified flow sheets of commercialized dehydrogenation processes: (a) Catofin process
during production phase, (b) Catofin process during regeneration phase, (c) Oleflex process [6–8].
2

Figure 2. Schematic of periodic operation of a reactor switching between deactivation and
regeneration phases.
1

The Oleflex process uses three moving bed radial flow reactors in series (Figure 1c). It deals
with the endothermicity of the process by heating up the gas flow with interstage heaters after each
reactor. The catalyst leaving the third reactor is fed to a regeneration unit to restore the initial activity
by gasification of coke. The regenerated catalyst is recycled to the first reactor and is moved in the
same direction as the gas to the next reactor [8]. This process needs a more complex reactor setup and
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places high demands on the catalyst which has to be mechanically stable to be used in a moving bed
reactor. Besides that it is not possible to remove coke built up on the reactor surfaces or the devices in
the reactor during operation [6].
Thus, process intensification is needed to overcome some disadvantages of the established plant
designs and can lead to a more sustainable and energy effective overall process [9]. Numerous
research activities in the field of process intensification are related to membrane reactors [10,11].
Membrane reactors can provide distribution or extraction of intermediates, reactants, or products to
assure a more advantages concentration and temperature regime than conventional reactor designs [12].
Porous and dense membranes are subject of current research [13,14].
Different membrane reactors were already used for the dehydrogenation of short chain
alkanes [15–22]. Coking of the catalyst used in membrane reactors as well as coking of the membranes
themselves was repeatedly reported [11,19–21,23]. Various reactor setups and strategies able to prevent
coking or regenerate the coked catalyst were also suggested [15,23]. A new innovative approach can be
the application of periodic regeneration in a membrane reactor in distributor configuration coupling
thermal and oxidative dehydrogenation in one apparatus [15]. This concept avoids downtimes due to
the operando regeneration of the catalyst as in established processes discussed above. Coupling of the
exothermic oxidative dehydrogenation and the endothermic thermal dehydrogenation can lead to an
autothermic operation and improves energy efficiency.
To be able to evaluate the possibilities of periodic regeneration of the catalyst a profound knowledge
of the reaction network is needed. This includes parallel and side reactions as well as deactivation and
regeneration of the catalyst which occurs simultaneously. A combined study of all relevant effects with
a systematic model discrimination is rarely found in the literature.
In this contribution the reaction network of the dehydrogenation of propane on a vanadium oxide
(VOx ) catalyst is investigated and modeled. The main and side reactions are studied in a lab scale
fixed bed reactor and the kinetics are described by a power law approach. The coking behavior and
regeneration of the catalyst are studied in a setup for thermogravimetric analysis (TGA), equipped with
mass flow controllers (MFCs) for dosing of propane, propene, O2 and N2 . For describing the coking of
the catalyst, different multilayer-monolayer coke growth models (MMCGM) with different reaction
orders are further developed and tested. It is shown that it is possible to describe the regeneration
kinetics by a reduced model. Deactivation and regeneration kinetics as well as long-term stability of
the catalyst are validated by periodic experiments including deactivation and regeneration phases
in several subsequent cycles as illustrated in Figure 2 and occurring in commercialized industrial
processes as discussed above.
2. Results and Discussion
This chapter presents the results of the kinetic analysis of the reaction network first (Section 2.1).
After that the findings of kinetic modeling and parametrization of the catalyst coking are explained and
discussed (Section 2.2), followed by an analysis of the regeneration kinetics (Section 2.3). Afterwards
the deactivation and the regeneration models are validated by periodic experiments (Section 2.4).
2.1. Kinetic Investigation of the Reaction Network
For all experiments in this study a VOx catalyst was used [15–18]. Kinetic experiments were
conducted in a lab scale tubular fixed bed quartz glass reactor, which is described in detail in the
Materials and Methods section of this contribution. Isothermal conditions and plug flow were assumed.
Figure 3 shows the reaction network postulated for the coupled thermal and oxidative
dehydrogenation of propane on VOx . Commercialized processes (Oleflex, Catofin, etc.) are currently
based on the thermal dehydrogenation (TDH, R1 , Equation (1)) with the major drawback of rapid
catalyst coking and is furthermore limited by a thermodynamic equilibrium [6].
R1 :

C3 H8

C3 H6 + H2

(1)
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3

Figure 3. Reaction network
of the dehydrogenation of propane on a VOx catalyst.
4

A promising alternative is the oxidative dehydrogenation (ODH, R2 , Equation (2)).
R2 :

C3 H8 + 0.5 O2 → C3 H6 + H2 O

(2)

The oxygen needed for the ODH largely prevents coking but decreases the selectivity due to
unwanted consecutive reactions namely series and total oxidation of the desired product propene (R3 ,
R4 ). Reaction R5 describes the water–gas shift reaction, which has shown to be beneficial for overcoming
the chemical equilibrium of the TDH by consuming the hydrogen produced in the TDH [15].
For a mathematical description of the reaction network a power law approach was used and
extended (Equations (3)–(7))
a
r1 = k1 · pC1 H
(3)
3

r2 =

8

k2 · paC2 H
3 8

· pbO2

(4)

2

a

b

r3 = k3 · pC3 H · pO3
3

6

(5)

2

a

b

r4 = k4 · pC4 H · pO4
3 6
2


pH2 O · pCO 



r5 = k5 · pH2 · pCO2 · 1− 1

· pH2 · pCO2 
K

(6)
(7)

WGS

pi represents the partial pressure of component i, ai is the reaction order with respect to propane
and propene and bi is the reaction order of oxygen. KWGS represents the equilibrium constant of the
water–gas shift reaction (Equation (8)) [24]:
KWGS = 1.767 × 10

−2



4400
· exp
T

(8)

The temperature dependency of this model was described by a reparametrized Arrhenius approach
(Equations (9)–(11), Tre f = 450 ◦ C)
 
EA, j
A j = ln k0, j −
(9)
R Tre f
Bj =

EA,j

(10)

R Tre f

"
!#
T − Tre f
k j = exp A j + B j
T

(11)

2
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3

This approach minimizes the correlation between the activation energy EA and the collision factor
k of the standard Arrhenius equation (Equation (12)) [25].
"
k j = k0, j exp

EA,j

#

RT

(12)

Details about the parameter estimation are given in the Materials and Methods Section 3.2. Figure 4
reveals the parity plot of the optimized parameters and the experimental data and shows that the
simulated data are in good agreement with the experimental data. The estimated parameters are
summarized in the Supplementary Material (Tables S1 and S2). It has to be mentioned that the kinetic
parameters of the water–gas shift reaction are of less influence. Therefore, it is reasonable to simplify
the network. Furthermore, the small reaction order of oxygen of the ODH reaction is notable.
4

Figure 4. Parity plots for the estimated kinetic model: (a) conversion of propane; (b) selectivity of
propene; (c) selectivity of CO; (d) selectivity of CO2 .

Nevertheless, the derived kinetic equations are
2 able to describe the reaction network over a wide
range of temperatures, oxygen, and propane concentrations. However, deactivation effects are not
considered yet. It is well-known that under oxygen lean conditions catalysts tend to deactivate over
time due to coking [26]. These coke deposits are responsible for a loss of catalyst activity. The next
chapter will present the results of coking experiments and mechanistic mathematical modeling to
describe this phenomenon.
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2.2. Catalyst Deactivation
Coking experiments were conducted in a TGA setup (see Materials and Methods Section 3.3) that
allows deactivating the catalyst at constant temperature in a defined gas atmosphere adjusted by MFCs.
The TGA is coupled with a Micro GC for a fast online analysis of gas compositions. Propene and
propane were used as coking precursors. Preliminary experiments showed that experiments with
temperatures between 575 ◦ C and 650 ◦ C offer a reasonable deactivation behavior at simultaneously
high reactor performance. The temperature was varied in steps of 25 K within these limits between
the experiments. The mass change and catalyst temperature were recorded by the TGA during the
experiments. All studied deactivation experiments are summarized in Table 11 (see Materials and
Methods Section 3.3).
A comparison between the coking behavior of the catalyst at different temperatures and between
propane and propene feeds is illustrated in Figure 5a. Propene is more reactive than propane, therefore
propene is characterized as the dominant coke precursor [26]. For both reactants the coke built up is
faster at higher temperatures (Figure 5a). Figure 5b shows that the coking rate increases with increasing
propane concentration and also more significantly for increasing propene concentration.
5

6 Figure 5. Comparison of the coking behavior of the catalyst using different precursors at (a) different
temperatures and a concentration of 5% of propane or propene respectively and (b) a temperature of
625 ◦ C and varying hydrocarbon concentrations.

Furthermore, it is possible to observe a decrease in sample mass at the beginning of the
measurement. Directly after starting the measurement the catalyst loses weight (see Figure 6).
This behavior depends on the temperature and was described in detail by Sokolov et al. for other
VOx catalysts [27]. The reason for this counter intuitive mass loss is the desorption of water and the
partial reduction of the vanadium oxide of the catalyst since lattice oxygen is consumed during the
dehydrogenation reaction, which is an additional aspect that has to be implemented in the kinetic model.
The analytical methods use do not allow distinguishing between mass loss to desorption and mass
loss due to partial oxidation and this observation can therefore only be described phenomenologically.
It cannot be observed for measurements with propene because the rapid increase in mass due to coking
compared to propane overlays these effects.
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6

Figure 6. Mass change during deactivation at different temperatures and 1% propane.

In Figure 6 it is also visible that the sampling of the GC caused defined but neglectable disturbances,
which did not affect the quality of the measured data.
To be able to evaluate the time for regeneration it is inevitable to describe the catalyst coking by a
mathematical model. In this contribution the multilayer-monolayer coke growth model (MMCGM)
was used [28]. It is assumed that total amount of coke that is built up on the catalyst surface is either
formed as a monolayer (cm ) or as a multilayer (cM ). The total amount of coke is described as the
addition of both terms (Equations (13) and (14)).
c = cm + cM

(13)

dcc
dcm
dc
=
+ M
(14)
dt
dt
dt
The coking rate of the monolayer and for the multilayer can be described by Equation (15) and
3
Equation (16), respectively.
rc =

dcm
= km ·(cmax − cm )h
dt

(15)

dcM
= kM ·cnm ·(cmax − cm )m
dt

(16)

rcm =
rcM =

cmax is the maximum coke concentration of the monolayer, h describes the reaction order of the
monolayer coke growth and m and n the reaction orders of the multilayer coke growth, respectively.
The rate constants of the monolayer and multilayer coke growth km and kM are given by a standard
Arrhenius approach (Equation (12), j ∈ {m, M}).
Different reaction orders were tested in the literature to describe the coke growth on different
catalysts [28]. Table 1 summarizes different integrated forms of the MMCGM known from literature
that were tested in this contribution (A1, B1, D1). Besides the forms known from literature an
additional approach using a free parameter for the reaction order h of the monolayer was developed
(C1, Equation (19)).
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Table 1. Integrated form of the multilayer-monolayer coke growth model (MMCGM, Equations (14)–(16))
for different reaction orders.
h=1

(A1)

n=0

(B1)

h=2

n=0

m=0

(C1) 1

h=h

n=0

m=0

h=1

n=1

m=0

(D1)
1



c = cmax · 1 − e−km ·t + km ·t

m=0

km ·t·cmax 2
km ·t·cmax +1

c=
+ kM ·t

 1
c = cmax − (h − 1)·km ·t + cmax 1−h 1−h + kM ·t

h
i
c = cmax · 1 − e−km ·t · kmk−kM + kM ·cmax ·t
m

(17)
(18)
(19)
(20)

Reaction order h is treated as an additional free parameter during parameter estimation.

Since these forms do not take the concentration of the coke precursor cHC into account, the
monolayer terms of the models (A1), (B1), (C1) and (D1) were extended by the concentration of the
precursor cHC and an exponent l (Equation (21))
dcm
= km ·clHC · (cmax − cm )
dt

(21)

The integrated rate laws following from this new developed extended approach are listed in
Table 2.
Table 2. Integrated form of the multilayer-monolayer coke growth model (MMCGM, Equations (14),
(16) and (21)) for different reaction orders extended by a precursor concentration dependent term.
h=1

(A2)

n=0

(B2)

h=2

n=0

m=0

(C2) 1

h=h

n=0

m=0

(D2)

h=1

n=1

m=0

1



l
c = cmax · 1 − e−km ·cHC ·t + kM ·t

m=0

c=

km ·clHC ·t·cmax 2
km ·clHC ·t·cmax +1

+ kM ·t

c=

 1
· t + cmax 1−h 1−h + kM ·t

  km ·cl −kM 
l
HC
c = cmax · 1 − e−km ·cHC ·t ·
+ kM ·cmax ·t
l
cmax −



(h − 1)·km ·clHC

km ·cHC

(22)
(23)
(24)
(25)

Reaction order h is treated as an additional free parameter during parameter estimation.

For the kinetic analysis of the catalyst coking it was assumed that the TGA setup is perfectly
mixed and that there are no concentration gradients in the catalyst sample tray. Propene is therefore
available in excess and the concentration of propene is assumed to be constant.
2.2.1. Propene as Coke Precursor
The models (A2), (B2), (C2) and (D2) were fitted to the experiments that were using propene
as the coke precursor performing the procedure described in the Materials and Methods Section 3.3
(Figure 7). The compared models are not able to describe the curvature of the curve at the beginning
of the measurements especially at low temperatures and low concentrations of propane. At higher
temperatures and high concentrations, the experiments reveal a linear increase in mass at the end of
the deactivation time. The linear multilayer term of the models should be able to describe this behavior.
It is clearly visible that model (A2) describes the coking behavior not as precise as the other models.
Thus, model (A2) is not suitable as a coking model. To find the most reasonable model, different
measures describing the quality were used in the following.
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7

Figure 7. Mass change during coking experiments at different propene concentrations (1%, 3%, 5%) at
(a) 575 ◦ C, (b) 600 ◦ C, (c) 625 ◦ C and (d) 650 ◦ C for the models (A2), (B2), (C2) and (D2).

A frequently used parameter of validity of a model is the coefficient of determination R2 , which
is inadequate for nonlinear regressions [29]. An alternative parameter that can be derived from
information theory is the Akaike information criterion (AIC), which can be adapted for least squares
parameter estimations [30,31]. AIC includes the number of model parameters p as well as the residual
sum of squares (RSS) and can therefore be used to avoid over-parametrization. For the comparison of
different models, it is for reasons of clarity useful to calculate Akaike weights (w(AIC)) based on the
AIC values. These values can be interpreted as the weight of evidence of the model to describe the
underlying mechanism among the set of models analyzed (for more information see Supplementary
Material, parts B–C). It has to be noted that the AIC is usually only used for independent experimental
data, due to the strong correlation of the data. Nevertheless, it is exploited as a measure for qualitative
comparison in this contribution. The results of the different evaluation criteria are summed up in
Table 3. Model (C2) is according to the evaluation criteria able to describe the experimental data best
since it shows the lowest value of the RSS and has the highest Akaike weight regardless of its additional
parameter in comparison to the other models tested.
4
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Table 3. Information criteria and comparison of the models (A2), (B2), (C2) and (D2) for deactivation
experiments using propene.
-

A2

B2

C2

D2

RSSopt
p
AIC
w(AIC)

31,483
6
66,209.7
0.00%

22,259
6
59,220.4
0.00%

17,241
7
54,072.2
100.00%

31,483
6
66,209.7
0.00%

Based on model (C2) different modifications, extensions as well as reductions were tested to
achieve a better agreement with the measured data. To study the influence of the multilayer term on
the overall mass change, a model consisting only of the monolayer term (model (C3)) was examined.

 1
(C3) : c = cmax − (h − 1)·km ·clHC · t + cmax 1−h 1−h

(26)

To be able to describe the mass loss due to desorption at the beginning of the measurements the
models (C2) and (C3) were extended by a desorption term (Equations (27) and (28)) [27]. The adsorption
term is not depending on temperature, meaning that kdes is a constant value for all measurements.
A temperature depended desorption term was also tested in preliminary parameter estimations but
did not offer any advantages.

 1


(C4) : c = cmax − (h − 1)·km ·clHC · t + cmax 1−h 1−h + kM ·t − c0 · 1 − e−kdes ·t

(27)


 1


(C5) : c = cmax − (h − 1)·km ·clHC · t + cmax 1−h 1−h − c0 · 1 − e−kdes ·t

(28)

Models (C2), (C3), (C4) and (C5) were fitted to the experimental data. The resulting modeled mass
changes of the fresh catalyst are summarized in Figure 8.
The plots of the fitted and experimental data depict no visible differences between the models.
Table 4 reveals that the residual sum of squares for the optimized models RSSopt show only minor
differences. Since the Akaike weight of model (C3) is the highest, this model was finally chosen for
describing the coking behavior of the catalyst. The analysis exposes that the multilayer term is not
necessary to describe the coking behavior for the experimental conditions tested with the VOx catalyst
and can be neglected for the mathematical modeling of these experiments. The desorption term studied
in model (C4) and (C5) has no significant influence on the goodness of fit and can also be disregarded.
Table 4. Information criteria and comparison of the models (C2), (C3), (C4) and (C5) for deactivation
using propene.
-

C2

C3

C4

C5

RSSopt
p
AIC
w(AIC)

17,240.8
7
54,072
0.00%

17,164.9
5
53,979
95.19%

17,166.9
9
53,990
0.52%

17,166.7
7
53,985
4.29%
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Figure 8. Mass change during coking experiments at different propene concentrations (1%, 3%, 5%) at
(a) 575 ◦ C, (b) 600 ◦ C, (c) 625 ◦ C and (d) 650 ◦ C for the models (C2), (C3), (C4) and (C5).

Consequently, the reduced model consisting only of a monolayer term (model (C3)) is sufficient to
describe the mass changes in the experiments. It has to be stressed that the prediction quality of this
model decreases for low concentrations and low temperatures.
The optimized parameters of the selected model are shown in Table 5. For the estimation of
confidence intervals (CI) a more suitable bootstrapping algorithm [32–34] was used (see Supplementary
Material, parts B–C).
Table 5. Optimized parameters of model C3 to describe the coking behavior of the VOx catalyst.
Parameter

Opt. Value

Confidence Intervals

Unit


cmax

87.060

−0.45%

+0.82%
+0.30%
+11.26%
5
+0.12%
+1.27%

l

0.700

−0.30%

k0

9.52 × 107

−33.21%

EA
h

106, 397
6.401

−0.13%
−0.38%

%

kgcoke
kgcat


× 100



kgcoke kg−1
cat

min−1
J mol−1
-

1−h

2.2.2. Propane as Coke Precursor
Besides describing the deactivation based on propene in the feed, a kinetic analysis of the
experiments using propane was also executed. The parameter estimation was performed in the same

Catalysts 2020, 10, 1374

12 of 28

way as discussed for propene. A comparison between the unmodified MMCGM models (A2), (B2),
(C2), and (D2) is shown in Figure 9.
9

Figure 9. Mass change during coking experiments at different propane concentrations (1%, 3%, 5%) at
(a) 575 ◦ C, (b) 600 ◦ C, (c) 625 ◦ C and (d) 650 ◦ C for the models (A2), (B2), (C2) and (D2) as used for
coking from propene (Table 2).

By comparing the information criteria listed in Table 6, it becomes clear that model (C2) describes
the deactivation best.
Table 6. Information criteria and comparison of the models (A2), (B2), (C2) and (D2) for the deactivation
of VOx catalyst with propane.
-

A2

B2

C2

D2

RSSopt
p
AIC
w(AIC)

4889.5
6
28,665
0.00%

5078.9
6
29,431
0.00%

4783.5
7
28,225
100.00%

4889.4
6
28,664
0.00%

6
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As well as for the deactivation measurements with propene, the developed models (C3), (C4)
and (C5) were compared to model (C2). The corresponding graphs are illustrated in Figure 10.
In comparison to the models for the deactivation experiments with propene (Figure 8) there are visible
differences between the models. Especially the models including a desorption term ((C4) and (C5)) fit
the experimental data at low temperatures and low propane concentrations better than the models
without desorption terms. These differences are also evident in the parameters summarized in Table 7.
Model (C4) and (C5) show a lower RSSopt value than the other models. Since model (C5) needs two
parameters less than model (C4) it is to be preferred.
10

Figure 10. Mass change during coking experiments at different propane concentrations (1%, 3%, 5%) at
(a) 575 ◦ C, (b) 600 ◦ C, (c) 625 ◦ C and (d) 650 ◦ C for the models (C2), (C3), (C4) and (C5) as used for
coking from propene.
Table 7. Information criteria and comparison of the models (C2), (C3), (C4) and (C5) for deactivation
using propane.
-

C2

C3

C4

C5

RSSopt
p
AIC
w(AIC)

4783.5
7
28,225
0.00%

5509.6
5
31,070
0.00%

3631.6
9
22,675
11.92%

3631.6
7
22,671
88.08%

7
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Table 8 shows the optimal parameters of the model and the corresponding confidence intervals,
estimated by a bootstrapping procedure (Supplementary Material, parts B–C).
Table 8. Optimized parameters of model C5 to describe the coking behavior of the VOx catalyst
using propene.
Parameter

Opt. Value

Confidence Intervals

Unit


cmax

17.695

−1.54%

+1.35%

l

0.275

−2.05%

k0

9.59 × 105

−29.71%

EA
h
kdes

139, 022
1.106
3.22 × 10−3

−1.92%
−2.79%
−2.24%

+1.55%
+33.72%
+1.35%
+1.47%
+4.09%

c0

5.994

−4.47%

+5.17%

%


kgcoke
kgcat


× 100


−1 1−h
kgcoke kg−1
cat min
J mol−1
−1
min


%

kgcoke
kgcat

× 100

Model (C5) does also not include a multilayer term. The difference between model (C3), which
was chosen for the deactivations using propene and model (C5) is the missing desorption term in model
(C3). The desorption does not play a significant role in describing the deactivation using propene due
to the fast coking which dominates in the experiments. It has to be noted that these results are valid
for the deactivation times realized in this study. Especially for propane a linear mass change at the
end of the measurements for high temperatures can be observed, which leads to the conclusion that a
linear multilayer term is suitable to describe the coking behavior for longer deactivation times [28,35].
This is an indicator that the systematic model reduction disregards a multilayer term that would be
reasonable from a mechanistic point of view. A different experimental basis may lead to another model
describing the coking of the catalyst.
In this section, a simple mathematical model was developed and validated to describe the coking
behavior of the VOx catalyst under a wide range of deactivation conditions. The models describe the
mass change of the catalyst in good agreement with experimental data in a temperature range relevant
for industrial processes. Keeping the total industrial production cycle in mind (see Figure 1), still a
description of the regeneration of the catalyst is necessary. A mathematical model for the regeneration
of the catalyst with oxygen is developed in the next section.
2.3. Catalyst Regeneration
For subsequent regeneration of the deactivated catalyst burn off of the coke is used. Different
gases can be used for catalyst regeneration. The reactivity of these gases and therefore the gasification
rates vary by orders of magnitudes [26]. Many processes, as introduced in Figure 1, use oxygen for
regeneration of coked catalysts which has the advantage of the availability in air and reasonable
gasification rates at moderate temperatures. In this contribution oxygen diluted in nitrogen was used
for gasification.
To study the regeneration step, at first the catalyst was deactivated in long-term experiments
using the described fixed bed reactor also used for the kinetic experiments (ID = 6mm, see Materials
and Methods Section 3.2). To follow spatial developments, the catalyst bed was divided into three
segments (Figure 11). Samples that were used for the regeneration experiments were deactivated at
two different conditions (see Materials and Methods Section 3.4). The same TGA setup that was used
for the deactivation experiments was also used for further regeneration experiments (Netzsch STA
445 F5 Jupiter). Samples deactivated under defined conditions and from different segments 1–3 of
the catalyst bed were analyzed. The regeneration time was adjusted to the regeneration conditions.
Low regeneration temperatures and low oxygen concentrations demand longer regeneration times
because of their effect on the kinetics of the regeneration that will be discussed in this section.
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11

12Figure 11. Regeneration behavior for samples from different catalyst segments in the lab scale fixed
bed reactor at (A) constant oxygen concentration and (B) constant temperature and varied oxygen
concentration for catalyst deactivated at deactivation condition 1.

Figures 11 and 12 show the mass changes during the regeneration experiments. It becomes
obvious that a higher temperature leads to a faster regeneration (Figure 11(A.1–A.3) and
Figure 12(A.1–A.3)). With increasing oxygen concentrations, the coke burning rate also increases
significantly (Figure 11(B.1–B.3) and Figure 12(B.1–B.3)). The comparison the different segments of the
catalyst bed reveals that more coke is deposited at the end of the catalyst bed in segment 3 (Figure 11).
That supports the assumption that propene is the precursor for coking, since the propene concentration
increases along the reactor length. At deactivation condition 1 (Table 12, Materials and Methods)
the coke loading in the first catalyst segment 1 was only 7.4% (Figure 12(A.1,B.1)) whereas the coke
loading at the last segment 3 was 13.3% (Figure 12(A.3,B.3)). A significant difference between the
coke loading of the catalyst deactivated at the different conditions is also observable. With 13.3% the
catalyst deactivated at condition 1 (Table 12) shows much more coking than the catalyst deactivated at
condition 2 (1.7%). This is the effect of the elevated temperature of 600 ◦ C at coking condition 1.
For the kinetic analysis it was assumed that the TGA is perfectly mixed and the oxygen is in high
excess. For that reason, it can be assumed that the oxygen concentration is constant in the apparatus.
The temperature dependency of the reaction rate constant was expressed with the Arrhenius equation
(Equation (12)). Power law approaches to model coke burning kinetics based on TGA measurements
are widely used in industry and research [36–38]. The results of these analyses can be used to
design regenerators or regeneration strategies for fixed bed reactors [39,40]. A problem in estimating
regeneration kinetics is the fact that coke depositions change their structure and their composition
over time, a phenomenon known as coke aging. This can lead to difficulties in describing reliably
coke burning kinetics. Differences in the behavior of the coke during regeneration can occur after
8 different parts of the reactor [38,41]. The aim of
different pretreatments but can also be observed in
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this section is to develop a simplified kinetic model of the complex coke burning kinetics and to check
whether these difficulties occur in the considered reaction system. To describe the complex kinetics of
the regeneration the following power law approach was applied:
r =

dmcoke
β
= kreg ·mαcoke ·xO
2
dt

(29)

12

Figure 12. Regeneration behavior for samples from catalyst bed segment 3 in the lab scale fixed
8
bed reactor at (A) constant oxygen concentration and (B) constant temperature and varied oxygen
concentration for catalyst deactivated at deactivation condition 2.

The coke content mcoke is given in % (mass of coke per mass of fresh catalyst), in analogy to the
deactivation experiments to make it possible to combine deactivation and regeneration models. xO2
denotes the volume fraction of oxygen. It was crucial to make sure that samples selected from different
segments of the reactor bed as well as samples of different coking experiments are part of the data set
of this analysis. An overview of all experiments in the data set is given in the Materials and Methods
section (Table 13).
The optimized parameters of the power law kinetics (Equation (29)) are listed in Table 9.
The activation energy of 120 kJ mol−1 and the preexponential factor of 1.62 × 108 % min−1 are in
the range of activation energies reported for dehydrogenation catalysts [42]. This is especially notable
because the model in this contribution is not strictly mechanistic and can be seen as a simplification that
lumps together the regeneration kinetics of different coke species that are supposed to be deposited at
the different parts of the catalyst (support, active sites, etc.) Figure 13 illustrates experimental and
simulated values of mass loss during the regeneration for catalyst deactivated at both deactivation
conditions and regenerated at different conditions. The simulated mass loss during the regeneration is
in good agreement with the experimental data for all experimental conditions covered. The simulated
values reach a fully regenerated state earlier than the experimental values. Both deactivation conditions
are fitted with a good precision. Figure 14a compares the regeneration for different segments of the
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catalyst. The model is able to predict the mass loss for all segments with the same quality. Figure 14b
shows a comparison between samples deactivated with different propane concentrations. Obviously,
the different deactivation conditions have no influence on the goodness of the fit. Consequently, it
can be stated that the model is able to describe the regeneration behavior for samples deactivated
at different temperatures, over different times and at different propane concentrations with a good
agreement and can be used for further model-based investigations and process optimization.
13

14 Figure 13. Comparison between the simulation and the experimental mass changes during regeneration
for (a) deactivation condition 1 at varying oxygen concentration (1%, 5%, 20%), (b) deactivation condition
1 at different temperatures (400 ◦ C, 450 ◦ C, 500 ◦ C), (c) deactivation condition 2 at different oxygen
concentrations, (d) deactivation condition 2 at different temperatures.

Table 9. Optimal parameter for the regeneration model (Equation (29)).
Parameter
k0,reg
EA,reg
α
β

Opt. Value
1.62 × 108
120, 835.9
0.5517
0.6859

± 2.63%
± 0.12%
± 0.12%
± 0.16%

Unit
% min−1
J mol−1
-
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14

Figure 14. (a) Comparison of the regeneration of different segments of the catalyst packing deactivated
9
at deactivation condition 1, (b) influence of propane concentration (1%, 5%, 20%) on coke loading in
segment 3 (deact. condition 2).

2.4. Periodic Experiments and Validation
For validation of the parameterized kinetic models for catalyst deactivation and reactivation,
different, sequential periodic experiments using the TGA setup were conducted. All periodic
experiments consist of three deactivation phases followed by regeneration phases. The periodic
operation was used to verify the validity of the mathematical models including the derived parameters
and to check the stability of the catalyst and reproducibility under periodic operation. Propane was
used during the deactivation phase as a simplified industrial feed [7].
Three different periodic experiments were conducted for this study (see Materials and Methods).
Either the deactivation phase or the regeneration phase was varied between the experiments.
The deactivation phases were performed at 625 ◦ C for 120 min. Regeneration phases were performed
at lower temperatures of 450 ◦ C and 500 ◦ C to avoid structural changes of the catalyst by local hotspots.
This was considered to make sure that similar experiments can be performed in pilot and industrial
scale equipment where local hotspots play an important role. The regeneration time in all experiments
was 60 min.
Mass changes of the sample and measured temperature during the periodic experiments (1) (see
Table 15) are shown in Figure 15a. At the beginning of the experiment, the sample was heated up
to reaction temperature. During this initial heat up phase a significant mass loss due to desorption
can be observed. After the equilibration phase, propane was introduced to the system and there
is another small mass loss observable at the beginning of the deactivation phase. This result is in
accordance to the observations of the deactivation experiments described before. After that the mass
of the sample increased due to coke built up until the deactivation phase was ended. Figure 15c
illustrates the change in the product gas composition during the deactivation phase. Since the TGA
setup is not able to continue the measurement with another gas, the operator had to change settings
at the experimental setup manually which causes disturbances in the TGA signal as well as in the
temperature signal directly after the deactivation phase. A drop in temperature was unavoidable
so that the setup had to be heated up to the regeneration temperature after changing the settings.
In Figure 15b the measured oxygen concentration at the outlet of the experimental setup and the inlet
concentrations are shown. At the beginning of the regeneration phase, the concentrations of the inlet
flow differs from the concentration of the outlet flow due to the consumption of oxygen during the
regeneration. Simultaneously, a spike in the concentrations of the product gases of the regeneration
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(CO, CO2 , Figure 15c) was detected. The concentration of CO2 is at every point significantly higher
than the concentration of CO, which indicates that enough oxygen for a total oxidation of coke is
provided. Over the course of the regeneration phase the oxygen concentration at the outlet converged
to the inlet concentration. The decreasing product gas concentrations indicated that the gasification
reactions are completed at the end of the regeneration phase, as can be seen in the mass signal, too.
Similar figures for the periodic experiments (2) and (3) can be found in the Supplementary Material,
part D. A trend that is observable in all periodic experiments is a shift of the sample mass. It has to be
checked in further experiments if this shift diminishes over the course of more cycles.
15

Figure 15. Measurements during periodic experiments: (a) mass changes (TGA) and temperature,
(b) oxygen and propane concentrations, (c) CO, CO2 , ethene and ethane concentrations for periodic
experiment (1).
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Considering all results, the periodic experiments indicate a good long-term stability of the catalyst.
Deactivation as well as regeneration phases are reproducible. The reproducibility of the regeneration
phase is also shown in Figure 16 where the product gas concentration and the oxygen concentrations
of the different regeneration phases are depicted.
16

Figure 16. Comparison of measured concentrations during all regeneration phases: (a) oxygen, (b) CO,
(c) CO2 (for experimental conditions see Table 15).

The concentration curves of CO and CO2 were also used to calculate the amount of carbon that
was gasified. These calculations are compared to the mass loss recorded by the TGA in Table 10.
The calculated carbon mass is generally in accordance with the TGA measurements but overestimates
the mass loss. The source of this difference is unclear. Coking of the inner parts of the TGA oven
cannot be excluded.
Table 10. Comparison between gasified carbon and mass loss recorded by the TGA (for experimental
conditions see Table 15).
-

-

Exp 1

Exp 2

Exp 3

-

-

Reg 1

Reg 2

Reg 1

Reg 2

Reg 1

Reg 2

GC

Mass carbon (combustion
products)/mg

43.41

40.49

30.25

28.19

30.16

26.43

TGA

Total mass change/mg

42.07

39.29

27.27

25.55

28.44

25.11

-

Deviation carbon content:
GC vs. TGA

3.18%

3.06%

10.93%

10.33%

6.05%

5.24%

Finally, to verify the models of deactivation and regeneration a simulation of the periodic
experiments was conducted. Model C5 (Equation (28)) was used to simulate the deactivation phase
and the power law approach (Equation (29)) was used to simulate the regeneration phase with the
parameters given in Tables 8 and 9. The results are shown in Figure 17.
Due to the manual changes between the regeneration and deactivation phase an ideal behavior
cannot be observed in the periodic experiments performed. For that reason, calculated mass changes
were normalized to the actual mass at the beginning of the respective phase in Figure 17 and a very
good agreement of the experimental and the simulated data can be recognized.

11
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Figure 17. Experimental (TGA) and simulated mass changes during periodic experiment 1 (for
experimental conditions see Table 15).

3. Materials and Methods
3.1. Catalyst Preparation
The catalyst was prepared via impregnation of γ-Al2 O3 spheres (diameter: 1 mm, specific area:
168 m2 g−1 ) with vanadyl acetylacetonate in acetone. The impregnated catalyst was washed, dried
and calcinated. The vanadium content of the catalyst was 1.4% and its specific surface area amounts
158 m2 g−1 (BET) [15–18].
3.2. Kinetic Investigation of the Reaction Network
3.2.1. Laboratory-Scale Fixed Bed Reactor Setup
For the parametrization of the kinetic model, lab scale experiments in a quartz glass fixed bed
reactor were conducted. The inner diameter (ID) of the reactor was 6 mm. The temperature range was
varied between 350 ◦ C and 600 ◦ C. Weight hourly space velocities (WHSV) of 100, 200 and 400 kg s m−3
were applied. The mass of the catalyst used for these experiments was either 1.5 g or 0.75 g which
results in a bed length of around 6 cm/3 cm. A variation of the catalyst mass was necessary due to
the limitations of the experimental setup, mainly the ranges of the mass flow controllers (MFCs).
The quartz glass tube was heated by an electric oven and the temperature in the middle of the catalyst
bed was measured with a thermocouple. The temperature of the oven was controlled according to the
temperature in the middle of the catalyst bed to assure isothermal conditions during the measurements.
For safety reasons, the propane and the oxygen concentration were varied between 0% and the lower
explosion limit of around 1% [43]. Experiments without oxygen were performed up to a maximum
propane concentration of 5%. All gas flows were controlled by MFCs. The composition of the gas flows
at the reactor inlet and at the reactor outlet were analyzed by GC measurements (Agilent Technologies
7890B GC System).
3.2.2. Modeling of the Reaction Network
To estimate the kinetic parameters a 1D plug flow model of the reactor was implemented in
MATLAB® . Steady state as well as isobar and isothermal conditions were assumed. Equation (30)
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.

shows the mass balance of component i using the molar flux ni . M describes the total amount of
reactions, mcat the mass of the catalyst and z the axial length, where Z represents the length of
the reactor.
.
M
dni
mcat X
=
·
νi,j ·rj,m
(30)
dz
Z
j=1

The lsqnonlin function of MATLAB® was used for optimizing the kinetic parameters Γkin by
minimizing the objective function (Equation (31)), where Nexp is the absolute number of all conducted
experiments (Nexp = 269) and K are the experimentally (exp) or simulative (sim) investigated propane
conversion XC3 H8 (Equation (32)), propene selectivity SC3 H6 , CO2 selectivity SCO2 and CO selectivity
SCO (Equation (33)). Γkin denotes the set kinetic parameters of the reaction network.
Nexp,kin

Ob jective Function :

OFkin = min RSS =
Γ

XC3 H8 =
.

Selectivity :

Si =

.

nC3 H8 − nC3 H8 (z = Z)

(32)

. in

nC3 H8
. in

ni (z = Z) − ni
. in

(31)

l=1
. in

Conversion :

X h
i2
exp
(Γkin )
Kl −Ksim
l

.

nC3 H8 − nC3 H8 (z = Z)

,

i ∈ {C3 H6 , CO2 , CO}

(33)

3.3. Catalyst Deactivation
3.3.1. Experimental Setup and Procedure
To investigate the coking behavior of the catalyst experimentally, a TGA setup with three MFCs
was used (Netzsch STA 445 F5 Jupiter). The WHSV during the experiments was set to 400 kg s m−3 and
the overall gas flow was set to 100 mL min−1 . The resulting mass of the catalyst sample was 666 mg.
Propene and propane were used as precursors for coking. The concentration of hydrocarbons was
varied between 1%, 3% and 5%. A coking experiment started with evacuating the setup twice and
flushing it with nitrogen to assure an inert atmosphere. The sample was then heated up to reaction
temperature and after an equilibration time of 15 min the hydrocarbon was introduced to the system.
The deactivation time was 7 h. An overview of all experiments used for parameter estimation is
illustrated in Table 11.
Table 11. Data set for kinetic analysis of the deactivation kinetics of the catalyst (PA: propane; PE
propene; X: tested; 7: not tested).
-

575 ◦ C

600 ◦ C

625 ◦ C

650 ◦ C

-

PA/PE

PA/PE

PA/PE

PA/PE

1%

X/X

X/X

X/X

X/X

3%

X/X

X/X

X/X

7/X

5%

X/X

X/X

X/X

X/X

Over the whole course of the experiment the concentration of the gases at the outlet of the TGA
setup were monitored by online GC measurements (Agilent 490 Micro GC, Channel 1: 10 m Molsieve
5 Å, Channel 2: 10 m PPU; Detectors: TCD).
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3.3.2. Analysis of Deactivation Experiments
The kinetic parameters of the deactivation models Γdeact were used to fit the experimental data.
For estimating the parameters based on the experimental results the lsqnonlin solver of MATLAB®
was used to minimize the objective function (Equation (34)).
Nexp,deact

OFdeact = min RSS =
Γ

X h
i2
exp
(
)
ccoke,l −csim
Γ
deact
coke,l

(34)

l=1

3.4. Catalyst Regeneration
3.4.1. Experimental Setup and Procedure
Samples for regeneration experiments were deactivated in long-term experiments using a quartz
glass lab scale reactor also used for the kinetic experiments (ID = 6 mm). The catalyst bed was divided
into three segments (Figure 11), 0.5 g catalyst each, separated by quartz glass wool. Samples that were
used for the regeneration experiments were deactivated at two different conditions which are given in
detail in Table 12.
Table 12. Deactivation conditions of the samples used in regeneration experiments.
Temperature
Propane concentration
Oxygen concentration
Deactivation time
WHSV
Tested segment

Deactivation Condition 1
◦C

600
5%
0%
48 h
400 kg s m−3
1, 2, 3

Deactivation Condition 2
500 ◦ C
1%, 3%, 5%
0%
96 h
400 kg s m−3
3

The first deactivation condition consists of a 48 h deactivation period at 600 ◦ C, 5% propane and a
WHSV of 400 kg s m−3 . At deactivation condition 1 samples of all three segments of the catalyst bed
were used for regeneration experiments in the TGA (Figure 11).
The second deactivation condition includes a 96 h time period at 500 ◦ C. The propane concentration
was varied between 1%, 3% and 5%. Since the built up of coke on the catalyst is less severe at deactivation
condition 2, only the third segment of the catalyst bed was analyzed, due to the higher coke concentration
in this part of the reactor compared to the other segment closer to the reactor inlet (Figure 13).
The same TGA setup described above that was used for the deactivation experiments was also
applied for the regeneration experiments (Netzsch STA 445 F5 Jupiter). The standard sample size in
regeneration experiments was 80 mg. Before starting a regeneration measurement, the TGA setup was
evacuated and flushed with nitrogen twice to ensure an inert environment. After heating up the TGA
to a starting temperature of 100 ◦ C the sample was heated up to the desired regeneration temperature
with 20 K min−1 . After an equilibration period of 15 min the oxygen was introduced to the system
and the mass change was recorded by the TGA until the end of the regeneration time. The whole
experiment was monitored simultaneously by Micro GC measurements.
Table 13 summarizes all experiments that were used for the parameter estimation of the
regeneration model (Equation (29)).
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Table 13. Deactivation conditions of the samples used in regeneration experiments.
-

-

Deactivation
condition 1

Deactivation
condition 2

Activation Condition
◦ C,

◦ C,

-

450
5% Oxygen

450
20% Oxygen

400 ◦ C,
5% Oxygen

450 ◦ C,
1% Oxygen

500 ◦ C,
5% Oxygen

Segment 1

X

X

X

7

7

Segment 2

X

X

X

X

7

Segment 3

X

X

X

X

X

1% propane

X

X

X

X

X

3% propane

X

X

X

X

X

5% propane

X

X

X

X

X

An overview of the different regeneration times is given in Table 14.
Table 14. Regeneration times for different regeneration conditions.
◦C

400
450 ◦ C
500 ◦ C

1% O2

5% O2

20% O2

18.5 h
-

24.5 h
6.5 h
2.5 h

3h
-

3.4.2. Analysis of Deactivation Experiments
In analogy to the kinetic analyses of the main reaction network and the deactivation kinetics
the parameters Γreg for the regeneration kinetics were estimated by using the lsqnonlin routine in
MATLAB® with a corresponding objective function (Equation (35))
Nexp,reg

OFreg = min RSS =
Γ

X h


i2
exp
ccoke,l −csim
Γ
reg
coke,l

(35)

l=1

3.5. Periodic Experiments and Validation
Experimental Setup and Procedure
For periodic experiments the TGA setup was used, coupled with an online Micro GC as described
above. The concentration of oxygen was varied between 5% and 20%. For an overview of the
experimental conditions of all three periodic experiments see Table 15.
Table 15. Experimental conditions of the deactivation and regeneration phase of the periodic experiments.
-

Deactivation
.

Regeneration
.

cC3 H8 /%

T/◦ C

t/min

VO2 /mL/min

cO2 /%

5

5

500

60

24

5

120

1

1

500

60

24

5

120

1

1

450

60

95

20

Exp

T/◦ C

t/min

(1)

625

120

(2)

625

(3)

625

VC3 H8 /mL/min

Between the individual sequences during the periodic operation it is necessary to cool down
the instrument from the deactivation temperature to the regeneration temperature and vice versa.
The time required was also used to purge the unit from the reaction gases to avoid the formation of
explosive gas mixtures.
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The deactivation sequences started with evacuating and flushing the TGA twice with nitrogen.
The sample was then heated up to the deactivation temperature with a heating rate of 20 K min−1 .
After 15 min of equilibration the coking was started by introducing the intended amount of propane to
the gas flow. After 120 min the gas composition was changed to nitrogen only and the instrument
cooled down to 500 ◦ C or 450 ◦ C with a cooling rate of 12.5 K min−1 . The cooling procedure takes
10 min or 14 min, respectively. In preliminary experiments it was checked that a 10 min time span for
cooling is also sufficient to flush out propane to be able to safely introduce oxygen without operating
within the explosion limits.
The regeneration sequence started by introducing the selected oxygen concentration to the system
at a temperature of 500 ◦ C or 450 ◦ C, respectively. After 60min the gas composition was changed to
nitrogen and the setup was heated up to 625 ◦ C with 12.5 K min−1 to reach deactivation temperature
and to reject all oxygen from the system. Throughout the experiments, the composition of the gases at
the outlet of the TGA were monitored using Micro GC. Mass and temperatures changes were recorded
by the TGA system itself. For an overview of the periodic experiments see Figure 15 and Figures S2
and S3.
4. Conclusions and Outlook
The aim of this contribution was the experimental and model-based investigation of the
deactivation and regeneration of a VOx catalyst during the thermal and oxidative dehydrogenation
of propane in order to understand and optimize established processes and to develop new reactor
concepts, respectively.
The kinetic models developed in this contribution are all able to describe the complex behavior of
the VOx catalyst with good agreement. An empirical power law model was able to describe the kinetic
network and kinetics of propane dehydrogenation (ODH + TDH) in a wide range of experimental
conditions. Propene was identified as the main precursor for coke formation. Coking kinetics were
quantified to be able to describe the coke growth during long-term production cycles caused by TDH.
This kinetics were modeled using multilayer-monolayer coke growth models of different complexity.
Approaches from literature were extended by to describe the influence of the precursor concentrations.
A systematic model discrimination was applied to find a suitable model. Gasification of the coke
deposits was described by a power law approach. It was shown that the corresponding model is
able to describe the regeneration behavior regardless of the position of the coke in the reactor and the
coking conditions.
On the basis of the derived and parametrized models it is possible to carry out detailed transient
simulations of conventional fixed bed reactors with locally different coke built up related to the local
propene concentrations. The subsequent regeneration of the coke distributed across the reactor length
can also be simulated. The results show that also the consumption of oxygen is this process can
be described.
Ongoing studies will provide simulations of more complex, periodically operated reactor setups
(Figure 18) and the evaluation regarding their performance in comparison to conventional reactors [15].
Innovative setups allow combining TDH and ODH in one integrated reactor that consists of two
concentric tubes. The outer tube is realized as a membrane to allow a distributed reactant dosing.
Flow reversal enables switching between regeneration and ODH phase and TDH phase in the same
apparatus. One missing link and subject of further studies is the exploration of the connection between
coking and activity loss (Figure 2) [44,45].
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Figure 18. Integrated membrane reactor concept for periodic operation of the reactor including
operando regeneration by flow reversal.

In summary, a comprehensive mathematical model covering all aspects of relevance regarding
the catalyst performance was established in this contribution. This model allows a detailed non-steady
state reactor simulation as basis for optimization of established reactors and for designing new reactor
concepts (Figure 18).
Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/10/12/1374/s1,
Table S1: Optimized kinetic parameters for the reaction network of the dehydrogenation of propane, Table S2:
Preexponential factors and activation energies for the reaction network of the dehydrogenation of propane derived
from the optimized parameters (Table S1), Table S3: Optimized parameters of model C5 to describe the coking
behavior of the VOx catalyst using propene, Figure S1: Histograms of the distribution of the parameters of the
bootstrapping process of model (C5) of the deactivation of the VOx catalyst with propene, Figure S2. Measurements
during periodic experiments: (a) mass changes (TGA) and temperature, (b) oxygen concentration and propane
concentration, (c) CO, CO2 , ethene and ethane concentration for periodic experiment (2), Figure S3. Measurements
during periodic experiments: (a) mass changes (TGA) and temperature, (b) oxygen concentration and propane
concentration, (c) CO, CO2 , ethene and ethane concentration for periodic experiment (3).
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